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Introduction 

 

Membrane engineering is today broadly considered as one of the most efficient way to implement a 
strategy of process intensification. Among the different operations, membrane distillation (MD) and 
related technologies represent a powerful tool to improve current production processes with 
fundamental benefits in terms of process efficiency and products quality. Following the first 
conference on “Membrane Distillation” held in Rome on May 1986, the International Workshop on 
Membrane Distillation and Related Technologies will be held on October 9-12, 2011 in Ravello (on 
the Amalfi Coast), Italy, organized by the Institute on Membrane Technology (ITM-CNR). 

The aim of the conference is to provide a common platform for scientific exchanges on new ideas 
and on the latest research works in the still young, but rapidly growing, field and its areas of 
application. The conference will explore all relevant aspects of MD and related technologies, 
including membrane synthesis and characterization, modelling of the transport mechanism, 
applications in the food, pharmaceutical, fine chemicals, water treatment (desalination and 
purification), and petro-chemical industries, hybrid MD/RO – MD/MBR systems, membrane 
crystallization, and the combination with renewable energy sources and low grade waste heat 
streams. 

A compelling program, featuring an interesting line-up of international speakers that will present in-
depth information about the latest technologies and products will characterize the conference. Oral 
presentations at the workshop are by invitation only from the Committee. A poster session with 
contributions presented by researchers to illustrate leading edge research to an international 
audience will be available at the conference site. The event will represent also an excellent 
opportunity for networking, collaborations and partnerships among scientist coming from different 
areas of expertise. 

 

Prof. Enrico Drioli 
 

Chairman of the Conference 
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Fluoromaterials for membrane distillation 
 

Vincenzo Arcella, Aldo Sanguineti 
Solvay Specialty Polymers, R&D Centre, Bollate, Italia 

(vincenzo.arcella@solvay.com) 
 
Introduction 
Fluorinated polymers have achieved considerable success in applications in those sectors requiring 
particular combinations of properties. Depending upon their degree of fluorination, these polymeric 
materials exhibit considerable thermal stability, a low dielectric constant, negligible moisture 
absorption, excellent resistance to atmospheric agents combined with a low flammability index, low 
to moderate surface energy and remarkable chemical resistance. Obviously, the higher is the 
fluorine content, the more marked are these properties. It is, however, surprising to note that even 
partial fluorination of the main chain imparts the above-stated properties to these polymers to a 
considerably greater extent than would be expected from their empirical formulae. 
 Many fluorinated polymers are commercially available. The most significant, however, are the 
homopolymers of four fundamental monomers: tetrafluoroethylene (TFE), chlorotrifluoroethylene 
(CTFE), vinyl fluoride (VF) and vinylidene fluoride (VDF). There are also copolymers and 
terpolymers of these fluoro-olefins with a certain number of comonomers such as ethylene (E), 
hexa-fluoropropene (HFP), perfluoro(methylvinyl ether) (PMVE), perfluoro(propylvinyl ether) 
(PPVE), and perfluorodioxoles.  
 Fluorinated polymers are relatively costly materials because of the considerable technical and 
processing difficulties encountered during synthesis of the monomers. As a result, the volumes 
involved are negligible in comparison with the world-wide output of tens of millions of tonnes of 
conventional thermally processable polymers such as polyethylene (PE), polypropylene (PP), 
poly(vinylchloride) (PVC), etc. The average sale price, however, is between one and two orders of 
magnitude higher than for PE.   
 
Membrane Applications  
Fluoropolymers have a relevant position in membrane applications, thanks to their excellent 
properties for special purpose: PVDF, Halar ECTFE, PTFE and perfluorosulphonic ionomers are 
relevant examples. The wide selection of physical, chemical or electrochemical properties of 
membrane materials allows for the application of membrane technology in a variety of different 
processes. The final device is used for special purposes such as water treatment, food & beverage 
processing, gas separation, energy storage and conversion. Fluoropolymers are the materials of 
choice for the various applications because of their outstanding properties, such as their chemical 
resistance, mechanical strength and stiffness, good stability in a wide range pH range, high thermal 
resistance.  
Among their properties, the low surface energy plays a particular and ambivalent role. In fact, in 
water treatment applications the hydrophobicity of fluoropolymer surfaces is usually considered as 
negative, making membranes made thereof prone to fouling. A widespread research activity has 
developed both in the academy and in the industry to engineer hydrophilic PVDF membranes 
through different strategy, like the use of additives, polymer blending, membrane surface treatment 
via plasma or high energy radiation, and their combination1 . On the other side, hydrophobic 
membranes are finding larger and larger application in membrane contactors i; in this case their 
intrinsic hydrophobicity allows for the preparation of highly porous membrane which can be used in 
contact with water or, and in some cases, also with other polar liquid. While the presence of fluorine 
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impart to these polymers some common features, which make them different from most non 
fluorinated counterparts, their specific composition and the combination of different available 
monomers allows for the appropriate tuning of the required properties. This is also applicable to 
their surface properties: the surface energy has been shown to be broadly dependent on the carbon 
fluorine ratio and more specifically on the polarity of the chain backboneii. This can be easily 
confirmed by reporting the water contact angle is reported as function of F/C ratio and of the 
dielectric constant, (see Fig. 1 and 2 respectively). 
 In this presentation, the main classes of fluoropolymers and their most important commercial 
applications will be reviewed, with attention to their possible application to membrane distillation.  
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                                            Figure 1                                                  Figure 2 
 
References 
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and modification of PVDF membranes, Journal of Membrane Science 375 (2011) 1–27 
[2] A. Gugliuzza and E. Drioli,  PVDF and Hyflon AD membranes: ideal interfaces for 
contactor applications, Journal of Membrane Science, 300, (2007), 51-62. 
[3] Sangwha Lee, Joon-Seo Park, and T. Randall Lee, The wettability of fluoropolymer surfaces: 
Influence of surface dipoles, Langmuir, 24, (2008),  4817-4826 
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Membrane distillation: developments in membranes, modules and 
applications 

 
Tony Fane*, Rong Wang, Xing Yang, Hui Yu, Filicia Wicaksana, Guangzhi Zuo, Lei 

Shi, Shuwen Goh, Jinsong Zhang 
Singapore Membrane Technology Center, 

Nanyang Technological University, Singapore 
Singapore Membrane Technology Centre, Nanyang Technological University, Singapore 637723, 

(agfane@ntu.edu.sg) 
 
Membrane distillation (MD) is an alternative technology for desalination and reuse. Using waste (or 
solar) heat makes it an attractive low GHG membrane option.  Recent developments that enhance 
DCMD applications are presented, and involve membrane development, module design 
optimization, analysis of thermal efficiency and a novel reclamation process. 
   The performance of  PVDF hollow fibre membranes has been improved by plasma grafting 
(fluoroalkane) and by chemical modification methods; the latter by hydroxylation, oxidation and 
crosslinking with a fluoro-compound. Compared to the unmodified hollow fibres, both methods 
increased hydrophobicity and mechanical strength, and provided smaller maximum pore sizes and 
narrower pore size distributions, leading to more sustainable fluxes and higher water quality in 
long-term tests (>30days) using synthetic seawater. The chemical method achieves more stable 
performance and is easier to apply. 
   Hollow fibre MD modules require effective flow distribution in the shell to avoid by-passing. 
Randomly packed fibres (baseline) were compared with various structured arrangements (spacer-
knitted, curly fibres etc). Flux improvements of upto 175% were obtained with much lower 
temperature polarization coefficients. The new designs showed superior performance due to more 
uniform flow distribution, better mixing, less channeling and dead zone effects. Shell-side RTD 
measurements confirmed less bypass flow. Our results also indicate a critical fibre length to 
maintain driving force, and decreases in performance with increased packing density.  
   CFD can be used to guide MD module design. A CFD analysis of hollow fibre MD modules has 
been developed that couples the latent heat into the transfer equation as an energy source term. 
Simulations confirm the sensitivity to the shell-side heat transfer coefficient which can dominate 
performance unless novel packing arrangements (see above) are used. A typical temperature 
distribution inside the module is shown in Fig 1.    
To enhance energy usage, with Gain-Output ratios (GORs) substantially > 1.0, it is necessary to 
include an energy recovery heat exchanger in the flow sheet. We have adapted the Aspen Plus 
platform to give guidelines for optimal design and allow evaluation of the trade-offs between capital 
and operating costs. Our preliminary results show that production costs show a sharp minimum with 
membrane area. 
In addition to desalination applications, MD can play a role in wastewater reclamation. A novel 
MBR, based on MD, has been developed and this MDBR requires use of thermophilic bacteria, 
with typical reactor temperatures of 50 to 600C. Fluxes in the range 5 to 10 l/m2hr are attainable and 
water quality is exceptionally high (> 99.5% TOC removal), so the final product is very suitable for 
high quality reuse. Both organic and inorganic fouling have been observed, but this is controllable. 
Incoming salts build up in the reactor (by a factor determined by SRT/HRT) so that salt-
acclimatized biomass are required which have been readily attained in our studies.  
 



 
19 

 

 
 

Figure 1 Temperature distribution inside the MD module Enhancing the Performance of Direct 
Contact Membrane Distillation Fane et al. ufi= 0.06022 m·s-1, Tfi = 327.15 K, upi= 0.4171 m·s-1, Tpi = 
293.95 K 
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Introduction 
Different membrane separation processes have been developed during the past half century and new 
membrane applications are constantly emerging from industries or from academic and government 
laboratories. Membrane Distillation (MD) is one of the emerging non-isothermal membrane 
separation processes known for about forty eight years and it is still need to be developed for its 
adequate industrial implementation [1]. In 3rd June 1963 Bodell filed the first MD patent [2].  
As it is well known MD is a thermally driven transport of vapor through non-wetted porous 
hydrophobic membranes, the driving force is the vapor pressure difference between the two sides of 
the membrane pores. Simultaneous heat and mass transfer occur in this process and different MD 
configurations (i- direct contact membrane distillation, DCMD; ii- sweeping gas membrane 
distillation, SGMD; iii- vacuum membrane distillation, VMD and iv- air gap membrane distillation, 
AGMD) can be used for various applications (desalination, environmental/waste cleanup, water-
reuse, food, medical, etc.). These characteristics make MD attractive also within the academic 
community as a didactic application.  
MD has been the subject of worldwide academic studies but from the commercial stand point, it is 
still to be implemented adequately in industry. The major barriers include MD membrane and 
module designs, membrane pores wetting, low permeate flow rate, permeate flux decay, high 
energetic and economic costs, etc. 
The membranes to be used in MD must be porous and hydrophobic. It can be a single hydrophobic 
layer, a composite porous bilayer hydrophobic/hydrophilic membrane or composite trilayer 
hydrophilic/hydrophobic/hydrophilic or hydrophobic/hydrophilic/hydrophobic porous membranes. 
Both supported and unsupported membranes can be used in this process. The pore size of the 
membranes frequently used in MD is below 1 µm. The MD membrane characteristics include high 
hydrophobicity, low surface energy, small maximum pore size (i.e. high liquid entry pressure), 
narrow pore size distribution, high porosity (i.e. high permeate flux and low thermal conductivity), 
high resistance to heat flow by conduction through the membrane matrix (i.e. heat transfer by 
conduction through the membrane matrix is considered heat loss in MD), sufficient but not 
excessive thickness (i.e. permeate flux is inversely proportional to the membrane thickness and 
mechanical strength is proportional to the membrane thickness) and long life.  
It is to note that very few laboratory researches have been performed on the preparation and 
modification of membranes designed specifically for MD process. Fortunately, some significant 
results were obtained recently in the preparation and modification of polymeric membranes and 
their testing in MD providing increase reliability for the MD process [1]. An abrupt increase in the 
number of papers on MD membrane engineering (i.e. design, preparation and testing in MD) is seen 
since only seven years ago and it is hoped that this trend will continue in the future [1]. Membranes 
with different pore sizes, porosities, thicknesses and materials are required in order to carry out 
systematic MD studies for better understanding mass transport in different MD configurations and 
thereby improving the permeate flux.   
Our research group prepared novel polymeric flat sheet and hollow fiber MD membranes of 
different structures and characteristics for desalination [3-5]. The advantages of the developed 
membrane types in MD field are highlighted and their performances were compared to commercial 
membranes commonly used in MD.   
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Results and Discussion 
* Composite flat sheet and hollow fiber membranes:  
During last few years, we proposed a new type of porous composite hydrophobic/hydrophilic flat 
sheet membranes for DCMD application. The membranes were prepared by the simple phase 
inversion method using fluorinated surface modifying macromolecules (SMMs). The hydrophobic 
side of the membrane was brought into contact with the hot feed aqueous solution, while the 
hydrophilic layer of the membrane was maintained in contact with the cold water (i.e. permeate), 
which penetrates into the pores of the hydrophilic layer. The composite porous 
hydrophobic/hydrophilic membranes were found to be promising for desalination by DCMD as they 
combine the low resistance to mass flux, achieved by the reduction of the water vapor transport path 
through the hydrophobic thin top-layer, and a low conductive heat loss through the membrane. This 
type of membranes was prepared by the phase inversion technique in a single casting step from 
different polymer solutions containing SMMs, the solvent and the non-solvent. During membrane 
formation, the SMMs migrate towards the top air/polymer interface rendering the membrane 
surface more hydrophobic. This was confirmed by contact angle measurements and X-ray 
photoelectron spectroscopy (XPS) analysis, which indicated the gradient in fluorine across the 
membrane.  
The effects of different casting parameters on the DCMD permeate flux and on the membrane 
characteristics were investigated. The studied parameters are the hydrophilic polymer type 
(Polysulfone, polyetherimide, polyethersulfone) and their concentration in the casting solution, the 
SMM type and it is concentration, the solvent type (N,N-dimethyl acetamide, N-methyl 
pyrrolidione), the additive type and its concentration, the solvent evaporation time, the casting 
temperature, the coagulation bath temperature, the thickness, etc. 
Similar to flat sheet membranes, hollow fiber porous composite membranes were prepared for MD 
by the dry/wet spinning techniques [5]. Double layered hydrophobic/hydrophilic hollow fiber 
membranes or tri-layered hydrophobic/hydrophilic/hydrophobic hollow fiber membranes were 
prepared in a single step using one SMM blend spinning dope. During spinning, the SMMs migrate 
towards the outer surface while traveling through the air gap, rendering the outer surface 
hydrophobic. In fact, SMMs can migrate to both the inner and outer surface changing their 
characteristics depending on the spinning parameters and on the blend dope. The prepared 
composite hollow fiber membranes were tested in desalination by DCMD and very high salt 
rejection factors were obtained. This type of membranes was also found to be promising for 
desalination by DCMD.  
The liquid entry pressure of the SMM modified membrane was higher than that of the unmodified 
membrane while the pore sizes were smaller and decreased as the concentration of the hydrophilic 
polymer was increased in the dope. The pore sizes of the prepared membranes were one order of 
magnitude lower than those of the commercial membranes and the DCMD performance were 
higher especially when using concentrated feed saline solutions (> 100 g/L sodium chloride). For 
the flat sheet composite membranes, the thickness of the hydrophobic layer is lower than 8 µm, 
which is an order of magnitude smaller than the thickness of the commercial membranes [6,7]. 
From atomic force microscopy (AFM) analysis it was observed that the prepared composite 
membranes exhibited smoother top surfaces than the surface of the membranes prepared without 
SMMs.   
 
* Nano-fibrous membranes:  
Polymeric nano-fibers have attracted increasing attentions in the last ten years because of their high 
surface-to-mass (or volume) ratio and special characteristics attractive for advanced applications 
[1]. Nano-fibrous membranes can be fabricated by several techniques such as electro-spinning or 
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electrostatic spinning [8]. 
Our research group proposed novel type of membranes for MD process prepared by electro-
spinning method, with which the first attempt was made in desalination (see Fig. 1) [4,9]. These are 
nano-fibrous electro-spun membranes prepared using different polymer solutions and applying 
different electro-spinning parameters.  
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Figure 1. SEM images of a PVDF electro-spun membrane (different magnifications) and its fiber 
diameter distribution [5]. 
 
The electro-spinning process, in its simplest form, consists of a syringe to hold the polymer solution 
connected to a circulation pump, two electrodes (a spinneret or a metallic needle and a grounded 
conductor collector) and a DC voltage supply in the kV range. Direct current (DC) power supplies 
are used. The polymer drop from the tip of the needle connected to the syringe by a Teflon tube is 
drawn into a fiber due to the high voltage. The jet is electrically charged and the charge causes the 
fibers to bend in such a way that every time the polymer fiber loops, its diameter is reduced. The 
fiber is collected as a web of fibers on the surface of a grounded metallic target or collector. Both 
supported and unsupported membranes (nano-fibrous mat) were prepared. The effects of various 
electro-spinning parameters on the morphological structure of the electro-spun fibers (i.e. diameter 
and its distribution), on the nano-fibrous membrane characteristics (i.e. thickness, void volume 
fraction, contact angle, liquid entry pressure, etc.) as well as on the MD performance of nano-
structured membranes were studied. Both system parameters (polymer type, polymer concentration, 
solvent type and polymer solution properties such as viscosity, conductivity and surface tension) 
and process parameters (voltage, flow rate of polymer solution, distance between the capillary and 
collection screen) were considered.   
 
 
Conclusions 
Detailed studies concerning the design of membranes for MD and systematic investigations of the 
effects of membrane parameters are still lacking. More must be done before fabricating membranes 
that are suitable for different MD configurations and applications with outstanding performance for 
industrial application.  
Membranes with a high and controlled void volume may be achieved by designing nano-structured 
membranes based on nano-fibers and micro-fibers. The structural properties of the electro-spun 
membranes include a high surface area to volume ratio, micro scaled interstitial space between 
fibers, thickness size, high void volume and interconnectivity. This option seems to be a relatively 
simple solution that fulfils all the conditions needed for a MD membrane and for achieving a high 
permeability and a low thermal conductivity.  
It is interesting to note that compared to the modified membranes used in other membrane 
separation processes, the studies on membrane surface modification for MD applications have not 
been extensive and mature yet. More theoretical (heat and mass transport through modified 
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membranes in MD) and experimental work in the field of membrane bulk and surface modification 
for MD is required. This would certainly expand the material resource for MD membranes and 
bring about a great advance in the development of MD process. 
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Introduction 
Membrane distillation (MD) is an emerging thermally driven membrane separation process that has 
been investigated widely for many applications including seawater desalination, food processing 
and removal of volatile organic compounds from water [1].  The porous membrane in MD acts as a 
physical support that separates a hot feed solution from a cooling chamber containing either a liquid 
or a gas depending on the MD configuration. For instance, in direct contact membrane distillation 
(DCMD), a cold liquid solution is allowed to flow through the permeate side of the membrane in 
order to condense the vapour that has migrated through the membrane pores from the hot feed 
solution. The main requirement of the MD membrane is that the pores must not be wetted and only 
vapour is present. This is limiting the MD membrane choice to those made of hydrophobic 
materials such as polytetrafluoroethylene (PTFE), polypropylene (PP), and polyvinylidene fluoride 
(PVDF). Although these membranes were manufactured for microfiltration (MF) and ultrafiltrration 
(UF) purposes, they have been used in MD research for many decades due to their hydrophobic 
nature [1].  
Despite the fact that MD holds several advantages in saving energy compared to other separation 
processes; it has not yet been commercialized for large scale plants. One of the reasons is the 
relatively lower MD permeate flux and the membrane wetting, which diminishes the durability of 
MD membranes. In many cases, these problems are the result of inadequate design of the MD 
membranes.  
Recently, in MD research, more attention has gone into preparing membranes specifically for the 
MD applications. Among those attempts, the composite hydrophobic/hydrophilic membrane is 
considered one of the most promising steps toward the final commercial design of MD membranes. 
The concept of this novel membrane is based on hydrophobic/hydrophilic composite membranes 
with a thin hydrophobic surface layer supported by a relatively thick hydrophilic sub-layer. The top 
hydrophobic thin layer will prevent the penetration of water into the pores. On the other hand, 
resistance to the mass transfer is minimized because of the thinness of this hydrophobic layer. Both 
the hydrophobic and hydrophilic layer will contribute to the overall resistance to the heat transfer. 
Hence, the heat conductance can be reduced by using a relatively thick hydrophilic sublayer. 
The aim of this work is to summarize the recent advances and studies of the composite 
hydrophobic/hydrophilic membrane, its manufacturing process and testing for desalination 
application by MD.  
 
Experimental  
The composite hydrophobic/hydrophilic membranes are manufactured using the phase inversion 
method in which a host hydrophilic polymer is blended with hydrophobic surface modifying 
macromolecules (SMM). The hydrophobic SMM is synthesized using a two step polymerization 
method comprising a first polymerization step to form a polyurea pre-polymer, and a second 
polymerization step to end-cap the polyurea pre-polymer by the addition of a fluorinated compound.  
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The polymeric dope solution was prepared by dissolving a predetermined amount of hydrophilic 
polymer and hydrophobic SMM in a solvent/non-solvent mixture. The resulting mixtures were 
stirred in an orbital shaker at room temperature for at least 48 h. prior to their use; the solutions 
were filtered through a 0.5 µm Teflon® filter and degassed at room temperature. The dope solutions 
were cast on a smooth glass plate to a thickness of 0.30 mm using a casting rod at room 
temperature. The solvent was then evaporated at ambient temperature for a predetermined period 
before the cast films together with the glass plates were immersed for 1 h in distilled water at room 
temperature. The hydrophobic SMM migrates to the air/polymer interface during gelation making 
the membrane’s top surface hydrophobic, rendering the bottom hydrophilic layer unaltered. 
Moreover, it was observed that the membranes peeled off from the glass plate spontaneously. All 
the membranes were then dried at ambient conditions for 3 days.  
There is a wide range of composite hydrophobic/hydrophilic membranes prepared by blending 
different types of hydrophobic SMM into a variety of hydrophilic polymer including: 
polyetherimide (PEI), polyethersulfone (PES) and polysulfone (PS) [2]. Furthermore, those 
membranes were characterized using different characterization techniques including measurements 
of liquid entry pressure of water (LEPw), gas permeation test, contact angle measurements, x-ray 
photoelectron spectroscopy (XPS), scanning electron microscopy (SEM) and atomic force 
microscopy (AFM). Finally, the prepared membranes were tested for the desalination application by 
direct contact membrane distillation using the DCMD setup described elsewhere [3].  
 
Results and Discussion  
Fig 1 shows a comparison between different type of composite hydrophobic/hydrophilic 
membranes and commercial PTFE membrane (FGLP1425) of nominal pore size of 0.2 µm and 
porosity of 70%.  The shown composite membranes are SMM modified PES membrane (M1), 
SMM modified PEI membrane (M2) and SMM modified PS (M3) membrane.  
It is well documented that temperature is the operating variable that affects the MD flux the most 
due to the exponential increase of vapour pressure with temperature according to the Antoine 
equation [1]. As shown in Figure 1a; both the commercial membrane and the 
hydrophobic/hydrophilic composite membranes exhibit an exponential increase of the DCMD flux 
with an increase in Tm. Both Figures 1a and 1b show that the order in the DCMD flux is M1 > M2 > 
FGLP 1425 > M3. In other words, most of the prepared hydrophobic/hydrophilic membranes 
showed higher permeate fluxes than the commercial membrane. In particular, the DCMD flux of the 
membranes M1 and M2 was found, on average within the tested temperatures, to be (40 ± 3.70) % 
and (8 ± 2.10) % and (31 ± 6.63) %, respectively, higher than that of the commercial membrane as 
shown in Figure 1a. on the other hand, M3 membrane flux was lower than FGLP1425 membrane by 
(42.7 ± 8.10) %.  
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Fig. 1.  DCMD flux result: (a) mean temperature effect on DCMD flux of distilled water feed 

solution; (b) water vapour flux of 0.5 M NaCl feed solution at Tm of 45oC. 
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According to Table 1, the Liquid entry pressure of water (LEPw) of those membranes under 
investigation followed the order of M3 > M2 > M1. This indicates that the order of maximum pore 
size according to Laplace equation might be M1 > M2 > M3, which agrees with the flux order.  
Moreover, Table 1 shows that the decreasing order of product of average pore size and effective 
porosity per unit effective pore length (rε/Lp) ratio is M1 > M2 > M3, which is again the same order 
of the permeate flux. As observed, the membrane exhibiting higher (rε/Lp) ratio will have higher 
DCMD flux. This is expected since an increase in the ratio (rε/Lp) means an increase in either the 
porosity and/or pore radius or a decrease in effective pore length. Most importantly, the separation 
factor was higher than 99.9% when NaCl solution was used as a feed for all tested membranes. 
 

Table 1. LEPw and rε/Lp ratio of the prepared hydrophobic/hydrophilic membranes. 
 

Membrane LEPw (bar) rε/Lp 
M1 3.1 6.97 10-5 
M2 4.0 1.53 10-5 
M3 4.4 3.02 10-6

 
Conclusions  
A better and instructive understanding of the performance of hydrophobic/hydrophilic membranes 
in MD has been obtained by investigating the relationship between the membrane morphology and 
its performance in MD. The linkage between the membrane characteristics and the membrane 
performance was coherent. It was verified that the characteristics of the top skin layer (the 
hydrophobic layer) highly influence the DCMD flux. These characteristics are, in particular, the 
liquid entry pressure of water (LEPw) and the product of average pore size and effective porosity per 
unit effective pore length (rε/Lp). Generally, most of the composite hydrophobic/hydrophilic 
membranes exhibited higher permeate fluxes than those obtained using the commercial PTFE 
membrane, although the composite membranes have considerably lower pore size and porosity [2]. 
It was proved that the SMM are necessary to produce workable membranes in MD, and the 
produced composite hydrophobic/hydrophilic membranes are of promising commercial potential.  
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Introduction 
Membrane distillation (MD) is a promising desalination technology. Practical application of MD is 
limited by its relatively low permeate flux, high thermal energy consumption, energetic 
inefficiencies, and lack of commercially available membranes and membrane modules fabricated 
specifically for MD [1-2]. It is reported that the estimated cost for direct contact membrane 
distillation (DCMD) with heat recovery is $1.17 m−3, which is comparable to the cost of water 
produced by multiple effect distillation (MED) and multi-stage flash (MSF), costs of which are 
approximately $1.00 m−3 and $1.40 m−3, respectively. However, when using a low-grade thermal 
energy source, such as solar or geothermal, the cost of DCMD is decreased to $0.50 m−3, which 
approaches the cost of water produced by RO [3]. Efforts to enhance both energy efficiency and 
mass transfer by optimizing process conditions, fabricating specific MD membranes, and designing 
novel modules can improve the performance of MD and support its practical implementation [1]. 
This study aims to develop a more comprehensive expression for mass transfer; this presentation 
focuses on the effects of membrane properties, especially membrane pore size distribution and 
support layer characteristics, on mass transfer.  
 
Theory and Experimental  
The process of mass transfer through the membrane in DCMD can be divided into three 

independent mechanisms [4-6]: Knudsen-diffusion  molecular-

diffusion  , and viscous flow . In these equations, 

,   and , where r is average pore size, �membrane porosity, � 
membrane tortuosity, and � membrane thickness. Because the mean free molecular path of water 
vapor under typical DCMD operating conditions is comparable to the typical pore size of MD 
membranes, more than one of the three mechanisms mentioned above may exist within one 
membrane, therefore, the trans-membrane water flux should be described by a combination of the 
mechanisms [5]. However, these equations are limited in certain ways.  
First, whether the average pore size is a good representation of pore size distribution is doubtful, 
however, pore size distribution is seldom considered in mathematical models in MD research [7]. It 
has been observed that the DCMD flux predicted using average pore size is quite similar to that 
using pore size distribution for many commercial membranes, however, the difference between the 
predicted fluxes is higher for laboratory-made membranes, which exhibit pore size distributions 
with geometric standard deviations far from unity [7-8]. In some previous modeling investigations 
(e.g., [9-12]), it was found that the MD water vapor transfer coefficients calculated considering the 
pore size distributions are similar to the ones obtained assuming an average pore size model [9-12]. 
However, other previous investigations (e.g., [13-14]) insisted that pore size distribution must be 
considered. In all of these studies, the mathematical models are typically only tested on a small 
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number of membranes. Testing the models on a broader range of membranes is desirable.  
Second, the equations for the mass transfer coefficients only describe mass transfer in single-layer 
MD membranes and do not include the mass transfer resistance from the membrane support layer. 
Support layers usually give the membranes stronger mechanical support, and result in less heat loss 
by conduction; for these reasons, MD membranes with support layers have been of interest to 
membrane manufactures. However, most modeling studies (e.g., [15-17]) only consider single-layer 
membranes. In two studies using MD membranes fabricated with hydrophilic support layers ([18-
19]), the mass transfer resistance from the support layer was ignored because of its hydrophilic 
nature. Furthermore, Zhang et al. [20] discussed the effect of membrane support layer on mass 
transfer process in DCMD; however, they did not perform characterization of the membrane 
support layer. Also, they discussed the effects of tortuosity, thickness and porosity of the membrane 
support layer, but did not consider other characteristics such as the pore size or hydrophobicity of 
the membrane support layer.  
In this investigation, nine MD membranes (A, B, C, D, QM022, QL236, QL822, QL211100 and 
QP909), some available commercially and some not, were studied in this research. Pore size, 
membrane thickness, tortuosity, porosity, contact angle, liquid entry pressure (LEP), and pore size 
distribution of each membrane were determined to study the effect of membrane properties on mass 
transfer. To investigate the effect of membrane pore size distribution on mass transfer in DCMD, 
single-layer membranes A, C, D, and QM022 were tested in a bench-scale membrane testing 
apparatus under feed temperatures of 40 and 60 oC and a cross-flow velocity of 1.30 m/s. Mass 
transfer coefficients were predicted using average pore size and were compared with the 
experimental results. To investigate the effect of membrane support layer on mass transfer in 
DCMD, membrane active layers were separated from the support layers of the thin-film composite 
membranes B, QL822, QL236, QL211100, and QP909 by a simple peeling process and then 
performances of the membrane active layers were compared with those of the intact membranes. 
Because membrane B has a scrim structure of support layer, which can be peeled off of the support 
layer better than membranes with a non-woven structure of support layer, its support layer mass 
transfer performance was further evaluated with a feed temperature of 40 oC and a cross-flow 
velocity of 1.30 m/s for the scenarios of the support layer facing the feed solution and for the active 
layer facing the feed solution. 
 
Results and Discussion 

First, it was found that the calculated values of  , which are proportional to 
molecular-diffusion, Knudsen-diffusion, and viscous flow, respectively, for membrane C were much 
higher than those for another membrane (membrane D); however, membrane C had nearly the same 
flux as membrane D at the feed temperature of 40 oC and 28% less flux at the feed temperature of 
60 oC. One hypothesis for the unexpected lower flux of membrane C was that average pore size was 
not a satisfactory parameter to use in mass transfer coefficient calculations. Using the average pore 

size determined from a gas permeation test (0.27 µm), the calculated values of   for 
Knudsen-diffusion and viscous flow are 1284×10-6 and 347×10-12 m, respectively. Using SEM 
testing, ACD photo manager, and Gwyddion software, it was found that 53% of the pores of 
membrane C were smaller than 0.17 µm (with an average pore size of 0.12 µm) and 40% of the 
pores were in the range of 0.17 - 0.48 µm (with an average pore size of 0.29 µm). Using this pore 

size distribution data, the calculated values of  Knudsen-diffusion are 556×10-6 for the 
pores smaller than 0.17 µm and 1388×10-6 for the pores in the size range of 0.17 - 0.48 µm, and the 
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calculated value of for viscous flow is 405×10-12 m. Because the majority of the pores (53%) 
are smaller than 0.17 µm, mass transfer in this fraction of pores play a more important role than that 

in other pores, however, the value of  in this fraction (556×10-6) is much lower than that 
calculated using average pore size (1284×10-6), thus, overprediction of flux would be expected 
when using average pore size. However, membrane D, with an average pore size of 0.32 µm, had 
84% of pores in the size range of 0.17 - 0.48 µm, where the mass transfer coefficients could predict 
the actual flux better. For this reason, it is proposed that a more accurate calculation of mass transfer 
would result if pore size distribution was considered instead of just average pore size. 
The support layers were then separated from the active layers of the bi-layer membranes. For the 
QL211100 and QP909 membranes, it was found that the active layers were wetted immediately at 
the very beginning of the flux testing because of their much larger pore size than the other 
membranes. Flux results for the active layers of membranes B, QL822 and QL236 were 18.8, 94.3 
and 148% higher than those for the intact membranes. Thus, the support layers clearly provide 
additional mass transfer resistance. Comparing the fluxes of the intact membranes with those of the 
active layers only, it was determined that resistance from the support layer should follow the trend: 
B < QL822 < QL236. Characterization of the support layers found that the membrane B support 
layer has the largest porosity (84.5%), followed by the membrane QL822 support layer (78.0%), 
and the membrane QL236 support layer (69.4%). In addition, the membrane B support layer has the 
smallest tortuosity (1.57), followed by the membrane QL822 support layer (1.91), and the 
membrane QL236 support layer (2.45). Therefore, the support layer with the lowest mass transfer 
resistance has the highest porosity and lowest tortuosity. It is not clear whether support layer pore 
size and hydrophobicity have any effect on mass transfer resistance. Also, it is expected that small 
support layer thickness would result in lower mass transfer resistance, however, it was found that 
the membrane B support layer has the largest thickness (200 µm), followed by the membrane 
QL822 support layer (171 µm), and the membrane QL236 support layer (97 µm). It was also 
determined that 21% more flux was achieved when the active layer of intact membrane B faced the 
feed solution than when the support layer faced the membrane. This is attributed to greater 
temperature polarization occurring on the support layer side than on the active layer side of the 
membrane.  
 
Conclusions 
Effects of membrane pore size distribution and support layer characteristics on mass transfer in 
DCMD were investigated in this study. It is proposed that the average pore size is not a satisfactory 
parameter to use in the mass transfer coefficient calculations for membranes with wide pore size 
distributions, while it may be for membranes with narrow pore size distributions. In addition, 
resistance from membrane support layer has a significant effect on mass transfer in DCMD, 
therefore, a comprehensive mathematical expression for the mass transfer coefficient including 
properties of membrane support layers, will result in improved prediction of the fluxes for MD 
membranes.  
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Introduction 
Membrane distillation (MD) is defined as the evaporation of volatile compounds through a non-
wetted porous membrane. For solutions containing non-volatile solutes only water vapour is 
transferred through the membrane; hence, the obtained distillate comprises demineralized water [1-
3]. On the basis of this separation mechanism, the MD process can be applied for seawater 
desalination as well as for the concentration of aqueous solutions [1-8]. 
During the desalination of natural water or the concentration of salt solutions, the precipitation 
and/or crystallization of sparingly soluble salts on the membrane surface (scaling) can occur, which 
decreases the durability of MD membranes [1-10]. The possibility of scaling occurrence and its 
influence on the course of MD process was investigated during continuous long-term studies. 
 
Experimental 
The MD investigations for the production of dematerialized water and saline wastewater separation 
were performed using the installation presented in Fig. 1. 
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Fig.1. MD experimental set-up. 1 – MD module, 2 – feed tank, 3 – distillate tank,  
4 – heat exchanger, 5 – measurement cylinder, PD, PF – manometer, TDin, TDout, TFin and TFout – 
thermometer 
 
Membrane modules were installed in a vertical position. The hydrophobic capillary polypropylene 
membranes (Accurel S6/2 PP, Membrana, Germany), with the outside/inside diameter equal to 
dout/din=2.6 mm/1.8 mm, were assembled inside these modules. The design of the MD module 
enables a replacement of capillary membrane cartridges. The feed and distillate streams flowed co-
currently from the bottom to the upper part of the MD module. The linear velocity of the feed flow 
(vF) was changed in the range of 0.3–1.4 m/s. The flow rate of the distillate was constant and equal 
to 0.29 m/s. Tap water, produced from the lake water, was used as the feeding water for the MD 
experiments. The membrane morphology was studied using a Jeol JSM 6100 scanning electron 
microscopy (SEM) coupled with energy dispersion spectrometry (EDS).  
 
Results and Discussion 
Bicarbonates dissolved in raw water undergo decomposition as a result of feed heating [10-12], and 
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a significant amount of calcium carbonate (CaCO3) precipitates on the membrane surface (Fig. 2). 
SEM images of the scales revealed different crystalline shapes formed on the membrane surface. In 
the case of porous deposit, the permeate flux decline was mainly caused by an increase in the heat 
transfer resistance of the scaling layer [13]. An increase of thermal resistance of this layer causes a 
reduction of the heat flux from the feed to the evaporation surface, and a decline of the permeate 
flux is observed. Moreover, in the case of non-porous deposit, the magnitude of the permeate flux is 
also dependent on a resistance of water transport through the deposit layer. The HCO3

– ions 
concentration can be reduced at the pretreatment stage, e.g. by chemical water softening or by using 
pressure driven membrane processes [1, 2, 12–15]. 
 

    
 

Fig. 2. SEM images of CaCO3 deposit formed on the membrane surface during water desalination 
by MD process 
 
Deposit can also be formed inside the membrane pores (Fig. 3). Therefore, scaling causes a 
progressive wettability of the membrane, and as a result both a decline of the permeate flux and 
separation efficiency was observed [6, 10]. The alkaline scaling inside the pores was limited by 
lowering the feed temperature and by increase of the feed flow rate [10]. 
 

A 

   

B

 
 
Fig. 3. SEM images of CaCO3 deposit formed for different flow rate of the feed. A- low flow rate, B 
– higher flow rate 
 
The scaling was limited by the separation of CaCO3 deposit in a pre-filtration element assembled at 
the inlet of the MD module [12, 15]. A periodical rinsing of filter nets by HCl solutions did not 
affect the membrane performance, and the MD module efficiency was stabilized during the long-
term investigations (Fig. 4) 
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Fig.4. Variation of the relative permeate flux during MD of tap water with net filter rinsed by 3 wt. 
% HCl solutions (every 5 h). Filter assembled 5 cm from the module inlet 
 
The precipitation of calcium sulphate was observed during the production of demineralized water 
when high values of the recovery coefficient of water (above 90%) were used. CaSO4·2H2O scale 
formation on the membrane can cause physical damage to the MD membranes due to difficulties 
encountered in removal of gypsum and irreversible membrane pore plugging (Fig. 5). The negative 
effect of CaSO4 scale was weakened when CaCO3 component was co-precipitated [16]. 
 

 
 
Fig. 4. SEM image of CaSO4·2H2O deposit formed on the membrane surface and inside the pores 
 
Conclusions 
Scaling is particularly disadvantageous in the case of MD. The formation of deposit on the 
membrane surface causes a reduction of the permeate flux and contributes to their wettability. 
Moreover, this deposit may cause damage of the membrane structure (e.g. crystallization of 
CaSO4). 
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While considering the results obtained during the passed decade it is tempting to return somewhat 
earlier and cast an eye to what happened previously thus creating the background and the state-of-
the-art. In my opinion, the most important work of the last decade of XX century in membrane 
materials science was extensively cited article by L.M.Robeson [1]. Of course, the trade-off 
phenomena had been known since 60-s and similar diagrams had been drawn during 70-80s. But the 
impact of this work was caused not only by much bigger accumulated information (larger number 
of the data points and consideration of permeability – selectivity diagrams for numerous gas pairs) 
but the concept of the “upper bound” (UB). On the one hand, it produced the incentive for the 
researcher to clear the way to the areas above UB for different gases. On the other hand, it became 
evident that the key problem is to find explanation why the clouds of the data points on some 
diagrams are steeper than those of others. Another point of interest was to find theoretical 
explanation of the coordinates of UB at different diagrams. These questions were considered in Ref. 
2 and 3 using the approaches of transition state theory (TST) and free volume model. TST was 
extensively employed in the studies of polymers using molecular dynamics, while the investigation 
of free volume in membrane materials (mainly glassy) became a popular subject. Today, it is 
common to include the results concerning free volume in papers dealing with gas permeation and 
membranes separation.  
Free volume in polymers can be considered as an object of nano-world as real as macro-chains of 
polymer matrices that form it. Understanding of subtle details of nano-structure of free volume in 
polymer solids and in membrane materials in particular is quite relevant for interpretation of 
transport properties of membranes and for designing of novel membrane materials. The results 
obtained during last 10-15 years were a breakthrough in this field of membrane science, because 
they shed light on many details of inner structure of polymers and the effects of it on gas 
permeation properties.  
A key role in this regard was played by the development and extensive use of so-called probe 
methods and application of the methods of computer modeling such as molecular dynamics and 
Monte-Carlo simulations. The probe methods, and, first and foremost, positron annihilation lifetime 
spectroscopy (PALS), have proven to be reliable and accurate tools for estimation of size, size 
distribution of free volume elements, and determination of their concentration. On the other hand, 
they cannot provide desired information on connectivity of free volume in polymers, however, this 
task can be solved by the methods of atomistic modeling of polymers. Combination of these two 
approaches forms today a reliable basis in our knowledge on how the membranes are formed and 
how mass transfer proceeds in them.  
The creators of free volume model in liquids and amorphous solids (Frenkel, Cohen and Turnbull, 
Fujita) interpreted free volume as an abstract notion. The situation changed dramatically when the 
probe methods appeared. Now a researcher has several independent possibilities to estimate free 
volume and its size distribution in membrane materials, and it is possible to measure free volume as 
a function of temperature, pressure, the presence of plasticizers, under mechanical stress, to 
investigate the spatial profile of free volume within the membrane. Several probe methods found 
application in membrane studies [4], and among them it can be mentioned PALS, Inverse Gas 
Chromatography, Xe-NMR, the use of the photochromic probes. Since diverse probe methods are 
based on different assumptions, sometimes not completely reliable, it was quite important to 
demonstrate that different probe methods provide close predictions of the average size of free 
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volume element. It was made e.g. in the studies of amorphous glassy perfluorinated polymers using 
Xe-NMR, PALS and photochromic probes [5,6]. As has been mentioned, the most extensive 
information on free volume in glassy and rubbery polymers was obtained using PALS. In the 
traditional form of this method the source of positrons is 22Na isotope with energy of positrons of 
200 keV. In such experiemnts the braking length of e+  is about 1 mm, hence the information is 
provided for the bulk of polymers. Meanwhile, it is well known that chain packing is different in 
thin layers of membranes. So it was important that a method would be developed for production of 
monochromatic beams of positrons with smaller energy 0.2-20 keV and shorter penetration into the 
sample. Such modification of the method allows one to sense free volume in thin layers adjacent to 
the surface of membranes [7].  
According to the probe methods and computer simulation free volume in polymers is represented 
microcavities with sizes (radii) in the range 2-10 Å. Size distribution of accessible free volume in 
low permeable polymers like polyimides is characterized by single Gauss-type (bell-shaped) curve 
located in the range 2-4 Å. For highly permeable polymer such as polyacetylenes it spans much 
wider, so some, very large (up to 8-10 Å) microcavities are observed. Free volume in polymer has 
irregular shape and complicated geometry the results of modeling depend on a definition of free 
volume element. Hoffman et al. [8] put forward two definitions of free volume element (Figure). 
One limiting case (V_connect) makes it possible to identify microcavities that can be large and have 
irregular shape. In the other limiting case (R_max) involves partition of large microcavities into 
smaller holes having the geometry of sphere or cube. R_max approximation results in continuous 
sizes distribution, while V_connect approximation is characterized by bimodal distribution for high 
permeability polymers in agreement with he results of the PALS method.  

V_connect
one “global“ region

R_max
three “local” regions

 
Figure. Two different representations of free volume element. 

 
However, there are several problems that require scrutiny and elucidation.  
1. For most highly permeable polymers bimodal size distribution of free volume was demonstrated 
by PALS [9]. On the other hand, an alternative point of view was advanced by Dlubek et al. who 
proposed [10] that mono-modal size distribution with dispersion as independent parameter gives 
better representation of primary positron annihilation data.  
2. Although usually there exists a qualitative agreement between the results of the probe methods 
and the data of atomistic modeling (molecular dynamics and Monte-Carlo), a quantitative 
agreement in evaluation of size distribution of free volume is often lacking. To remove this 
contradiction, efforts are required on behalf of both computer scientists and experimentalists who 
study membrane materials.  
3. Shape and concentrations of free volume elements. The common and most simple assumption 
about the geometry of free volume elements is that they can be approximated as spheres. The 
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equations for calculating the size of cylindrical microcavities were proposed in the PALS and Xe-
NMR methods. But the question is opened for discussion. In considering the effects of free volume 
on the gas permeation parameters not only the size of the holes but also the hole number density N 
is important. Originally, the intensity I3 of the positronium (o-Ps) component of lifetime spectrum 
was used as a measure of this concentration. Later it was shown that I3 depends also on the 
probability of formation of o-Ps and hence cannot serve for this purpose. Sophisticated methods for 
determination of N based on positronium lifetimes and PVT data of the polymer were proposed. 
However, there is a necessity in more simple, though maybe approximate methods for estimation of 
N. An attempt in this direction was made recently [11].  
4. Satisfactory correlations can be found in the literature between gas permeation parameters (P, D, 
S) and free volume as found using the probe methods. However, in some cases polymers with very 
similar size of free volume elements reveal quite different gas permeation behavior. For example, 
they can exhibit either size sieving or solubility controlled permeation. This indicates the role of 
connectivity of free volume nano-structure. And here only atomistic modeling can be employed. 
Some preliminary results in this direction have been obtained [12]. 
All this indicates the importance, for further progress, of joint application of traditional membrane 
methods (determination of P and D at different temperatures and pressures, obtaining sorption 
isotherms) in combination with probe techniques and atomistic computer modeling.  
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Introduction 
Relevant process information in pervaporation are the solubilities of liquid and vapor solutes in 
polymeric membranes, in order to assess the conditions prevailing upstream and downstream, 
respectively. For glassy polymers, commonly used to that purpose, the calculation of the solubility 
is still considered an open question, in view of the nonequilibrium properties of the glassy matrices.  
The solubility of solutes from both liquid and vapor phases in glassy polymers has been considered 
in this work by using the general results of the Non-Equilibrium Thermodynamics of Glassy 
Polymers, which proved successful to calculate solubility isotherms of gases in glassy polymers for 
rather different situations, including polymer blends, mixed gases and mixed matrices. It is shown 
that the extension to nonequilibrium phases of thermodynamic equilibrium models are suitable for 
liquid and vapor penetrants in a glassy phases: water and ethanol sorption in polycarbonate (PC) 
and water sorption in polysulfone (PSf) have been examined as examples. The ability of the model 
to predict the solubility from both liquid and vapor phases was tested successfully.  
The model presented is also able to account for the effects associated to polymer swelling which 
may have a relevant effect in pervaporation as well as in other membrane processes. In the case of 
polycarbonate, the model was also applied to calculate successfully the solubility of liquid water at 
different temperatures from 25 to 130°C, with a single value of the energetic binary parameter 
associated to the binary mixture.   
For rubbery or gel-like phases the solubility of liquids can be calculated successfully by using well 
established models either for the excess Gibbs free energy such as the Flory-Huggins expression or 
equations of state (EoS). [1]  
For glassy polymer phases, on the other hand, the situation is different and not equally well 
established because glasses are nonequilibrium phases, for which the usual equilibrium 
thermodynamic conditions do not apply. In particular their properties depend on the pre-history that 
they have experienced  for temperature, stress, deformation and composition.  
For gases and vapors, a simplified schematization of the physical behaviour is given by the well 
known Dual Mode Sorption (DMS) model widely applied to correlate empirically the solubility of 
gases and vapors in glassy polymers.[2] 
More recently, the solubility of gases and vapors in glassy polymers has been described by using the 
extension to glassy phases of the EoS approach, on the bases of the Non-Equilibrium 
Thermodynamic of Glassy Polymers  (NET-GP),[3-6] that has a reasonably good predictive ability. 
Such nonequilibrium models have been applied thus far to calculate the solubility of gases and 
vapors in glassy polymers but they apply equally well also for penetrants deriving from a liquid 
phase. 

 
 

Model details 
In the NET-GP model, the glassy polymer-penetrant phases are considered homogeneous and 
amorphous, and their state is characterized by temperature, pressure and composition, with the 
addition of order parameters accounting for the departure from equilibrium. For isotropic phases the 
specific volume or density of the polymer species, �pol, is chosen as order parameter: the non 
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equilibrium state can thus be accounted for by the difference between actual polymer density �pol 
and its equilibrium value at the given temperature, pressure and mixture composition, �pol

EQ. 
  
The NET-GP model provides a proper extension, to the non equilibrium state, of equilibrium 
equations of state suitable for polymer phases and already available in the literature; all of them 
indicate and define the pure component parameters and mixing rules which are needed.  
The nonequilibrium information is represented by the actual value of polymer density in the glassy 
phase, which must be known from direct experimental data or correlations and cannot be calculated 
from the equilibrium EoS. In particular, for the gaseous phases the polymer mass density 
experimentally detected during sorption normally varies linearly with penetrant pressure so that  the 
following relationship is followed by polymer density of the glass:[7] 
 

( ) ( )0 1ρ ρ= −pol pol swp k p         (1) 
 

The procedure is completely predictive when the swelling coefficient ksw and the binary interaction 
parameter kij are known for the polymer penetrant pair; in the case of non-swelling penetrants the 
binary parameter alone is required, which can be given by its first order approximation (kij =0) [8].  
The predictive ability of the model to evaluate liquid solubility is tested in a straightforward way for 
the cases in which volume swelling is negligible, as it happens e.g. for water solubility in 
hydrophobic polymers. For swelling liquid penetrants one may: i) obtain kij from the vapor 
solubility data in the infinite dilution limit, ksw in the higher pressure range and then calculate liquid 
solubility, although such method relies on Eq.(1) and may underestimate liquid solubility; ii) fit kij 
from vapor solubility data in the low activity range, use it to calculate the solubility of the liquid 
phase, considering volume dilation to obey additivity rule; such method may overestimate solubility 
because in glassy polymers normally the mixing volume is negative; iii) use liquid solubility data 
and volume additivity assumption to retrieve kij and ksw, and check if the same values hold true to 
describe also the vapor solubility.  

 
Results and Discussion 
1) Water sorption in PC and PSf 
For the PC-water pair, the solubility isotherm from the vapor phase is available at 25 °C in the 
activity range 0-0.80 and the liquid solubility at 37.4°C . Application of the NELF model gives a 
good representation of the vapor sorption isotherm with ksw=0 and kij =0.022 (Figure 1a). [9] The 
density of PC sample was taken to be 1.200 g/cm3. The NELF model prediction can be calculated 
up to the pure liquid conditions using the same parameters obtaining good agreement with 
experimental data as shown in Figure 1a.  
For the solubility of water in bisphenol-A polysulfone, detailed experimental data were reported at 
40°C by Schult and Paul for the vapor  and liquid phase. The experimental data for the vapor 
solubility isotherm can be well described by the NELF model with ksw =0 and kij =0.020, Figure 1b, 
obtaining a liquid solubility value deviating by -10% from the experimental value. Conversely, the 
actual liquid solubility may be obtained with kij =0.011, which in turn still describes reasonably well 
also the solubility isotherm for the vapor phase. [9] 
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Figure 1: experimental vapor and liquid water sorption data in a) PC and b) PSf, and 
comparison with NELF model  
 
2) Ethanol sorption in PC  
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Figure 2: Ethanol solubility in Polycarbonate at 30°C and comparison with NELF model. 

 
This case is different as ethanol induces an appreciable volume swelling in the glassy matrix. 
Experimental sorption data are present for both vapor and liquid phases at 30°C. The three different 
fitting procedures outlined above were used to test their validity: procedure  i)  leads to values of kij 
= 0.03 and ksw = 7 MPa-1,  underestimating the liquid solubility by 28%; procedure ii) yields values 
of kij = 0.03 and ksw = 11.0 MPa-1 with a 2.0% deviation from the experimental value, while 
procedure iii) gives  kij = 0.032 and ksw = 10.83 MPa-1 and describes reasonably well also the 
experimental vapor data.   
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Introduction 
According to the latest report of the World Health Organization/United Nations Children’s Fund 
Joint Monitoring Programme for Water Supply and Sanitation, each year 3.3 million people die 
from water-related health problems and over 2.6 billion people are living without access to 
improved sanitation facilities. Considering water shortage as a global and unavoidable matter, the 
option of innovative water production/purification/reuse processes is the only alternative solution in 
future. Apart from the widespread conventional water purification technologies (such as 
desalination and wastewater reuse), the water recovery from the atmosphere and, in particular, from 
the gases produced in many industrial production processes can represent a real new source of 
drinkable water.  
Currently there is no evaporated waste water recovery from industrial processes. There is the 
possibility, in principle, to recover water from flue gas by condensation with plastic heat 
exchangers. However, acid compounds in the flue gas can negatively affect the quality of the 
recovered water. Moreover, a high energy and cooling power demand is required for cooling the 
flue gas stream, or part of it. In the present work, hydrophobic membranes are proposed for the 
recovery of evaporated “waste” water from industrial processes. In the following sections, a 
description of the utilized technology and the results in terms of membrane performance are 
presented.  
 
Membrane condenser technology 
Today, membrane technology is leading to a great deal of attention due to its high reliability and 
modularity, high efficiency and low energy requirements, high separation capacity and lower 
footprint required with respect to the traditional operations. Proof of this is that, nowadays, 
membranes techniques are essential operations to a wide range of applications, including potable 
water production, energy generation, tissue repair, pharmaceutical production, food packaging, and 
the separations needed for the manufacture of chemicals, electronics and a range of other products.  
On the contrary, innovative is the recourse to membrane technology for the separation and recovery 
of water from the gaseous waste industrial streams. Aim of this work is, in fact, to analyse the 
potentials of microporous hydrophobic membranes for the selective recovery of evaporated waste 
water from industrial gases. In particular, the hydrophobic membranes are utilized in a membrane 
condenser (Fig. 1). 
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Fig. 1. Scheme of the membrane condenser process for the recovery of  evaporated “waste” water 
from flue gas as feed.  
 
In this system, the feed (satured industrial gas) is brought into contact with one side (retentate side) 
of a hydrophobic, microporous membrane. The hydrophobic nature of the membrane prevents the 
penetration of the liquid into the pores while the gases pass through the membrane. Therefore, the 
condensation of the water and its consequent recovery occurs in the retentate side, whereas the other 
gases pass through the membrane and are recovered in the permeate side of the membrane. 
 
Membrane module performance – achieved results  
The modelling of the process provides a useful tool to predict membrane module performance. The 
simulations have been carried out considering flue gas as feed (Table 1) and analysing the effect of 
such important variables like temperature and relative humidity (RH). 
 

Table 1. Feed (flue gas) characteristics. 
Flue gas composition 

N2 71.8 vol% 
CO2 13.6 vol% 
O2 3.4 vol% 
NOx 150-300 vppm 
SO2 50-100 vppm 
HCl/HF 1-7.00 vppm 
Pressure 1 atm 

20% < RH < 100% 
50°C < T < 90°C 

 
 
Figure 2 shows the amount of water that can be recovered from a flue gas with the composition 
reported in Table 1, temperature equal to 50°C and RH ranging from 70% to 100%; Figure 3 the 
amount of recovered water vs temperature reduction for a flue gas with RH equal to 100% and 
temperature ranging from 50°C to 90°C. 
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Fig. 2. Amount of recovered water vs temperature reduction for the flue gas with 70% < RHfeed < 
100%, Tfeed=50°C. 
 

 
Fig. 3. Amount of recovered water vs temperature reduction for the flue gas with 50°C < T < 90°C, 
RHfeed is constant and equal to 100%. 
 
The achieved results indicate that, as expected, the composition (RH) and the temperature of the 
inlet flue gas influence the amount of recovered water. However, considering flue gas with a 
temperature of 50°C and 92% < RH < 100% (i.e., the conditions of common flue gases), 
temperature reductions of only 3.5-5°C are sufficient to achieve a 20% water recovery. 
 
Conclusions 
The potentialities of membrane technology for the separation and recovery of evaporated “waste” 
water from industrial processes have been presented in this work. The obtained water can represent 
a new source of water. Moreover, due to the fact that power generation is a water consuming 
technology, the recovery of 20% of the evaporated water would be enough to make the plant self 

RH 
T=50°C

T 
RH=100%
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sufficient. The proposed membrane technology uses hydrophobic membranes in membrane 
condenser configuration. In this system, water condensation and recovery occurs in the retentate 
side of the membrane module, whereas the dehydrated feed is recovered from the permeate side of 
the membrane. The carried out simulations have allowed to predict membrane module performance 
in terms of amount of recovered water, in dependence of the effect of temperature and relative 
humidity of the inlet flue gas. The achieved results are encouraging because indicate that a 20% 
water recovery can be achieved from flue gas in standard conditions (i.e., temperature equal to 50°C 
and  92% < RH < 100%) with temperature reductions of only 3.5-5°C. 
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Introduction 
Membrane module performance often depends significantly on the hydrodynamic  conditions and 
fluid characteristics of the feed phase: in some cases also of the permeate phase. Not only the 
membrane resistance, but also diffusional resistances and mixing phenomena in the fluid phase 
contribute significantly to the overall resistance of the membrane module. Also the resilience 
against fouling can be strongly influenced by fluid flow conditions. In membrane module design, 
the spacer material keeping the membranes apart from each other is an important tool to affect the 
fluid dynamics. 
New developments on fluid flow control in membrane feed channels focus on: 

1. Understanding biofouling as a function of spacer geometry 
2. Cleaning of fouled spacers by gas/liquid flow 
3. Designing new spacer geometries with improved mixing properties 
4. Production of membranes with integrated spacers (membrane-con-spacer) 

 
Understanding biofouling as a function of spacer geometry1 
The formation of a biofilm on membranes with micro-obstacles as structures has been studied. 
These structured membranes showed growth of the biofilm upstream of the structures regardless of 
their orientation relative to the flow direction. A typical net shaped spacer was fouled under similar 
experimental conditions as a benchmark to observe the fouling locations. The spacer junctions 
showed similar biofilm formation as the structured membranes with the biomass accumulating 
upstream. 2D CFD simulations were used to determine the flow profile around structures of 
different shapes as well as the local surface shear rates on the walls of these structures. The flow 
profiles showed recirculation zones behind star and circular shaped geometries. The local shear 
forces showed a minimum downstream of the structures with the maximum shear rate observed 
along the sides of the structures. These observations contrast earlier findings where deposition and 
biofilm formation occurs downstream of the obstacles. 
 

 
 
Figure 1. Velocity fields around structures with flow from bottom to top showing zones of low 
velocity downstream of the structures. 
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Figure 2. Images of fouled structured membranes (feed flow from right to left in all cases) showing 
biofouling as dark areas attached to micro-obstacles (white shapes). 
 
Cleaning of fouled spacers by gas/liquid flow2,3   
Gas/Liquid flow is a means to prevent biofouling and scaling in hollow fibers and tubular 
membranes. Little is known for the case of bubbles flowing in spacer filled channels. The 
presentation demonstrates that the flow of bubbles in feed channels prevents biofouling. A method 
is presented to quantify the hydrodynamics of bubbles for various spacers, liquid and gas velocities. 
The bubble size at a given Reynolds number is similar for six spacers under investigation. At low 
liquid velocities (<0.15 m/s) the bubbles are elongated in the direction of flow. With increasing 
liquid velocity, bubble sizes become smaller and the bubbles are more spherical. The bubble 
diameter remains large enough to be in contact with both walls, which is required for efficient 
fouling reduction. The membrane area coverage of bubbles from a single source shows a maximum 
at intermediate liquid velocities: at low velocity the bubbles follow a single path dictated by spacer 
geometry and presence of stagnant bubbles; at high speeds the bubbles follow a straight path from 
the inlet to the outlet. At intermediate speeds, less stagnant bubbles are present and the moving 
bubbles deviate from the single path followed at low liquid velocities, which increases the 
membrane area coverage. 
 

 
 
Figure 3. Bubble distribution at different liquid flow rates (a) vL = 0.1 m/s, (b) vL = 0.4 m/s and (c) 
vL = 0.7 m/s (vG = 0.03 m/s, spacer D). 
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Figure 4. Contour lines of growing bubbles on spacer filament with different dark lines 
representing evolution in time (dashed lines indicate spacer filaments). 
 
As a second subtopic the presentation describes a novel cleaning method to be used in the 
restoration of membrane module performance. The method described here involves the use of water 
saturated with dissolved CO2 at higher pressures and rinsing of the fouled membrane/ spacer 
channel at a lower pressure. Due to depressurization, bubbles nucleate at spacer filaments and 
improve the cleaning efficacy significantly. The study compared the cleaning efficacy of three 
methods in the removal of fouling from a membrane/spacer channel; water rinsing, water/N2 
sparging, and water/CO2 (dissolved) nucleation. Using water rinsing, 40% of the fouling on the 
spacer-filled channel could be removed; a water/ N2 mixture removed 85% of the fouling. With the 
dissolved water/CO2, there was complete removal of the fouling (all measured as restoration of the 
hydraulic resistance of the clean channels). Such an efficient tool to recover the performance of 
severely fouled desalination membrane modules could replace or reduce today’s expensive, 
sensitive, and chemically intensive cleaning processes. 
 
New Spacer Geometries 
The new structured membrane spacer, which is schematically shown in Fig. 5, consists of two 
layers of twisted, double-helix form filaments. The filaments are oriented parallel to the main 
direction of flow. Filaments within one layer have similar twist orientation (either left- or right- 
twisted), but contrary twist to the filaments in the second layer. This leads to an overall geometry 
where the two layers partly fit into each other leading to a stable layer structure. 
 

 
Figure 5. Left: single filament, Middle: single layer of twisted filaments, Right: double layer design 
 
The use of the new membrane spacer type developed in this work results in strong increase in 
critical flux. In both systems investigated, i.e. filtration of model foulant suspension as well as 
filtration of digestate, at least an increase in critical flux by a factor of 2 was found. The 
significantly reduced fouling rate observed in the TMP experiments further showed that by 
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application of the new structured membrane spacers the system could be operated at significantly 
reduced aeration rates. 
 
Membranes with integrated spacers4 
Turbulence promoting spacers placed in between the membranes can reduce the diffusional 
resistance of concentration polarization by inducing additional mixing. Electrodialysis (ED) used 
for desalination suffers from con-centration polarization in particular. Using spacers there leads to 
higher cell resistance, and therefore to higher power consumption, because of the induction of the 
spacer shadow effect: ions do not migrate in areas where the spacer is located. The use of ion-
conductive spacers can reduce this spacer shadow effect, however the spacers are still rather thick 
and the cell resistance stays high. Membranes with integrated spacers potentially overcome the 
disadvantages of thick spacers while keeping the beneficial effect of turbulence promotion. 
The presentation presents the preparation and characterization of a novel cation exchange 
membrane where the spacer is formed directly on the membrane surface and is hence integral part 
of the membrane. This membrane with integrated spacer is formed by surface patterning of a drying 
polymer solution in contact with a regular membrane spacer where capillary forces pull the solution 
towards the spacer strands where they solidify. Peeling of the original spacer leaves the membrane 
with the spacer topology integrated in its surface. Characterization of this novel membrane in an ED 
process improves process hydrodynamics while avoiding the resistance increase corresponding to 
the shadow effect of a non-conductive spacer. Having a spacer directly on the membrane surface 
has also the advantage of a much simpler membrane module assembly since the spacer becomes 
superfluous. 

 
 
Figure 6. (a) Illustration of the capillary force induced spacer replication. (b) Representation of the 
spacer structure (the spacer height is 1.1 mm) used for the preparation of a membrane with 
integrated spacer. (c) Photos of a membrane with integrated spacer, showing the surface structure 
including zoom into two different membrane parts. 
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Introduction 
In the process of desalination by membrane distillation (MD), pure water vapor is recovered 
from hot brine passing on one side of a porous hydrophobic membrane whose pores should 
remain gas-filled. In the direct-contact variety of MD called DCMD, cold distillate flowing on 
the other side of the membrane condenses the water vapor coming through the pores. The cold 
distillate gets heated up. This heat is recycled to heat the cooled/spent brine from the DCMD unit in 
a heat exchanger for further desalination. Some heat from the hot brine is transferred by 
conduction through the membrane to the cold distillate reducing the process thermal efficiency: 
less water evaporation takes place. Further unless the heat transfer coefficient is high in the brine 
around the membrane, there is significant temperature drop which reduces the temperature of the 
brine in contact with membrane pore leading to lower water vapor flux (temperature polarization). 
In addition, there is considerable evidence in the literature that scales/deposits etc. lead to pore 
wetting and brine leakage into the distillate. We have substantially overcome these problems via 
novel membranes, novel membrane modules and flow patterns. 

Considerable amount of work has been carried out throughout the world on the DCMD 
process [1]. Extensive work has also been carried out in our laboratory to characterize and scale 
up the DCMD process [2,3,4] using a novel coated hollow fiber membrane housed in a rectangular 
cross-flow module as well as develop its cost estimates [5] for desalination and the footprint. The 
porous hollow fiber substrate was of polypropylene (wall thickness, 150 um; fiber I.D., 330 um). 
The outside surface had a highly porous plasmapolymerized coating of fluorosilicone. The water 
fluxes achieved were quite high. The membrane performance was stable [4]. Reference 4 
describes highly encouraging results from pilot plant studies at around 
1gpm level of distilled water production using larger modules. Extensive studies with brines 
having highly supersaturated solutions of CaSO4 and/or CaCO3 have demonstrated excellent 
scaling resistance [6,7,8] of our porous fluorosilicone coated polypropylene hollow fiber-based 
rectangular cross-flow DCMD modules and a countercurrent cascade of modules [9] in DCMD. 
Vacuum membrane distillation [10] was also successfully carried out using same type of membrane 
modules. If there is low-cost steam and the cost of the membrane module and the heat exchanger 
module are comparable to those of reverse osmosis (RO), the technology appears competitive 
with RO [5]. Further it can be used to concentrate the brine easily to 20%+ salt [4] and therefore 
reduce drastically the cost of brine disposal in inland desalination. Brines having anti-scalants 
e.g., RO concentrates, do not pose any special problem to the membrane in terms of wetting [8]. If 
waste heat or solar heat sources are available, then the economics gets even better. 
There are a number of topics in DCMD that we have not addressed so far. These include: Feed 
temperature and pressure ranges; presence of organics; concentration cascades etc. We will briefly 
deliberate here on some of these topics. Desalination via DCMD is usually carried out at around 
atmospheric pressure and the brine temperature varies between 35 to around 930C. However there 
are saline water sources at 1000C plus and above atmospheric pressure. DCMD- based 
desalination of such waters would be of interest. Polypropylene-based membranes are unsuitable 
for such feed conditions. 



 
52 

 

 
Results and Discussion 
A high temperature flow loop was developed that can handle as much as 140°C and above 
atmospheric pressures. Studies were carried out with porous PTFE membranes at temperatures 
up to 130°C and 3 atmospheres gauge. Desalination of saline water containing 10000 ppm salt 
was carried out successfully without any salt leakage. Water vapor fluxes as high as 190 LMH 
was achieved at 130°C [11]. Such a process is advantageous compared to processes where the 
process flowsheet suggests first cooling down the brine and then utilizing RO to achieve 
desalination. High temperature DCMD can use the inherent thermal energy in the hot brine for 
separation. 
Consider a conventional DCMD process where the hot brine may be coming at 90°C and may 
leave at 35°C. The drop in the sensible heat of the brine for a temperature drop of 55°C can at the 
most lead to the evaporation of about 7-8% of the water in the feed brine. If we want to 
concentrate this brine much further, we have two options. We can adopt a batch recirculation 
method or we can develop a concentration cascade where the concentrated brine from one step 
goes to the next step for further concentration. We have carried out studies to these ends 
experimentally and theoretically. 
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Introduction 
In a recent paper, we presented a new concept of an ambient pressure, membrane-based absorption 
heat pump (MemHP) [1]. A membrane absorption heat pump uses absorbent (liquid dessicants) and 
refrigerant (water) flows separated by an air gap between two microporous membranes to create 
temperature gradients (aka temperature lifts) used for heating or cooling. The low activity of the 
solution results in a net flux of water vapor across the air gap, which heats the solution stream and 
cools the water stream, creating a temperature lift. In general, coupled heat and mass transfer of 
water between aqueous solutions is an intrinsic aspect to a number of membrane applications such 
as membrane distillation, osmotic drying, and several possible heating, ventilation, and cooling 
designs. 
A numerical, finite difference model of the MemHP was partially validated with experiments on 
three small-scale prototypes [2], but the broad applicability of the assumptions used in this model to 
larger scale designs was unclear. A design approach is required for this (and related) process(es) to 
help in scale up and verification of the applicability of the model for a range of designs. For 
example, membrane distillation is similar to this heat pump process—in fact, the processes are 
governed by the same physics and transport phenomena—and thus the models are very similar. 
There are several studies on membrane distillation discussing the effect of various operating 
parameters (e.g., flow rate, temperature, osmotic agent concentration) on the flux and energy 
efficiency of the process. There are also papers discussing the effect of the design parameters 
(membrane properties, air-gap width) [3, 4]. However, these studies have not addressed the general 
model applicability. Some studies have looked at the accuracy of the membrane transport 
coefficients for both mass transfer  and heat transfer [5 - 12]. However, the focus was on accuracy 
rather than its relative importance in predicting the overall heat and mass fluxes for a specific 
design, which depend on more than just the membrane. 
We have completed a more detailed design analysis of the MemHP to determine the applicability of 
the commonly-used correlations for the transport coefficients over a range of design dimensions, 
membrane properties, and geometric forms. This will also serve as the basis for suggesting their 
more general applicability in the design of all coupled heat and mass transfer devices using 
membranes. We focused on including radiation and natural convection in an air gap; modeling the 
thermal conductivity of the membrane; and the appropriateness of the Nusselt (Nu) and Sherwood 
(Sh) number correlations for the boundary layers. First, we performed a sensitivity analysis to 
determines which transport coefficients are most important for accurately predicting the overall heat 
and mass fluxes. Second, a detailed scaling analysis of the governing equations for each transport 
coefficient has been been  done to verify that all relevant transport phenomena are accounted for 
when using different module designs. We also present our view of a selectivity-productivity 
tradeoff that exists for all coupled heat and mass transfer devices. 
 
Theory 
The schematic membrane heat pump process is shown in Figure 1. 
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The goal of the membrane heat pump design is to 
maximize the ratio of latent to sensible energy transfer. 
But there is a tradeoff between this ratio and the initial 
cost and size of the device. This tradeoff is characterized 
with a productivity-selectivity plot, similar to a plot used 
for other membrane separation processes. The key 
parameters to know are the overall mass transfer 
coefficient and the overall heat transfer coefficient. 
These control the overall latent and sensible energy 
fluxes between the two fluid streams: 
′′qlatent = KHv∆pv  
′′qsensible =U∆T , 

where K and U are the overall mass and heat transfer 
coefficients, Hv is the enthalpy of water vapor, and ∆pv 
and ∆T the vapor pressure and temperature differences 

between the two fluid streams. 

 
&m1∆h = ′′qlatent + ′′qsensible( )A  

 
&m2∆h = − ′′qlatent + ′′qsensible( )A  

The ratio of the latent and sensible heat fluxes is important for designing heat pump devices: 

Π1 =
KHv∆pv

U∆T
=αselectivity

∆pv

∆T
.  [1] 

thus, we define the selectivity of the system as: 

αselectivity =
KHv

U
. 

It is an good indicator of the overall temperature lift of the membrane heat pump for a certain 
vapor-pressure driving force. The numerator of this equation [1] is the productivity (KHv), which is 
a good indicator of the size of the device (size is inversely proportional to the productivity). These 
two metrics can be compared on a productivity-selectivity plot, with optimal designs giving high 
productivity and high selectivity. 
The two transport coefficients in the selectivity relationship (K and U) are the series addition of 
each resistance between the two flows. The equations for the transport coefficients of each region 
are listed in Table 1.  
Our studies have included determining the overall sensitivity of the temperature lift (�T), which is 

the main design figure-of-merit for a heat pump, to each of main variables that influence the 
combined mass and heat transfer. Our sensitivity analysis is centered around our base case of 
temperatures, fluid properties, and membrane properties, as elucidated in Woods et al.[2]. We 
perform our analysis by using propagation of uncertainties on the transport coefficients (see  

Table 2) and then looking at how their contribution to the overall uncertainty in the �T changes 
with design parameters (see Table 3). 
The sensitivity analysis is expressed as: 

S∆T-xi
=

∂∆T
∂xi

xi

⎛

⎝
⎜

⎞

⎠
⎟

2

∂∆T
∂xi

xi

⎛

⎝
⎜

⎞

⎠
⎟

2

xi

∑
. 

Beyond the sensitivity of the overall analysis, to the calculated values of the transport coefficients, 
is the question of the appropriateness of these correlations. We have examined this question by a 

 
Figure 1: Schematic of heat pump 
process, showing cross section of 
both liquid flows and the air gap. 
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combination of scaling analysis and CFD simulations. With these results we can determine the 
design situations wherein the assumptions that underlie the correlations may no longer be 
completely valid. 
 
Table 1: Summary of heat and mass transport coefficients. 

Mass transport coefficients 

Membrane Kmem =
Mw

RT

1

δmem

ε
τ

3

dp

πMw

8RT
+

pa,LM

pD12

⎡

⎣
⎢
⎢

⎤

⎦
⎥
⎥

−1

 

Air gap1 Kgap =
M1

RT

p

pa,LM

D12

dgap,eff

 

Boundary layers Sh = 7.9+ 0.245exp
−200

GzM

⎛

⎝
⎜

⎞

⎠
⎟GzM

1
2  

Heat transport coefficients 

Membrane  
 

( )( )polymergmem 1 λελελ −+=  (parallel) 

λmem =
ε
λg

+
1−ε( )
λpolymer

⎡

⎣
⎢
⎢

⎤

⎦
⎥
⎥

−1

 (series) 

λmem = λ polymer
1−ε λg

ε  (geometric mean) 

Air gap1 hgap =
λg

dgap,eff

+
σ SBF1−2

2 εrad −1
T1

2 +T2
2( ) T1 +T2( )  

Boundary layers Nu = 7.9+ 0.245exp
−200

GzT

⎛

⎝
⎜

⎞

⎠
⎟GzT

1
2  

1 For flat sheets: dgap,eff = air-gap width, F1-2 = 1 
 
Table 2: Transport coefficient parameters for sensitivity analysis 

Transport coefficient Symbol 
effective membrane diffusivity Dmem 
effective membrane thermal conductivity kmem 
effective gap thickness dgap,eff 
Radiation view factor for the air gap F12 
Boundary-layer Sherwood number Sh 
Boundary-layer Nusselt number Nu 

 
Table 3: Design parameters 

Design parameter Symbol 
Effective membrane diffusivity Dmem 
Membrane thickness dmem 
Air-gap thickness dgap 
Hydraulic diameter dh 
Temperature Tavg 
Absorbent mass fraction ws 
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Results 
We illustrate a result of our design trade-off methodology in Figure 2. In this analysis the 
membrane is specifically the one in our base case [2] and the results would change by choosing 
another membrane. The effects of changes in membrane parameters are examined in our full study. 
In Figure 2 the selectivity-productivity tradeoff (equation 1) is calculated for a membrane with a 
wall thickness of 100 µm. The lines for the air gap design are the locus of values for varying the gap 
space. When the gap becomes too great, radiative heat transfer becomes more significant and the 
selectivity decreases. The sensitivity to the membrane conductivity model is shown for the single 
membrane design. Note, that in the sungle membrane design making the membrane thinner 
increases the productivity, but does not change the selectivity. 
 

 
Figure 2. Selectivity-productivity trase-off for 
designs with and without an air gap. 
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Figure 3: Fraction of sensitivity from each 
transport coefficient for different hydraulic 
diameters. This is a "stacked plot" where the 
spaces between the lines indicate that item's 
fraction. 

 
We illustrate the results of sensitivity of �T to the dh (aka flow channel dimension) in Figure 3. As 
expected, larger hydraulic diameters increase the importance of the Nu and Sh numbers, although 
the Nu number is still relatively unimportant even for large-diameter channels. The fraction of the 
sensitivity accounted for by the Sh number increases to over 35% for diameters over 10 mm, but 
these are unlikely to be used in any heat-pump designs. Simple developing flow correlations 
adequately predict the Sh number but due to the sensitivity of our figure-of-merit to this parameter 
we need to examine when these correlations are appropriate. 
 
Conclusions 
This work studied the applicability of the transport coefficients of a previous membrane heat pump 
model to different design dimensions. The scaling analysis on the transport coefficients led to the 
following conclusions: 
• The effective diffusivity of water in the membrane is the most important parameter for 

predicting heat pump performance, but is difficult to predict and varies widely from one 
membrane to the next. It is necessary to characterize the membrane parameters or measure the 
diffusivity directly to have high confidence in numerical modeling results. 

• The membrane thermal conductivity is less important. It is only important for very thick 
membranes or for designs with small or no air gaps. This makes it unimportant for the heat 
pump design, but still important for direct-contact membrane distillation and osmotic 
distillation. 
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• Radiation should not be neglected. It becomes particularly important for large air gaps relative 
to the membrane thickness and at higher operating temperatures. Radiation requires air gaps 
smaller than ~2 mm such that radiation does not reduce selectivity. 

• The Nusselt and Sherwood numbers are the least important parameters except for larger 
hydraulic diameters. 

Detailed analyses of the governing equations for the transport coefficients showed that the 
membrane diffusivity is still the most uncertain parameter without experimentally measuring the 
membrane parameters or the diffusivity directly. Analysis of the air gap showed that it is 
inappropriate to model air gaps larger than around 5 mm, as significant natural convection can 
occur for these dimensions. However, air gaps larger than ~2 mm will not be used in the design, as 
larger air gaps hurt performance and the air-gap size can remain the same as the module is scaled 
up. However, larger-scale modules may require larger channels to limit the pressure drop due to 
friction. There is a possibility for natural convection to develop in the salt-solution flow as channel 
size increases. A new Sherwood number correlation should be developed to adequately model 
channel thicknesses larger than 2 mm (hydraulic diameter 4 mm). 
 
References 
[1] J. Woods, J. Pellegrino, E. Kozubal, S. Slayzak and J. Burch, Modeling of a membrane-
based absorption heat pump, Journal of Membrane Science, 337 (2009) 113-124. 
[2] J. Woods, J. Pellegrino, E. Kozubal and J. Burch, Design and experimental characterization 
of a membrane-based absorption heat pump, Journal of Membrane Science, 378 (2011) 85-94. 
[3] M. Khayet, J. I. Mengual and T. Matsuura, Porous hydrophobic/hydrophilic composite 
membranes - Application in desalination using direct contact membrane distillation, Journal of 
Membrane Science, 252 (2005) 101-113. 
[4] L. Martinez and J. M. Rodriguez-Maroto, Characterization of membrane distillation 
modules and analysis of mass flux enhancement by channel spacers, Journal of Membrane Science, 
274 (2006) 123-137. 
[5] E. Drioli, A. Criscuoli and E. Curcio, Membrane distillation and osmotic distillation, 
Membrane Contactors: Fundamentals, Applications, and potentialities, Elsevier, New York, 2006, 
pp. 186-253. 
[6] D. W. Johnson, C. Yavuzturk and J. Pruis, Analysis of heat and mass transfer phenomena in 
hollow fiber membranes used for evaporative cooling, Journal of Membrane Science, 227 (2003) 
159-171. 
[7] E. Curcio and E. Drioli, Membrane distillation and related operations - A review, Separation 
and Purification Reviews, 34 (2005) 35-86. 
[8] K. W. Lawson and D. R. Lloyd, Membrane distillation, Journal of Membrane Science, 124 
(1997) 1-25. 
[9] M. C. Garcia-Payo and M. A. Izquierdo-Gil, Thermal resistance technique for measuring the 
thermal conductivity of thin microporous membranes, Journal of Physics D-Applied Physics, 37 
(2004) 3008-3016. 
[10] L. Z. Zhang, Heat and mass transfer in a cross-flow membrane-based enthalpy exchanger 
under naturally formed boundary conditions, International Journal of Heat and Mass Transfer, 50 
(2007) 151-162. 
[11] V. D. Alves and I. M. Coelhoso, Study of mass and heat transfer in the osmotic evaporation 
process using hollow fibre membrane contactors, Journal of Membrane Science, 289 (2007) 249-
257. 
[12] F. A. Banat, F. A. Abu Al-Rub, R. Jumah and M. Al-Shannag, Modeling of desalination 
using tubular direct contact membrane distillation modules, Separation Science and Technology, 34 
(1999) 2191-2206. 



 
58 

 

Siral wound modules for membrane distillation:modelling, validation 
and module optimization 

 
D.Winter1,*, J.Koschikowski1, D.Duever1 

1 Fraunhofer Institut for Solar Energy Systems (ISE), Heidenhofstrasse 2, 79110 Freiburg, Germany 
(daniel.winter@ise.fraunhofer.de) 

 
Introduction 
Approximately 1 billion people live in poor infrastructure without electricity or access to clean 
water. High solar irradiation is characteristic in the arid and semi arid zones that are highly affected 
by water scarcity. Therefore in todays research the adaption of existing water treatment technologies 
to a solar energy source or the development of new applicable processes gain importance. 
The Fraunhofer Institute for Solar Energy Systems (ISE) has been working on the development of 
energy self sufficient desalination systems based on solar driven MD technology since 2001. The 
focus is put on module and system development. Two different system configurations have been 
developed and installed in different countries for demonstration purposes [1]. 
 
Module technology 
This work focuses on permeate gap membrane distillation (PGMD), which in an enhancement of 
DCMD. A third channel is introduced by an additional non-permeable foil. Figure 1 shows the 
PGMD channel arrangement. 

 
figure 4: basic channel arrangement and temperature profile for PGMD 

 
One significant advantage of this arrangement is the separation of the distillate from the coolant. 
Therefore the coolant can be any other liquid, such as cold feed water. In module development this 
opens the opportunity to integrate an efficient heat recovery system. 
 
 

 
 

figure 5: principle channel arrangement of a spiral wound PGMD module 
 
Figure 2 shows the channel arrangement for a PGMD module. Cold feed water enters the condenser 
channel and gains heat to approximately 73°C by internal heat recovery. An external heat source 
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(e.g. solar collector) heats the feed water up to 80°C. The hot feed water flows through the 
evaporator channel in counter current direction and exits the module with 27°C at the evaporator 
outlet. An almost constant temperature difference is established throughout the entire membrane 
surface area comparable with the temperature profile in a counter current flow heat exchanger. 
Water vapour passes through the membrane and condenses in the distillate channel. The latent and 
sensible heat is transferred through the condenser foil to preheat the feed water in the condenser 
channel. Pure distillate exits the module at the distillate outlet. The PGMD channel arrangement is 
transferred into a compact spiral package. This module concept goes back to a patent of W.L.Gore from 
1985 [2]. 
Many full scale spiral wound modules have been fabricated and characterised at Fraunhofer ISE. 
The total Membrane area is 5 to 15m2. A fully automated performance test facility allows module 
characterisation using reproducible and standardized operation conditions. The total output rate and 
the specific energy consumption of the prototype spiral wound modules is determined. More 
detailed information on modules, characterisation procedure and performance characteristics can be 
found in [3]. 
Modelling 
A detailed physical single node model has been developed for the calculation of local flux in PGMD 
configurations. Since heat and mass transfer are strongly coupled, an iterative algorithm is used to 
result in values for the local flux. Proper model parameters have been identified by using 
experimental results from a flat sheet membrane test cell.  

 
figure 6: flat sheet membrane test cell / tracer experiment for the studies of hydrodynamics 

 
With the test cell system any specific operation condition regarding channel and spacer geometry, 
flow rate, temperature or feed water salinity can precisely be adjusted. The most important 
parameters for identification are heat transfer coefficients to the liquid-vapour interface as well as 
the membrane permeability and thermal conductivity coefficients. Especially for the PGMD 
process, the influence of the permeate gap geometry has been analyzed and modelled as well. A 
single node model has been validated with a wide variation of test cell experiments. 
In order to simulate full scale spiral wound MD-modules with the model a multi node model has 
been developed. The channel structure has to be discretized in multiple nodes such that uniform 
conditions are valid for each node. Local heat and mass transfer can be analyzed. The nodes are 
linked according to the first law of thermodynamics which states the conservation of mass and 
energy. Therefore the output conditions of node (i) have to define the input conditions of node (i+1). 
Figure shows a schematic of the multi node model. 
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figure 7: schematic of the multi-node model 
 
Results 
Figure 5 shows a simulation result for a MD-spiral wound module. Local temperature distribution 
of condenser Tc and evaporator Te bulk streams and local fluxes mdist can be seen. 
 

 
figure 8: distribution of operation conditions along the module channels according to PGMD model 

 
Figures 6-8 show simulation results and experimental results for the total flux produced in a spiral 
wound module. Important operation conditions such as feed flow rate and feed water salinity as 
well as module geometry parameters have been varied.  

 
figure 9: model validation: variation of feed flow rate 
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figure 10: model validation: variation of feed water salinity 

 

 
figure 11: model validation: variation of channel length 

 
 
The experimental results already published in [3] show a good accordance with the simulation. At 
this stage the validated model allows computer aided module optimization. 
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1. Introduction 
Membrane distillation (MD) is a membrane-based separation process, for which the driving force of 
separation is a vapour pressure difference across the membrane. The vapour pressure difference 
arises because of either a temperature difference across the membrane or a reduced vapour pressure 
on one side of the membrane. In comparison with other desalination processes, the path length of 
the vapour phase in MD is approximately the membrane thickness (~100 µm), which is much 
smaller than that of other thermal desalination processes such as Multiple Stage Flash (MSF). MD 
can also be used to treat high concentration or supersaturated solutions, because its driving force is 
not as sensitive to concentration as is the case for Reverse Osmosis (RO). The capability of utilising 
low grade heat makes it possible to combine with power stations, chemical plants or other industries 
in which waste heat is available to produce high purity water with waste energy. 

A MD model was developed to predict MD performance at various flowrates, temperatures, 
pressures and module designs.  Both flux and energy efficiency were predicted for flat sheet 
membranes, enabling MD processes to be designed for specific industrial reuse applications where 
available waste heat varies in grade and quantity.   
 
2. Modelling 
A model for flat sheet direct contact membrane distillation was developed as described in [1, 2, 3].  
The model was verified at different temperatures, velocities, and different membrane lengths. The 
maximum error was less 15% in both counter-current and co-current DCMD, so the model was 
acceptable for predicting the flux and evaporation ratio for DCMD. 
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Fig. 1 Evaporation ratio at different feed inlet temperature (both stream velocities=0.11 m/s, cold 
inlet temperature=20°C) 
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Fig. 2 Evaporation ratio at different stream velocities (hot velocity =cold velocity, hot inlet 

temperature=60°C, cold inlet temperature = 20°C) 
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Fig. 3 Evaporation ratio at different permeate inlet temperatures (both stream velocities=0.11 m/s, 
feed inlet temperature=60°C) 
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Fig. 4 Evaporation ratio at different feed stream velocities (cold velocity=0.11 m/s, hot inlet 
temperature=60°C, cold inlet temperature=20°C) 
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Fig. 5 Evaporation ratio at different cold stream velocities (hot velocity=0.11 m/s, hot inlet 
temperature=60°C, cold inlet temperature=20°C) 
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Additional results for a modified DCMD model that incorporates the effect of permeate mass of the 
DCMD performance will be presented at the conference.  Less lead to reduced errors of 
approximately 5% c.f. 15%.  Additionally, the effect of pressure on the performance of a 
compressible membrane will also be presented.  
 
3. Conclusion 

• Higher feed inlet temperature can improve both the evaporation ratio and flux, 
• Increasing velocities of both sides simultaneously will not change the evaporation ratio, but 

will increase the flux, 
• Increasing the permeate temperature can increase the evaporation ratio, but dramatically 

reduce the flux, 
• Increasing the feed stream velocity (keep permeate velocity constant) can greatly increase 

the flux and slightly increase the evaporation ratio, and 
• Increasing the permeate stream velocity (keep feed velocity constant) can greatly increase 

the flux, but slightly decrease the evaporation ratio. 
• Results from compressible membrane studies will also be presented. 
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Introduction 
The presence of water contaminated by arsenic is becoming today a concern for many Countries in 
the World. Based on EPA directives, the maximum content of arsenic allowed in water is 10 ppb 
and, therefore, the development of technologies able to reach this target is of high interest. Existing 
ones are usually high efficient in treating waters containing As(V), and require a pre-oxidation step 
to convert As(III) into As(V). In this work, the potentialities of Vacuum Membrane Distillation 
(VMD) for treating water containing arsenic, both in the trivalent and pentavalent form, are 
analyzed, with the aim of producing a purified permeate working at low feed temperatures (20°C-
40°C). The choice of considering a low temperature range is linked to the idea of a possible 
implementation of the technology in poor Countries (like Bangladesh), where it is important to 
work with low energy consumptions and the sunny periods (for using solar energy) are limited.  
 
Experimental 
Four different flat commercial microporous hydrophobic membranes are tested and their 
performance compared to that of polypropylene capillary membranes. All modules have a 
membrane area of 180 cm2. For flat membranes, cross-flow (circular cell) and longitudinal flow 
(rectangular cell) configurations are investigated, whereas longitudinal flow is studied for the 
capillary module (Figures 1-3). 
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Fig. 1. Feed path inside the circular cell            Fig. 2. Feed path inside the rectangular cell 
 
 
 
 
 
 

 
 
 
 
Fig. 3. Feed path inside the capillary module 
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Experimental tests are carried out varying the arsenic concentration, the arsenic form (trivalent or 
pentavalent), the type of water, the operating temperatures and flow-rates. The vacuum pressure is 
fixed at 40 mbar. 
 
Results and Discussion 
As a general trend, the trans-membrane flux is strongly affected by the feed temperature and does 
not depend on the arsenic content nor the arsenic form. The feed flow rate has only a marginal 
effect and no variations are registered when tap water, instead of distilled water, is used for 
preparing the arsenic feed, as it is shown in Figure 4.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

 
Fig .4. Trend of the permeate flux with temperature for different arsenic feeds  
 
In all cases, arsenic is not detected in the produced permeates analysed by ICP-OES. The flat 
circular configuration and the capillary module lead to higher fluxes than the rectangular 
configuration. The highest flux is obtained with the circular configuration (it ranges between 3 and 
12 kg/m2h at 20°C and 40°C, respectively).  
 
 
Conclusions 
The study made confirms the potentialities of VMD for recovering purified water from arsenic 
polluted feeds. Acceptable trans-membrane fluxes are, in fact, obtained, even in the low feed 
temperature range investigated, and neither As(III) nor As(V) are detected in the produced 
permeates. The use of the technique will, therefore, avoid the need of the pre-oxidation step to 
convert As(III) into As(V), with a consequent reduction of the chemical consumption associated and 
of the plant complexity. 
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Introduction 
Since 2002 the Department of Energy Technology at KTH has collaborated with Scarab 
Development AB and its subsidiaries in the field of air gap membrane distillation (AGMD) in a 
variety of applications for water purification and desalination. Initial work focused on industrial 
applications of AGMD in the semiconductor industry [1] and in thermal cogeneration [2]. System 
integration aspects, in particular use of low-grade heat and recycling of rejected heat, were key 
elements of these investigations, along with demonstration activities; for instance the thermal 
cogeneration application included field trials of a 5-module AGMD pilot plant (1-2 m3/day 
capacity), with city water and flue gas condensate as feedstocks. Solar-driven multistage AGMD 
desalination was investigated at the Plataforma Solar de Almeria in the context of the MEDESOL 
project [3].  
This extended abstract briefly presents some recent and upcoming research initiatives focusing on 
AGMD modules in two nominal capacity ranges: 20-40 L/hr; and 1-2 L/hr. 
 
Results and Discussion 
20-40 L/hr range 
Scarab’s semi-commercial AGMD module has been thoroughly characterized experimentally, all 
within the framework of PhD research conducted by Alaa Kullab, who will be defending his work 
in Fall 2011. Improved design features have also been tested. These improvements include reducing 
thermal short circuiting and enhancing fluid flow characteristics in feedstock and coolant sides via 
selection of appropriate meshes. Both yield and thermal efficiency benefitted only marginally with 
these improvements, but pressure drop was found to be reduced by a factor or four or more.  
 
1-2 L/hr range 
Experiments have been conducted on HVR AB’s AGMD prototype (membrane area 0.2 m2) in 
order to investigate the performance of three different PTFE membranes with various backing 
materials. SEM microscopy and air permeability measurements were employed to interpret results. 
Table 1 contains membrane characteristics and measured Gurley data for membrane/backing 
combinations, and Figure 1 shows yield as a function of temperature. (Experimental methods, SEM 
micrographs, and other information can be found in Baaklini [4].) 
 

 



 
68 

 

 
Table 1: Membrane characteristics and Gurley measurements [4] 

 

 
Fig. 1: Yield versus feedwater temperature [4] 

 
Conclusions 
Some upcoming initiatives extending the work presented above are as follows: 
• Later this year a 10-module AGMD facility will be installed at Hammarby Sjöstadsverket in 

Stockholm, a center dedicated to the investigation of innovative water treatment methods. The 
10-module unit will resemble the one deployed at the Idbäcken Cogeneration Facility [2]. 
Initial trials will focus on the use of AGMD for the removal of pharmaceutical residues from 
treated wastewater. KTH, Xzero AB, and IVL Swedish Environmental Research Institute are 
collaborating partners in this initiative. 

• AGMD for water purification in small-scale solar hot water applications will be studied in a 
new project sponsored by csem-UAE. Both system integration as well as AGMD module 
improvements will be the focus of this investigation. 
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Introduction 
The deficiency of clean water is a major global concern because all the living creatures rely on the 
drinkable water for survival. On top of this, abundant of clean water supply is also necessary for 
household, metropolitan inhabitants, industry, and agriculture [1]. Among many purification 
processes, advances in low-energy membrane separation technology appear to be the most effective 
solution for water crisis because membranes have been widely recognized as one of the most direct 
and feasible approaches for clean water production [6]. 
 
Results & Discussion 
We started membrane distillation (MD) research via membrane module designs using commercial 
polypropylene fiber membranes [1]. Advances in membrane module designs show an impressive 
permeate flux enhancement up to ~50% (feed inlet at 75°C). The improvement is still too limited 
due to the poor initial membrane permeability (~ 6 kg m-2 h-1).  
Then, we move our research direction to fabricate novel MD membranes. So far, three to four 
generations of hydrophobic polyvinylidene fluoridehttp://en.wikipedia.org/wiki/Polyvinylidene_fluoride 
(PVDF) hollow fibers have been spun and showed desirable porosity (65 ~ 90%), hydrophobicity 
(with contact angle of 80 ~ 140 °) and pore size (50 nm ~ 0.41 µm) at the membrane outer selective 
layer [2-3].  
We were the first to propose the fabrication of hydrophobic-hydrophilic hollow fiber membranes by 
a dual-layer co-extrusion spinning technology [4]. By increasing thermal conductivity properties of 
the hydrophilic sub-layer with the aid of graphite particles and multi-wall carbon nanotubes 
(MWNT), we have enhanced the MD flux of the hydrophobic-hydrophilic hollow fiber membranes 
[5]. Moreover, we have investigated the effect of additives on the stability of the dual-layer 
hydrophobic-hydrophilic hollow fiber membranes under continuous MD operation [6].   
At one of our recent work, a new type of hollow fiber membrane with excellent performance has 
been fabricated via the morphological design [7]. The permeation flux at 80 ºC feed inlet 
temperature is as high as 98.6 kg m-2 h-1. 
 
Figure 1 has demonstrated our progress in design and fabrication of new generation DCMD hollow 
fiber membranes with better performance. 
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Fig. 1 The progress and benchmark of our research on MD hollow fiber membranes 

 
Besides, we have also integrated MD with forward osmosis (FO) for water reuse because FO-MD 
shows superior performance to recycle draw solutions in forward osmosis processes. In addition, we 
will briefly cover the dehydration of pharmaceutical products by means of FO-MD integrated 
systems [8].  
 
Conclusion 
The importance of an exclusively-designed membrane for MD has been highlighted in our work. In 
addition, the significance of membrane module design has been signified. Lastly, the feasibility of 
MD process to be coupled with other membrane-based separation process has been proven. 
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Introduction 
With the increasing water demand and the scarcity of renewable natural water resources, the 
dependence on desalination continues to grow. Solar-powered membrane distillation (SP-MD) 
desalination systems have been proposed as promising technology in areas with strong solar 
radiation. Several demonstration projects using solar energy to drive the membrane distillation 
process have been built in various parts of the world over the past two decades.  The various 
membrane distillation pilot systems constructed and tested showed several advantages, such as the 
ability to desalinate high-salinity feed water, fitness for intermittent energy supply, and the ability to 
use direct solar heat without heat storage. Despite these advantages, membrane distillation systems 
had not been commercialized and implemented on an industrial scale, mainly because they were 
found to be less economical and energy-efficient than currently existing mature desalination 
technologies.  
The objective of this study is to assess established SP-MD systems, in order to identify common 
and contrasting features among these systems. This study focuses mainly on SP-MD systems that 
had been tested under field conditions for at least several weeks and are either fully or partially 
powered by solar energy. 
 
Results and Discussion 
Looking at the experimental setting of established solar powered membrane distillation systems 
most established systems used AGMD modules [1-7]. This is because these modules allow for 
internal latent heat of vaporization recovery since the distillate channel is separated from the coolant 
channel which is not possible in DCMD. At the same time, AGMD doesn’t require the external 
mechanical complications when compared to VMD and SGMD. Most established SP-MD pilot 
systems used PTFE membranes [1-5, 8]. This is because PTFE represents an ideal material for MD 
membrane manufacturing since it exhibits one of the highest hydrophobic characters among 
polymers and also one of the best in terms of chemical resistance and thermal stability [ 
HYPERLINK \l "Placeholder25" 9 ]. Most of the membrane configurations used  in SP-MD were 
either flat sheet or spiral wound [2,3,5,10,11]. This is because these membrane configurations are 
moderate in cost, easy to clean, and have low tendency of fouling13]. As the scope of most solar 
powered desalination systems was to design stand-alone systems, the thermal energy for heating the 
water, and electrical energy requirements for auxiliary parts were provided by the solar collector 
and PV panels, respectively, for these systems [1-5,8,11,12,14]. Few projects coupled membrane 
distillation desalination units with solar ponds for providing heat instead of solar collectors [6,7,15]. 
Use of flat plate collectors was most common in membrane distillation systems since the required 
feed water temperatures are usually within 60- 80 ˚C. In two loop configurations, the desalination 
loop is separated from the solar loop and, thus, standard more economical collectors (non-seawater 
resistant) could be used.  However, corrosion free solar flat plate collector can be used for small 
capacity MD systems, such that the MD modules are directly connected to the seawater resistant 
solar thermal collector without heat storage or a heat exchanger in a single loop [1,3,11,14]. Single 
loop configuration is suitable for small capacity production systems because they have a relatively 
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lower thermal capacity, and thus rapid changes in the operating conditions do not cause instability 
in the desalination process [ HYPERLINK \l "Placeholder14" 16 ]. Energy recovery schemes that 
have been piloted in SP-MD include the use of internal modular recovery to recover latent heat of 
vaporization [1-3,10,11], which significantly cuts down on the solar collector area, use of thermal 
storage to recover surplus energy [1,2,12], placing modules in multistages in series 12], and recycle 
of reject brine back to the feed tanks to recover energy from the reject brine [1,3,11]. Currently 
under study is the energy recovery from concentrated photovoltaic cooling for the Vacuum multi 
effect membrane distillation (V-MEMD) [ HYPERLINK \l "Placeholder13" 17 ]. Without energy 
recovery it is impossible for MD to compete with RO or even solar-powered RO. Thus, energy 
recovery schemes form a crucial part of the MD system design and improvement.  Table 1 lists 
energy recovery schemes in some of the key SP-MD systems. 
In the SP-MD systems tested, relatively low fluxes are achieved when compared to RO. As table1 
shows, the fluxes achieved by the AGMD are low, with the highest reported flux at 7 kg/m2.h.  In 
AGMD configurations the air gap causes resistance to heat and mass transfer between the 
membrane and the condensation surface, which results in low permeate fluxes. In the VMD system, 
tested in Hanzaghou-China, fluxes as high as 32 kg/m2.h were achieved, as the vacuum increased 
the pressure difference across the membrane. In this particular SP-VMD system, electrical energy 
for the vacuum and circulation pumps was obtained from the grid which maintained steady state 
conditions and constant optimum feed flow rate14]. Recovery Ratios (RR) in the SPMD systems 
range between 1-5% as shown in Table 1. This range is low compared to other mature desalination 
technologies, such as  Reverse Osmosis (RO), where RR ranges from 30% to 60% (single stage)  [ 
HYPERLINK \l "Placeholder24" 18 ]. Increasing the number of stages in MD would improve the 
recovery ratio. It is also important to mention that, even though the VMD system in Hanzaghou 
China achieved a flux as high 32kg/hm2 14], it had a very low recovery ratio of only 0.25-1.5 as in 
Table 1. This low recovery ratio, together with the fact that there is no recovery for the latent heat of 
vaporization, is one of the main reasons why the specific thermal energy consumption in the VMD 
system is almost double that of the AGMD systems as shown in Table 1. Generally speaking, all SP-
MD systems tested have energy consumptions orders of magnitude higher than RO or even MED or 
MSF. 
 
Table 1. Performance of SP-MD systems and energy recovery scheme 

System 
Compact 

System, Gran 
Canaria, Spain 

Two loop 
System, Gran 
Canaria, Spain 

Compact,A
lexandria 

Egypt 

Compact, 
Irbid, 
Jordan 

Two loop, 
Aqaba Jordan 

Compact, 
Freiburg, 
Germany 

Hangzhou, 
South China 

Marina 
Barrage, 

Singapore 

Almeria, 
Spain 
(PSA) 

Flux (l/m2.h) 1 3 1 1.5 1.5 1.44 32 8 7 
Configuration AGMD AGMD AGMD AGMD AGMD AGMD VMD V-MEMD AGMD 
Energy recovery 
Scheme** 1 & 2 1 & 3 1 & 2 1 & 2 1 & 3 1 None 3 & 4 None 

Recovery ratio 0.5-4* - 0.5-2* 4-4.5* 2-5 3.5-6.5* 0.25-1.5* 70-80* 3-7* 
Performance Ratio 0.1-0.8* - 0.3-1.5* - 0.2-0.3 0.2-0.3* - - - 
GOR 3-6 3-6 - 0.3-0.9 0.4-0.7 4-6 - - - 
Thermal Energy 
Consumption 
(kWh/m3) 

_ 180-260 _ 200-300 200-300 _ 734 80 - 

Water Cost ($/m3) N/A N/A 15 N/A 18 N/A N/A N/A 30 

Reference 1] 
[HYPERLINK \l 
"Placeholder10" 

1 ] 

11] 
[HYPERLI

NK \l 
"Placeholde

r8" 4 ] 

3] 
[HYPERLI

NK \l 
"Ban08" 

19 ] 

2] 

[HYPERLI
NK \l 

"Placeholde
r9" 5 ] 

13] 

[HYPERLI
NK \l 

"Placeholde
r12" 14 ] 

8] 
[HYPER
LINK \l 
"Per06" 

20 ] 

 
 *Calculated values 

** Energy Recovery Scheme:- 1 =Internal energy recovery ; 2= recycle of reject brine;  3= thermal storage tank;   
4=serial flow recovering latent heat at each stage  
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Very few SP-MD systems had reported the Gained Output Ration (GOR) achieved. GOR is the ratio 
of the latent heat of evaporation of a unit mass of product water to the amount of energy used by a 
desalination system to produce that unit mass of product. The higher the GOR, the better the 
performance. For example, a solar still would have a GOR on the order of 1, whereas a very good 
MED system may have a GOR of 15. The GOR values summarized in Table 1 are for AGMD 
systems developed by the Fraunhofer Institute in Germany. The reported GOR values ranged 
between 0.5-6.  A mathematical model developed by the authors was used to conduct GOR analysis 
on SP-MD systems designed by the Fraunhofer Institute [1,3,4,11]. This was done to identify the 
most significant parameters that can improve the GOR in these systems. The variation in GOR was 
evaluated by varying the feed mass flow rate, the membrane distillation coefficient and the solar 
array area. This analysis shows that feed mass flow rate has the greatest effect on GOR, as GOR 
decreases exponentially with increasing mass flow rate. GOR  was also found to increases with an 
increase in membrane distillation coefficient as a better membrane allows more permeation for a 
given partial pressure difference, but the advantage becomes minimal after about B = 20 x 10-7 
kg/m2.Pa.s, and increases linearly with an increase in collector area. 
 
Conclusions 
This study shows that most SP-MD systems commissioned up to date suffer from poor energy 
efficiency, high water production cost, and low flux. Thermodynamic analyses carried out also led 
to these conclusions. Consequently, these systems were unable to compete with other types of solar 
powered desalination systems, such PV-RO. The study explored areas of design improvement for 
future systems. The main areas of cost reduction include optimization of the feed recycle loop and 
heat integration loops, and using low-cost membrane materials. The study also shows that vacuum 
membrane distillation may be of an interest in this particular application, because it offers higher 
flux at comparable feed temperatures among MD systems. 
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Introduction 
Potassium is one of essential elements (the main - N, P, K, Ca, Mg and S)  in the life cycle of all 
plants. In agriculture, complex fertilizers almost always contain potassium chloride as a potash 
constituent, readily recoverable naturally-occurring potassium raw material [1]. However, 
potassium sulfate is strongly recommended to be used as a fertilizer, especially for crops which are 
chloride sensitive. Moreover, potassium sulfate has excellent physical properties and a low salt 
index. The fertilizer may be obtained by acidulation of potassium chloride. In this process 
potassium chloride reacts with sulfuric acid forming in the first step potassium bisulfate and 
hydrogen chloride. The final product, K2SO4 can be formed at high temperature, about 600-700oC 
(the classical process) [2] or at ambient temperature by desalting the salt by methanol solution [3].  
The new idea of the fertilizer production was proposed. The conversion of potassium chloride to 
potassium bisulfate (I step) was performed using the MD/chemical reactor. HCl is a volatile product 
of the KCl and H2SO4 reaction. Therefore, it could be continuously separated from the liquor to 
shift the equilibrium of this reaction using MD membrane [4,5]. 
The influence temperature of the reaction mixture and its composition for the conversion efficiency 
into KHSO4 was investigated using membrane distillation/chemical reactor [6] 
 
Experimental 
The studies of the reactor coupled with direct contact membrane distillation (DCMD) were carried 
out using capillary membrane module. The membranes were made from polypropylene (Accurel PP 
S6/2, Membrane GmbH, Germany) with din/dout = 1.8/2.6 mm. The working area for the module 
was 0.0127 m2. The feed flowed inside the capillaries, whereas the distillate flowed through the 
intercapillary space in co-current mode. The temperature of the reaction mixture in the feed tank 
amounted to 333 or 343 K. The inlet temperature of distillate was equal to 293 K. The process 
conversion was carried out using model solutions. The feed comprised solutions with different 
initial molar ratio of KCl and H2SO4 equal to 1:1, 1:1.25 and 1:2 . The conversion process was 
performed in a batch system with the feed recirculation. The reaction mixture were concentrated 
close to the saturated state, when precipitate was formed from the solution after its cooling. The 
remaining mother liquor was recycled for further concentration by DCMD. 
The conversion occurred in the feed tank and warm loop of MD system, which consist the chemical 
reactor. HCl formed as a by - product was continuously removed from the reaction mixture by the 
hydrophobic MD membrane, thus the whole MD installation consist the membrane reactor. 
 
Results and discussion 
According to the reaction of acidulation of KCl with H2SO4 (1) potassium bisulfate and HCl are 
formed. The novel method of performance of the first step of the conversion was proposed [7, 8], 
Fig 1.  
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Fig. 1. The scheme of production of K2SO4 from KCl using the membrane distillation reactor. 
The conversion process with volatile HCl removal from the reaction mixture was performed in a 
membrane reactor integrated with DCMD. The concentration of solutions containing KCl and 
H2SO4 in the MD membrane reactor resulted in the formation and precipitation of KHSO4 in the 
feed, whereas HCl was transferred through the membrane and pure diluted hydrochloric acid was 
obtained on the permeate side. The continuous separation of HCl through the microporous 
hydrophobic membrane allows to shift the equilibrium of this conversion reaction and to increase 
affectivity of potassium utilize. Four or five series involving the concentration of the reaction 
mixture and the salt crystallization with recirculation of the mother liquor were performed. The 
final product – potassium sulfate was crystallized after desalting from methanol solution of the 
KHSO4 [4]. The solvent could be recycled. The composition of the liquor was analysed during the 
conversion. The reaction mixture comprised a very complex system. It contained sulfuric acid of 
high viscosity at its high concentration and salts which could be precipitated from the solution. The 
influence of the reaction mixture composition (the molar ratio of KCl to H2SO4) on the HCl flux 
through the hydrophobic membrane in MD module and production of KHSO4 was studied. During 
the MD operation both the water vapour and gaseous hydrogen chloride were transported from the 
reaction mixture to a distillate side through the membrane pores. Whereas, the ions present in the 
solution, such as K+ and SO4

2- were completely retained and continuously concentrated. Their 
retention coefficient amounted to 100%. 
It was found that an increase of the feed temperature accelerated the increase of  concentration of 
the reaction mixture components and the precipitation of KHSO4. It was caused by higher partial 
pressure of the water vapour and HCl and resultant driving force of the process.  
The concentrations of sulphates and potassium ions periodically decreased in the feed after reaching 
the supersaturation state and removal of the precipitate. Whereas, the HCl partial pressure over the 
solution, despite low Cl- concentration in the feed, was sufficient to transfer this gaseous product of 
the reaction together with the water vapour. The HCl flux was observed earlier in comparison with 
studies performed in lower temperature. The presence of the ions of salt and sulphuric acid in the 
feed decreased solubility of gaseous hydrogen chloride and favored its desorption. The resultant 
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HCl flux through the membrane achieved value of 502.7 mole/m224h. 
The changes of the potassium ions and chlorides concentration when the reaction mixture was 
composed of KCl and H2SO4 at the molar ratio of 1:2 were also monitored. The excess of sulphuric 
acid decreased the water vapour pressure, and as a consequence, the transport of the water vapour to 
the distillate side was lower. Moreover, the feed changed its density, viscosity thus the polarization 
phenomena more influenced the flux. The lower permeate flux influenced on the changes of the 
solutes in the feed. Due to excess of the sulphate ions in the feed, and still increasing their 
concentration, a potassium salt was precipitated from the reaction mixtures at its lower 
concentration for the consecutive series of the MD. A reason of lower and lower salt concentration 
in the feed necessary to achieve the supersaturated state was the desalting effect caused by the other 
non-volatile components of the feed, especially by H2SO4. 
The changes of chlorides concentration during the MD process have different character in a 
comparison with these for K+ and SO4

2-. After the 3th hour of the process duration, HCl presence in 
the distillate was already found. A further concentration of the solution by MD increased the 
concentration of non - volatile compounds, whereas the Cl- ions remained in the feed at constant 
level, about 60 g/kg solution. The reason of that was significant HCl transport with the water vapour 
through the PP membrane. The presence of excess of sulphuric acid decreased the solubility of 
gaseous HCl and favoured its desorption. At the end of the process conversion using MD most 
chlorides was removed from the feed. Whereas the HCl concentration in the distillate still grew up 
and achieved 45g/dm3. 
The potassium conversion coefficient increased from 40 % (at 333 K) to 78% when the process was 
performed at 343K. During the conversion in the membrane reactor using solution with the molar 
ratio of KCl to H2SO4 as 1 to 2 the conversion coefficient of KCl into KHSO4 increased to 89%. 
The XRD analysis confirmed that the pure KHSO4 was the main phase of the separated precipitate 
[4]. 
The potassium sulphate can be obtained after desalting KHSO4 using methanol [3]  

 
Conclusions 
The higher concentrations of sulfuric acid and salts in the feed facilitated the desorption of volatile 
HCl and its separation from the reaction mixture via MD. A pure diluted hydrochloric acid was 
obtained on the permeate side. An excess of H2SO4 caused an increase of the potassium conversion 
coefficient into KHSO4. The precipitate comprised pure KHSO4, free of chlorides, practically. The 
results demonstrated that the membrane reactor based on membrane distillation could be an 
alternative, low-temperature method for performance  the first step of K2SO4 obtaining, the mineral 
fertilizer component, free of chlorides, particularly promising when waste energy can be utilized.  
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Introduction 
In this work some application of Osmotic Distillation are reviewed discussed. The first application 
concerns the concentration of juices at room temperature by using downstream the membrane a 
mixture with low water activity, so that water vapour diffuses across the gas membrane. The 
second one concern the wine quality improvement by alcohol level adjustment or by the volatile 
acidity removal. Finally the production of low alcohol wines, or alcohol free wine is discussed. 
 
Osmotic Distillation 
Osmotic Distillation (OD), called also Osmotic Evaporation or Isothermal Membrane Distillation, 
is a membrane technique to concentrate at room temperature aqueous mixtures removing water 
from the feed by a hypertonic solution flowing downstream a porous hydrophobic membrane 
typically made of polytetrafluoroethylene (PTFE) or polypropylene. In a sense, OD is a sort of 
direct, or Forward Osmosis, the only difference relies on the nature of the membrane employed. On 
the other hand OD is similar to Membrane Distillation (MD), since the basic mechanism is the 
same. Both techniques can be considered a particular case of Membrane Contactor [1] since the 
membrane is used as a tool for inter phase mass transfer operations. The driving force for mass 
transfer is represented in both case by the water vapour pressure difference, which in MD is 
sustained by a temperature difference, whereas in OD is related to the water activities in the two 
liquids facing the membrane. 
Highly concentrated Calcium Chloride solutions are generally used as stripping agent, however 
the use of nearly saturated CaCl2 solutions on industrial scale poses serious problems: the solutions 
are highly corrosive, the solubility strongly depends on the temperature, so that an accidental 
temperature drop causes crystallisation with obstruction in the pipes and fittings. The 
regeneration of exhausted brines hardly can be accomplished by conventional evaporators. 
Glycerol allow to obtain comparable fluxes with advantages related to the absence of corrosion 
and scaling. The weak point of Glycerol is the high viscosity, nevertheless the operation is 
possible also with hollow fibres, limiting the concentration to nearly 70 – 75 wt%. [2]. Glycerol-
salt mixtures have been also proposed to increase the driving force. 
The permeate side concentration polarization severely limits the flux, with both CaCl2 or 
Glycerol as stripping agent, whereas the feed side concentration polarization plays a minor role 
for juice concentration up to 40°Brix [3] 
Notwithstanding no external temperature difference is generally imposed across the membrane, also 
heat transfer is involved. Indeed the water transport implies evaporation at the feed side and 
condensation at the extract side, as a consequence a temperature difference is created through the 
membrane which reduces the vapor pressure gradient, i.e. the driving 
force for the water transport (thermal effect). The temperature difference created by the 
thermal effect, even of few degrees, greatly reduces the driving force for mass transfer through the 
membrane, the resulting loss of flux is relevant and increases with the temperature. [4, 5]. In lab 
experiments the thermal effect can be minimized by using short modules and large flow rates, 
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but on industrial scale this is not so easy and the flux loss because of the thermal effect can be as 
large as 30 % at room temperature and 70 % at 50°C. 
Osmotic Distillation was regarded with great interest in the processing of liquid foods such as fruit 
or vegetable juices. It does not require high temperatures, thus preserving the quality of the fresh 
juices; unlike reverse osmosis, O.D. does not suffer of osmotic pressure limitations, so that 
concentration levels close to the values currently obtained by evaporation can be reached. 
However OD presents serious drawbacks, which prevented, up to now, large application in the 
concentration of juices. The transmembrane flux achievable on industrial 
scale is quite limited (1 – 2 L/m2h). Larger fluxes were reported on lab scale, but were 
obtained in very small apparatuses in which both concentration polarization and thermal effects 
were minimized. 
In the concentration of citrus juices from 12 to 60°Brix nearly 80% of water has to be removed, 
this requires a large membrane area. As a consequence the holding volume and the residence time 
are also very large. 
In order to reduce the holding volume, hollow fibers with diameter less than 1 mm should be 
used. These HF cannot be used for concentration larger than 30-40°Brix owing to the viscosity 
and pressure drop. Perhaps it is possible a process in two steps: the first with HF ≈ 1 mm up to 30-
40°Brix, and e second step, up to 60°Bix, with larger capillaries (2 – 3 mm in diameter). In any 
case residence times of some hours are required, the operation has to be performed under 
controlled atmosphere to avoid damage (it’s not advisable to reduce the temperature, since this 
would greatly reduce the flux). In conclusion one can be sceptical about the application of OD 
for large concentration ratio, as required in the citrus processing. 
OD has been used successfully in wine making, to adjust the alcohol content of wines by self-
enrichment of the grape must before the fermentation [3]; in that case a small concentration ratio is 
required (typically from 17 to 20°Brix). 
Enhancement of sugar content of grape must is a common practice in vine growing regions. This 
operation is aimed to guarantee future wine with both the minimum requisites specified by law 
or production regulations and the alcohol content necessary to ensure the best possible sensory 
characteristic. Grape juices treated with OD were low in water and high in sugars, while the 
corresponding wines were high in ethanol and dry extract, these two quality parameters being 
particularly appreciated in red wine, which was judged with a full body, more structure, and 
persistent. 
 
 
Wine processing 
Wine quality is often hampered by adverse weather conditions or incorrect fermentation 
procedures. Cold or rainy weather during the grape ripening produces musts with low sugar 
content so that wines with low alcohol level and poor taste are obtained. Conversely, sunny 
growing seasons in warm climate produce grapes with high sugar level. The wines are 
characterised by robust flavours and taste, but the alcohol content is often too high for many 
consumers. An additional frequent problem in wine making is the volatile acidity. Occasional 
spoilage or stuck fermentation result in poor quality and, for values exceeding 1g/L acetic acid, 
in the total loss of the production. 
The enhancement of the alcohol level of wines can be achieved increasing the sugar content 
of the must before the fermentation as stated above. The alcohol level of wines could be limited by 
harvesting less ripe grapes, however this compromises the flavours these wines 
have been appreciated for. The partial removal of ethanol from bulk wine to adjust the alcohol level 
has become a preferred technique. This allows the winemaker to harvest the grapes at full 
ripeness, with all the benefits of enhanced flavour intensity and no problems about ethanol 



 
82 

 

content. 
Membrane Contactors technique can be used for improving the wine quality when needed [6]. In 
order to remove ethanol the wine is passed through a porous hydrophobic membrane and pure 
water in passed along the other side. The vapour pressure difference across the membrane gives 
rise to the diffusion of alcohol vapours towards the water side. 
Using this technique, it is possible to reduce wine volatile acidity by coupling the membrane 
module and an ion exchange column: a low volume of water is circulated in a closed loop 
downstream the membrane and rapidly saturates with respect to ethanol and other volatile 
compounds of the wine whereas only acetic acid is removed by the anionic-exchange resin. This 
allows removal of acetic acid without substantial change to the amount of other volatile 
compounds. with the advantage that contact with anionic resins is external to the wine. 
Membrane Contactor technique can be used to produce low alcohol wines or alcohol free wines. 
Nowadays, there is more awareness of alcoholism and alcohol abuse in society and so it is 
observed an increased demand for reduced alcohol beverages. It is well-known that wine, which is 
one of the most popular alcoholic drinks in the world, contributes to reducing the risk of 
cardiovascular diseases, thanks to a plenty of compounds playing a role of great significance 
from the aspect of human health. However, non-alcoholic and low alcoholic fermented 
beverages such as beers and wines have become of great interest because they offer traditional beer 
and wine flavours without certain unhealthy and socially objectionable side effects of alcohol. 
Furthermore, they have a lower caloric content, and the same intake of natural antidotes of 
cardiovascular diseases, anthocyanins and phenolic compounds. The consumption of these two 
physiologically highly active constituents might prevent atherosclerosis and arteriosclerosis by 
strengthening the walls of blood-vessels and normalizing the cholesterol level of blood. 
This work reports experiments and modeling of ethanol removal in both lab and pilot scale. Process 
schemes are proposed and discussed, the quality of the products are evaluated. 
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Introduction 
The enormous significance of seawater desalination in augmenting the world’s depleting freshwater 
supplies is well known.Global desalination activity is expected to grow from about 40 million m3 
per day in 2006 to just under 100 million m3 per day in 2015 (Anon. 2006), with seawater 
desalination being the most common practice. Freshwater is traditionally extracted from seawater 
using Multi-stage Flash and Multi-Effect Distillation in energy rich countries, and using Reverse 
Osmosis membrane separation as a less classical technique. Growing in tandem with the increase in 
global seawater desalination is perhaps the developing realization of the importance of responsible 
energy usage. There is a continuing need to improve the efficiencies of existing technologies, as 
well as the development of more energy efficient technologies.  
 
Memstill technology 
Memstill technology applies Membrane Distillation in an ideal counter-current flow configuration 
which allows for the highly efficient and almost complete recovery of heat within the process 
(Hanemaaijer et al. 2000, 2006, 2008). The schematic layout of one element of the Memstill process 
is illustrated in Figure 1.Detailed specifications of the materials and structural configuration of the 
Memstill process are available in the references quoted. 
In short, a single unit of the Memstill process comprises of an impermeable condenser array and a 
hydrophobic non-selective membrane array placed parallel to each other.Outlet flow of the 
condenser array passes through a heating stage before it is introduced into the membrane array in a 

counter-current flow configuration.A continuum of 
condenser and membrane arrays may be organized in 
alternating sequence with freshwater distillate channels in 
between to embody the Memstill principle for 
desalination.In the Memstill process, cold seawater is fed 
into the condenser array at environmental temperatures and 
pressures. Under steady state operation, the seawater 
progressively heats up as it flows along the condenser array 
by absorbing heat from the adjacent bank of the membrane 
array.In doing so, cold seawater is used to provide for a cold 
surface for water vapour to condense upon.The appreciably 
hotter seawater exiting the condenser is next conditioned 
with a small amount of heat within the heating stage before 
it enters the membrane array.At this elevated temperature, 
the vapour pressure of seawater is increased and water 
vapour permeation across the hydrophobic membrane to 
produce freshwater condensate is enhanced. 
Under this flow configuration, heat is recovered from within 
the process and the hot stream is cooled as flow progresses 

along the membrane array.  Dewatered seawater may then be discharged from the Memstill process 
at moderate temperatures.  In the example above, seawater entering the process at about 20°C is 
discharged at about 25°C.  By closing the heat envelope within the Memstill process, energy 

  

Fig. 1.  Schematic layout of one element 
of the Memstill process. 
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requirements of performing desalination with membrane distillation is dramatically reduced.  The 
highly efficient heat recovery within the Memstill process allows for the use of low grade or even 
waste heat to maintain a top operating temperature of about 80°C to accelerate mass transfer from 
the membrane array to the condenser array. 
The release of discharge at moderate temperatures is the primary ecological benefit of the Memstill 
process, where streams less than about 45°C may be returned to the coast without significant impact 
to marine ecosystems.  In addition, brine discharge may also be conducted with less of an 
environmental impact when Memstill is operated in a single pass with a 5% dewatering efficiency.  
Alternatively, the seawater discharge may be further processed by cooling and returning into the 
condenser array, with each successive pass resulting in additional freshwater recovery.  Salt 
concentration of the brine discharge under this arrangement will be significantly higher, but may 
also be controlled below the threshold concentrations that will be damaging to the environment, 
typically after salt concentrations are increased by a factor of two. 
Memstill is also designed to operate on the hydrophobic nature of membranes and desalination is 
not based on membrane selectivity.  The non-selective polytetrafluoroethylene (PTFE) membrane is 
hence expected to be less susceptible to fouling compared to membranes used for Reverse Osmosis 
(RO), and would require significantly less chemical treatment to control fouling and scaling, 
leading to lower chemical concentrations in brine discharge.   
 
Previous Piloting Experience 
Memstill technology was previously implemented by Keppel Seghers in four pilot trials, and 
progressive Memstill module developments resulted in improvements over each successive 
installation.  Table 2 summarizes the results obtained from the previous pilot tests in terms of 
location, scale of installation, energy recovery efficiency and heat input. 
 
Table 1. Summary of previous Memstill pilot installations 
Module Used M28 M32 M33 K1 
Location of Testing  
 
 

Singapore, 
Straits of Johor 

The Netherlands, 
Port of Rotterdam 

The Netherlands, 
Port of Rotterdam 

BASF, 
Port of Antwerp 

Duration of Testing 
 
 

March 2006 to 
June 2007 

October 2006 to 
January 2007 

April 2008 to 
October 2008 

January 2010 to 
March 2011 

Absolute Flux (L/m2.h) 
 

0.25 2.5 3 5 

Internal Heat Recovery (%) 
 

30 50 90 90 

Heat Consumption (MJ/m3) 
 

1000-2000 400-800 350–750 400-800 

 
The first Memstill pilot plant was commissioned at Senoko Incineration Plant Singapore, in 
conjunction with the PUB.  Raw seawater for this pilot was drawn from the Straits of Johor.  The 
second and third Memstill pilot studies were next conducted in the Netherlands at the E.ON 
Benelux power plant, and drew raw seawater from the Port of Rotterdam.  Each pilot was equipped 
with a successive generation of module, differing in the choice of materials.  The transitions from 
M28 modules to M32 and M33 modules have indicated strong achievement in enhancing unit 
performances. The last pilot plant was done in the harbour of Antwerp with the latest modules made 
by Keppel Seghers Belgium NV. 
 
Next phase of technology implementation 
Memstill was previously trialled integrated into the facilities of an incineration plant, as well as a 
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power generation plant.  The petroleum refining industry is another practical facility where waste 
heat is plentiful.  The next phase of technology implementation tabled will be the design, 
construction and operation of a Memstill demonstration plant with a freshwater production capacity 
of 100 m3/day on a petroleum refinery in Singapore located on Jurong Island.  Memstill displays 
significant potential as an ecologically sustainable method of conducting desalination using waste 
heat to drive the distillation process.  
 
Conclusions 
The implementation of this demonstration plant will provide long-term validation of Memstill 
technology at the large scale.  In addition, a viable economic model may be developed for the 
provision of Memstill technology based on the minimum capacities of required auxillary equipment 
and unit operations, as well as observations of the optimum operating conditions derived as a 
function of operating economics.  Insights obtained from designing, constructing and operating this 
Memstill demonstration plant will allow the development of a standard design tool for future full-
scale Memstill plants and the full optimization of modular strategies, whether based on a multiple of 
the design size of this current demonstration plant or not.  Such an upscaling strategy will allow 
accurate estimation of associated unit costs such as capital expenditure and operating costs.  
Internally, preparative efforts for this demonstration plant has provided Keppel Seghers with a 
smoother intensification of membrane module manufacturing activity through the adoption of a 
semi-automated production facility.  The successful outcome of this demonstration plant will enable 
the showcase of Memstill technology as a novel, reliable and ecologically sustainable method of 
extrating freshwater from the sea with the primary use of waste heat. 
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Introduction 
The world's arid and semi-arid zones are already faced with massive water scarcity, which is 
prospected to increase in the upcoming decades. Therefore the demand for desalination 
technologies is increasing rapidly. The development of medium size, autonomous and robust 
desalination units is needed to establish an independent water supply in remote areas. This is the 
motivation for research on alternative desalination processes. Membrane distillation (MD) seems to 
meet the specific requirements very well. The robust membrane allows it to follow alternating 
operation conditions given by e.g. solar energy. The Fraunhofer Institute for Solar Energy Systems 
(ISE) has been working on the development of energy self- sufficient desalination systems based on 
solar driven MD technology since 2001. The focus is on module and system development. 
This work is focused on experimental studies on full scale demonstration systems, utilizing a 
parallel multi MD-module setup. The according MD technology background and module set up is 
presented in this conference in the paper “SPIRAL WOUND MODULES FOR MEMBRANE 
DISTILLATION: MODELLING, VALIDATION AND MODULE OPTIMIZATION” by D. Winter. 
From 2004-2008 different autonomous solar driven MD systems, covering a capacity range from 80 
to 2000 liters/day, have been developed, installed and monitored. Simulation tools have been 
developed and validated with the data from pilot plant operation. As shown in figure 1 two different 
system configurations for different capacity ranges were developed. 
 
 

  
 
Figure 1: Two different system configurations, the “Compact System” for capacities of 150 up to 
1000 l/day and the “Two Loop System” for capacities from 1m³/ day upwards. 
 
The compact system is presented in the paper “MEMBRANE DISTILLATION – EXPERIENCE IN 
FIELD APPLICATIONS AND POTENTIALS” by M. Rolletschek. 
This paper focuses on the two loop system design, which is designed for larger capacities. The main 
difference compared to the compact system is the use of a separated collector loop consisting of 
standard flat plate collectors and an integrated heat storage for 24-hour/day operation. The collector 

Compact System Two-Loop System 
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loop and the desalination loop are hydraulically separated by a titanium heat exchanger. The 
simulation tools were validated with the experimental data from the pilot plant operation. The tools 
were used to improve the MD-module technology and the overall system design. In the EU FP7 
project MEDIRAS two two-loop systems were designed and installed in Pantelleria and Gran 
Canary between 2010 and 2011. Another two-loop system was installed in the frame of the BMBF 
funded project CuveWaters in the north of Namibia in 2010. Table 1 provides an overview on the 
technical specifications of the two loop systems installed between 2010 and 2011. 
 
Location Date of 

commis- 
sioning 

System design 
capacity  

Design capacity 
desalination unit  24h 
operation 

Raw water source / 
recovery ratio 

Heat supply  Comments 

       
Amarika 
Namibia 
Etosha 
basin 
(remote 
inland 
location) 

07/2010 4 m³/day at 
alternating 
temperatures 65 
-80°C, 12 MD 
modules 168m² 
membrane  

5m³/day at evaporator 
inlet temperature of 
80°C, feed flow rate 
of 4800 l/h,  

Ground water, 
drilling well  
28Tppm 
R= 10 - 30% 

Solar thermal flat 
plate collectors 
single glazed 
232m²  

-TEvaporator-in was 
reduced to 70°C to 
reduce scaling. -
Significant 
problems with 
collectors 

Pantelleria, 
island of 
Italy, 
Power 
station 
equipped 
with 
Diesel 
engines  

10/2010 5 m³/day at 
constant 
temperature of 
80°C, 
12MD modules, 
120m² 
membrane 

5m³/day evaporator 
inlet temperature of 
80°C, feed flow rate 
of 4800 l/h,  

Sea water 
Mediterranean sea, 
open intake 
35Tppm 
R= 0 -65% 

Waste heat from 
diesel engine + 
solar thermal flat 
plate collectors 
30m² 

Top brine 
temperature was 
lower than 
designed (70 – 
75°C only)  

Gran 
Canaria 
Spain 
Test site of 
ITC  

03/2011 3 m³/day at 
alternating 
temperatures65 - 
80°C, 12MD 
modules, 120m² 
membrane  

5m³/day at evaporator 
inlet temperature of 
80°C, feed flow rate 
of 4800 l/h,  

Sea water Atlantic 
ocean, beach well 
intake 35Tppm 
R= 0 -50% 

Solar thermal flat 
plate collectors 
180m² (90m² single 
glassed, 90² double 
glazed) 

Problems with 
collector 
performance due to 
very high wind 
speeds 

 
Table 1: Specifications of Two Loop Systems installed in 2010 and 2011 
 
Namibia System 
The two loop system in Namibia was designed for the fresh water production up to 5m³ in 24 hour 
operation from raw water of 20 - 28mS/cm conductivity. The location is remote in the land and 
without any infrastructure or technically trained staff. In order to make transportation and 
installation more convenient the complete system including desalination unit, controls and heat 
storage (12m³) were, installed inside a 20’ standard container. The set up can be seen in figure 2. 
The collector field consists of 100 flat plate collectors with a total aperture area of 232 m². All 
collectors are connected in parallel in order to minimize the pressure drop. The electrical energy is 
supplied by a PV system including batteries and DC-AC converter. The membrane distillation unit 
consists of 12 MD-modules, each of 14m² membrane area. All modules are connected in parallel to 
reduce the pressure drop of the desalination system. The desalination system is operating fully 
automated never the less the controller and data acquisition systems are connected to a satellite 
communication system for remote control and daily data transfer. Since raw water is very limited 
about 75% of brine is recirculated in order to increase the overall recovery ratio of the plant. The 
recirculated brine is cooled down in a cooling tower by 6 to 8K in order to reach the condenser inlet 
temperature after mixing with make-up water. Due to the brine recirculation the salinity of feed 
water is about 35g/kg. The maximum evaporator inlet temperature was reduced from 80°C to 70°C 
in May 2011 after scaling occurred in the heat exchanger and the hot section of the MD-modules. 
Accordingly the distillate productivity decreased from 170 l/hour to 150 l/h. Today scaling is 
controlled by periodic (6 to 12 weeks) flushing with sulphoric acid. The specific thermal energy 
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demand of the MD system was determined with 150 to 180kWh/m³. The reliability of the system 
was tested under extreme conditions due to the intensive solar radiation, very high ambient 
temperatures of more than 45°C, temperatures of more than 65°C inside the container respectively. 
Low temperatures of less than -5°C and very high temperature gradients between day and night 
(>30K) occur. Comprehensive experiences were made particularly on the reliability of key 
components (e.g. pumps, frequency converters, controllers,...). The performance of the collector 
loop was significantly reduced due to degradation of the solar thermal collectors. 
The graphs in figure 3 show typical operation parameters as feed flow rate (Vp feed), raw water 
flow rate (Vp raw), global radiation (I global), evaporator inlet temperature (Tevap in) and the 
distillate flow rate (Vp dist) for system performance of 15th of October 2010. 
 

 
Figure 2: Design of the Namibia system and view into the ready installed container 
 
In general the experience in Namibia show that the predicted performance was not achieved due to 
different technical problems. On the other hand the ambitious aim to make a stand alone MD 
system running under extreme remote conditions was achieved and very relevant experiences 
regarding plant design and component selection were made. The performance is currently improved 
by different measures. 
 

 
Figure 3: Operation parameters of the MD system in Namibia on October 15th, 2010 
 
Pantelleria System 
The Pantelleria system was mainly designed for steady state operation utilizing waste heat from a 
diesel engine of a power station. Additionally a solar thermal collector field of 30m² was installed in 
order to investigate the control of a hybrid heat supply. The design capacity of the MD-unit is 
5m³/day in a 24h operation mode. The raw water source is the sea water intake of the power plant 
where sea water is used for cooling. The salinity of the raw water is about 35g/kg. For experimental 
investigations a brine recirculation is possible. For the cooling a particular brine evaporative cooler 
(BCC) was developed by the University of Palermo and University of Bremen. The pictures in 
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figure 4 show the CAD drawing and the ready installed MD system on site. It consists of 12 MD-
modules each of 10m² membrane area connected in parallel.  
The evaporator inlet temperature is typically between 65 and 75°C depending on the mechanical 
load of the Diesel engine. The design temperature of 80°C was not achieved with the design feed 
volume flow rate of 4800 l/h. The graphs in figure 5 show experimental results from plant operation 
at different evaporator inlet temperatures between 55and 75°C and different feed salinities of 45, 57 
and 100g/kg. The mean condenser inlet temperature was 25°C. The trend lines show, that the 
average value of the distillate flow rate increases almost linear with an increase of the evaporator 
inlet temperature. Higher feed salinities lead to a significant decrease in total distillate flow. An 
increase of feed salinity from 45 to 100g/kg at an evaporator inlet temperature of 75°C induces an 
reduction of distillate flow rate from about 180 down to 125kg/h.   
 

 
 
Figure 5: Construction drawing and ready installed pilot MD system in Pantelleria 
 

 
 

Figure 6: Experimental investigations of the Pantelleria plant demonstrating the effect of feed water 
salinity and evaporator inlet temperature on the distillate flow rate 
 
Figure 6 shows that the Pantelleria plant could produce about 220 l/h (5280 l/day) distillate if the 
plant could be operated according the primary design parameters (Tevap in=80°C, S feed=50g/kg).  
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Over the last few years, reverse osmosis (RO) has become the leading technology for new large 
centralized desalination plants. Recently the interest of membrane distillation processes (MD), 
notably vacuum membrane distillation (VMD), has been shown for desalination of sea water and 
for the over-concentration of brines. One of the main interest of MD is that it allows to operate at 
much higher recovery rates than RO due to the fact that concentration polarisation is much less 
limiting.  VMD is an hybrid membrane-evaporative process The main drawback of this process is 
the relatively high energy requirement needed to heat the feed water. A way to solve this problem 
can be the use of a renewable energy source such as solar energy or of waste energy. 
The objective of this study is to present and discuss the various possible modes of integration of the 
VMD in a sea water desalination treatment line. Various configurations that are based on the use of 
VMD will be presented and discussed: coupling of the VMD with RO for an over-concentration of 
the concentrates, hybrid processes coupling VMD and solar energy according to various 
configurations: : salinity gradient solar ponds (SGSP) and solar collectors (SC).  
Comparisons were performed on the basis of both simulations and experimental results obtained 
with synthetic waters and with real sea waters and RO brines. 
An estimation of the performances of the different systems – in terms of permeate flux, scaling and 
fouling, daily water production, temperature and concentration polarisations – will be introduced . A 
qualitative discussion about energy requirements, technical feasibility, maintenance and cost will 
also be provided..  
This study clearly points out the interests of  
- VMD for the overconcentration of brines on one side Indeed, coupling VMD and SWRO 
can reduce brines volume by a 5.5 coefficient and increase global recovery factor up to 90%.  
- a configuration based on  a solar collector coupled with a VMD system. This last could 
allow a permeate flux of 142 Lh-1m-2 to be reached even though the production varies during the 
day and the year. It is now being operated for tests at semi-industrial scale in Tunisia. First results 
will be introduced. 
This study was funded by MEDINA, a research project supported by the European Commission 
under the Sixth Framework Programme (Project number: 036997) 
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Introduction 
This work discusses the use of membrane contactors in liquid-extraction and gas absorption 
processes, with a particular emphasis on the understanding of the transport mechanisms involved. 
Through examples of own work the problem of membrane stability and selectivity will be addressed 
as well as recent solutions to improve contactors performance. A particular attention will be devoted 
to chiral resolution. The use of membrane contactors with neoteric solvents, such as Room 
Temperature Ionic Liquids (RTILs), will be also examined. Problems found and perspectives for 
future developments will be discussed. 
 
Discussion 
Liquid membrane contactors are a unique tool for selective transport of desired solutes from 
complex mixtures. The industrial future of liquid membranes will depend very strongly on the 
ability to design and synthesise selective carriers or receptors with the potential to achieve 
recognition of individual solutes. Therefore, the trend will be the development of supramolecular 
chemistry with the aim of obtaining very selective carriers, in some cases with the ability for chiral 
recognition [1]. 
This paper discusses the use of liquid membrane contactors for selective extraction or absorption of 
target solutes using different types of carriers. It intends to emphasise the importance of 
understanding the transport mechanisms involved in liquid membrane extraction with different 
carriers and also to discuss relevant aspects of the mathematical modelling involved in these 
processes [2].  
The modelling work analyses two different aspects of extraction using membrane contactors with 
microporous membranes: (i) the importance of using a correct description of solute partition 
between the feed and the extractant phase (use of a variable partition description versus constant 
partition); (ii) the correct development of mass transfer correlations in hollow fibre contactors.  
The first part of this paper discusses the importance of a comprehensive understanding of the 
carrier–solute interactions and the mechanisms involved on solute transport across liquid 
membranes. It is demonstrated that when an organic phase with some permeability to water is used, 
the osmotic pressure difference across the liquid membrane may have to be considered for a correct 
description of solute transport [3]. This situation is rather common and the analysis presented can be 
applied to similar systems. The other case studies to be presented show how structured fluids can be 
used for selective transport by making use of electrostatic and hydrophobic interactions with the 
solutes, and also that chiral carriers can be synthesised to perform resolution of racemic mixtures. 
The case studies presented do not intend to cover the large field of facilitated transport but they 
illustrate the potential of this area and the importance of understanding the transport mechanisms 
involved. 
The second part of this work brings to discussion a few aspects related with modelling of transport 
in liquid membrane contactors. Intentionally, the two problems raised may be considered quite 
simple: how to describe solute partition between the feed and the extractant phase and how to obtain 
adequate mass transfer correlations in membrane contactors. The discussion presented aims to call 
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attention to the importance of using a correct description of solute partition, especially when it is 
getting so common the use of constant partition coefficients, even when this is a wrong assumption.  
In conclusion, processes based on membrane contactors technology will most certainly become 
very important for continuous operation, but at the moment still suffering from a lack of selectivity. 
A solution to the problem requires the development of efficient engineering solutions that can 
provide a high number of equilibrium stages in compact equipment. 
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Introduction 
Various membrane processes are commonly employed in the dairy industry to concentrate, separate 
or purify liquid dairy streams. They have a key role in product refinement, but also reverse osmosis 
(RO) and nanofiltration (NF) are used to realize water savings and to recycle chemical cleaning 
agents [1, 2]. For concentration applications, membrane distillation (MD) bears the advantages to 
simultaneously recover high-quality water, integrating both aspects in a single membrane process 
while valuable, heat-sensitive ingredients are treated more gently compared to current evaporative 
technologies. The potential of MD being driven by waste-heat or solar energy is often stated, 
however process integration of MD is a challenge as waste heat sources in a dairy plant are diffuse 
and low in energy.  
 
Theory and Experimental 
In this study, we present a new system that integrates membrane distillation with conventional 
process heat-exchange that unlocks potential in dairy, and many other industries. The system works 
like a conventional heat exchanger in the process but also carries out MD treatment of a separate 
stream. This is achieved by passing the heat through a MD-system before it enters the heat sink of 
the heat exchanger. The schematic of such a process is shown in  
Figure 12. 
 

 
 
Figure 12: Concept diagram of utilizing process heat exchange as a driving force for the MD 
system. Left: normal process heat exchange; Right: Heat utilized for MD while passing from hot to 
cold stream of the heatexchanger. 
 
The MD-system can be incorporated in the heat-exchange process by heating and cooling the feed 
and stripping water streams before these enter the MD module or by merging a direct contact 
membrane distillation (DCMD) module and a plate heat exchanger into a single unit as 
schematically illustrated in  
Figure 13.  
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Figure 13: Integration of membrane distillation module and heat exchanger in one unit 
 
The advantage of integrating MD and HX into a single unit not only lies in the reduction of heat 
losses during heat transfer but more importantly results in an improved temperature profile along 
the MD membrane from its inlet to its outlet. During MD the feed-stream is usually pre-heated to 
the desired operating temperature before entering the module and looses heat while passing along 
the membrane as a result of heat and mass transfer across the membrane which leads to a reduction 
of driving force towards the module outlet. This in turn results in an inefficient operation towards 
the module outlet. The membrane distillation heat exchanger (MDHX) transfers heat to the feed 
stream in close proximity to the membrane surface and therefore reduces the heat and driving force 
losses along the membrane. 
When optimizing operating parameter for the MDHX, the actual application needs to be taken into 
account as most efficient parameter can be different under ideal conditions (i.e. no fouling or 
temperature polarisation) and real conditions. When flux is compromised by interactions between 
the feed solution and the membrane, operating parameters such as temperature and flow rate need to 
be adjusted accordingly. In the following the influence of process parameter on MD performance 
during whey and skim milk processing has been looked at.  
Figure 14 shows the laboratory scale DCMD set-up. Feed and permeate are pumped along a flat-
sheet PTFE-membrane in a counter-current flow and flux is measured by monitoring permeate 
weight gain. Feed-inlet temperature is kept at 54 °C, permeate-inlet temperature at 5 °C and linear 
velocity equals 0.05 m s-1 unless otherwise specified. 
 

 
 

Figure 14: Laboratory scale direct contact membrane distillation set-up 
 
A peristaltic pump turning on at a certain interval and pumping the produced permeate back into the 
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feed container, assures a constant concentration of the feed stream over time. 
 
Results 
Figure 15 illustrates flux during DCMD operation of reconstituted whey and skim milk powder 
solutions under constant operating conditions. During operation with whey, flux continuously 
decreases, whereas skim milk flux remains constant but is fairly low.  
 

 
 

Figure 15: Direct contact membrane distillation of reconstituted whey and skim milk powder 
solutions under constant operating conditions, both at 20 % drymatter 

 
It appears that skim milk fouling mechanisms occur relatively instantly as flux stabilizes after the 
first two hours of operation, whereas whey fouling continues over the entire period of operation.  
As shown in  
Figure 15, increasing wall shear stress by increasing flow rate leads to increased normalized 
performance for skim milk but not whey, indicating stronger binding forces of whey components in 
the cake-layer. Increasing flow rate does result in a higher overall flux for both streams (results not 
shown) but relative flux which accounts for changes in driving force does not improve for whey. 
Such relative or normalized flux is shown here as percentage of water flux. 
 

 
 
Figure 16: Relative DCMD performance with increasing linear velocity; Left: Skim milk; Right: 
whey 
 
 
The effects of feed temperature on relative performance are revealed in  
Figure 17. Decreasing feed temperature gradually leads to more sustainable whey-flux and 
increases relative flux for both, skim milk and whey. 
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Figure 17: Relative DCMD performance at varying feed side temperatures; Left: Skim milk; Right: 
whey 
 
Similar to  the results for varying flow rate, overall flux (not shown) increases at higher 
temperatures for both streams but normalized flux even decreases indicating reduced membrane 
feed interactions at lower temperatures for both streams. 
 
Conclusions 
This work has shown that MD may be a promising process to recover high quality water during 
concentration of dairy streams without substantially increasing electricity consumption, but instead 
using process heat exchange. However, for appropriate process design specific requirements of the 
dairy streams processed need to be considered.  
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Introduction 
There is an urgent need for new production concepts to promote a sustainable development of next 
generation industrial products and processes based on the use of micro- nano-particulates with 
target size, composition, structure and function. In particular, there is a need for precise, selective 
and flexible manufacturing, processing, conversion and separation processes, operating in mild 
conditions, on a variety of scales and able to maximize mass and energy utilization while 
minimizing resources utilization and waste production.  
In membrane emulsification, a dispersed phase is pressed through the pores of a macroporous 
membrane, while the droplets grown at the continuous phase/membrane interface and when they 
reach a certain size are detached and collected in the continuous phase. Membrane emulsification 
technology [1-3] is a micro-manufacturing process that allows design microstructured dispersed 
materials with target particle size and size distribution, complex 3D structures, encapsulated 
formulations and bioactive functional properties. The present paper describes the application of 
membrane emulsification technique as micromanufacturing method in the production of bioactive 
responsive emulsions. 
Membrane emulsification is proposed as advantageous technology to functionalize multiple 
emulsion interface with labile biocompounds with the aim to prepare emulsions having release 
properties controlled by external stimuli. A water-in-oil-in-water multiple emulsion containing a 
bio-receptor (Con A) that specifically recognizes and interacts with an artificial ligand (Glucose) 
was manufactured by the membrane process and used as a model system [4]. The model system 
selected has potential use as insulin controlled delivering systems able to mimic the pancreatic 
activity in the diabetes treatment. In general drug delivery devices with appropriate biomolecules 
sensor have huge interest in biomedical treatment (including cancer chemotherapy), nutraceuticals, 
special diet (including iron transport and delivery at the intestinal level.  
 
Theory and Experimental 
In this work two different membrane emulsification processes are applied. Water-in-oil (W/O) 
emulsion is prepared by cross-flow membrane emulsification using soybean oil as the continuous 
phase and 0.1 wt % Con A. Microporous hydrophobic glass tubular membranes were supplied from 
SPG Technology with a mean pore size of 0.4 �m. The dispersed phase contain also (D, L)-
Phenylalanine used as an indicator to study and verify the controlled release. 
W/O/W emulsions are prepared using stirred cell membrane emulsification using the W/O emulsion 
prepared in the first step as dispersed phase. Hydrophilic metallic flat-sheet membrane was supplied 
from Micropore Technologies Ltd with a mean pore size of 10 �m. The composition of water 
continuous phase was changed to evaluate the effect on droplets size, droplet size distribution and 
controlled release. The composition tested were: 

o 0.2wt % Con A  
o 2wt % Tween 80  
o 0.2wt % Con A + 2wt % Tween 80 

The droplet size distribution was determined by a laser light scattering system (Malvern Mastersizer 
2000, Mal-vern Instruments) and optical microscope (Zeiss, model Axiovert 25).   
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To investigate the controlled drug release properties of multiple emulsions prepared a specific 
amount of glucose (5g/l) was added to the continuous phase and the amount of PhAla released was 
analyzed using HPLC method.  
 
Results and Discussion 
Membrane emulsification method permits the production of bioactive emulsions with specific 
functional properties related to the emulsion interface size, size distribution and compositions.  
The glucose sensor multiple emulsion prepared by membrane emulsification was analyzed in terms 
of emulsion droplets size, size distribution, dispersed phase percentage, as a function of fluido-
dynamic conditions and emulsion interface composition. The results in terms of mean particles 
diameter, droplets size and w/o % of simple and multiple emulsions prepared are reported in Table 1 
and 2 respectively. 
 

Emulsifier  w/o % w/o % 

After 70 h 

D[3,2] 

(�m) 

Span 

0.1 wt % Conc A 3 0.6 7.4 1 

0.1 wt % Conc A 

+ 2%wt Span 80  
3.2 1.5 6.7 1 

 
 

W1/O emulsion 
emulsifier 

W1/O/W2  
emulsion emulsifier  

o/w % D[3,2] (�m) Span 

0.1 wt % Conc A 0.2 wt % Conc A 10 92 1.3 
0.1 wt % Conc A 2 wt % Tween 80 10 53 0.9 
0.1 wt % Conc A 0.2 wt % Conc A + 2%wt Tween 80  10 63 0.6 
0.1 wt % Conc A 
+ 2%wt Span 80  0.2 wt % Conc A + 2%wt Tween 80 10 56 0.8 
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Fig.1 The effect of progressive addition of glucose in PhAla release; (*) glucose addition 
 

Table 1 W1/O emulsion prepared by cross-flow membrane emulsification  

Table 2 W1/O/ W2 emulsion prepared by stirred membrane emulsification 
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Conclusions 
The paper evidences the unique properties of membrane emulsification process for the highly 
controlled production of a new generation of bioactive particulates materials. Membrane 
emulsification technology has been used with success to produce droplets with specific properties 
and controlled structure using surface-active biosensing molecules in order to obtain biohybrid 
multifunctional dispersed systems.  
 
References 
[1] Piacentini E., Giorno L., Figoli A., Drioli E., Membrane emulsification, in Drioli E. and Giorno 
L. (Eds.), Comprehensive Membrane Science and Engineering, Elsevier, Oxford, UK, 2010, pp. 47-
78 
[2] Giorno L., De Luca G., Figoli A., Piacentini E., Drioli E., Membrane Emulsification: Principles 
and Applications in Drioli E. and Giorno L. (Eds.), Membrane Operations. Innovative separations 
and transformations, Wiley-VCH, Weinheim, 2009, pp. 463-494,  
[3] Charcosset C. 2009. Preparation of emulsions and particles by membrane emulsification for 
food processing industry. Journal of food Engineering 92: 241-249 
[4] Piacentini E., Drioli E., Giorno L., Preparation of Stimulus Responsive Multiple Emulsions by 
Membrane Emulsification using Conc A as biochemical sensor, Biotechnology and Bioengineering, 
2011, 108 (4), 913-923 



 
100 

 

Design and analysis of membrane based process intensification and 
hybrid processing options 

 
Oscar Andrés Prado-Rubio, Philip Lutze, John Woodley and Rafiqul Gani 

Department of Chemical and Biochemical Engineering, Technical University of Denmark, Soltofts Plads 1, Building 
229, DK-2800 Lyngby, Denmark  

(rag@kt.dtu.dk) 
 
Introduction 
The paper covers model-based design and analysis as well as experiment-based verification and 
analysis within the context of process intensification and hybrid processing. Process intensification 
(PI) as well as hybrid processing has the potential to improve existing processes or create new 
process options, which are needed in order to produce products using more sustainable methods. 
Recently, process intensification (PI) has been defined as the improvement of a whole process 
through enhancements of the involved phenomena in terms of the following PI-principles: (a) 
integration of unit operations, (b) integration of functions, (c) integration of phenomena, (d) 
targeted enhancements of phenomena in a given operation. Hybrid processing, could therefore, also 
be considered as a special option within PI (a). 
Membrane based approaches can provide an essential contribution to this technology. For example, 
operations such as electromembrane filtration, in which the transport phenomena are enhanced by 
adding electrophoretic transport phenomena, as an alternative method for the fractionation of 
enzymes. Another example is the integration of membrane based operations with biocatalytic 
(enzyme based conversions) or biotransformation (resting cell based conversions) or fermentation 
(growing cell based conversions). Since bioprocesses are often limited to an unfavorable 
equilibrium or inhibition, this integration can be used to overcome the limitations by in-situ product 
removal (ISPR) or in-situ substrate supply (ISSS).  
Even though promising, identification and/or development of membrane based PI and hybrid 
process options are not simple. Therefore, a model-based design method is beneficial to quickly and 
systematically identify, to analyze and to select promising candidates, which can then be 
investigated in detail, including experimental verification. In this way, the integration of modeling 
and experiments is time and resources saving since the experimental effort can be exploited for 
verification rather than for identification of potential candidates. Additionally, models can be used 
to appropriately design the type of experiments to be performed.  
The objective of this paper is to present methodologies for model-based design and analysis as well 
as experiment-based verification within the context of PI and hybrid processing.  
 
Theory 
a) Phenomena-based PI synthesis/design methodology 
A phenomena-based PI synthesis/design approach has been developed for quick identification, 
generation and evaluation of PI process options. It is based on two contributions [1]: a) the use of 
phenomena building blocks (models) together with connection equations to represent a process; b) 
the use of a decomposition solution approach for efficient solving of the complex mathematical 
optimization problem. Starting from the problem definition (step 1), suitable phenomena to match 
the defined target are identified based on analysis of the process (step 2). In step 3, the methodology 
generates a set of process options and reduces their number to the feasible and structural promising 
options. In step 4, the search space is further reduced by hierarchical screening by operational 
constraints and a performance metrics. In step 5, the remaining options are optimized with respect 
to the defined objective for identification of the optimal process option. The main advantage of this 
approach is that it can generate potentially novel process options (truly predictive models are 
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required to generate reliable solutions) as well as the simultaneous development of the necessary 
process models. The application of the methodology together with necessary tools/algorithms 
developed for it is highlighted through case study 1. 
 
b) Hybrid process design methodology 
This developed knowledge-based methodology is aimed to identify the best possible hybrid process 
configuration for reaction-separation (R-S) and separation-separation (S-S) systems given desired 
targets for process improvement. The methodology consists of three stages [2]: (1) hybrid process 
design and analysis, (2) process implementation (including experimental setup) and (3) process-
model validation. 
The design and analysis objective is to systematically identify the potential separation and reaction 
techniques as well as the process conditions that fulfill the desired design improvements. For that 
purpose, the system is analyzed at the separation and reaction levels. A list of feasible combinations 
leads to feasible hybrid process schemes for S-S and R-S. From there, the hybrid process schemes 
can be evaluated as well as the quality of the models verified. 
A key contribution within this framework is the generic mass and energy models employed to create 
the flowsheet superstructure plus the separation process models library. The membrane based 
processes incorporated in the library are: gas separation, pervaporation, vacuum membrane 
distillation, sweeping gas membrane distillation, direct contact membrane distillation, osmotic 
membrane distillation, solvent nanofiltration and reverse osmosis. 
 
c) Methodology for design of a novel integrated membrane bioreactor 
In order to evaluate the potential of a novel membrane bioreactor technology under development, a 
model-based approach supported by experimental evidence has shown to be useful to understand 
the controlled operation of the integrated process. This is required due to the challenges at both the 
design and control levels for integrated systems. A simple systematic procedure has been developed 
as a first attempt to study integrated process operation. It allows the preliminary evaluation of 
potential production improvements and identification of integration issues [3]. 
The complexity of the models, model validity constraints and potential infeasible simulation 
scenarios of the integrated system, increase the complexity of a simultaneous control and process 
design. Therefore, the solution of the integration problem is attempted in a sequential manner while 
accounting for the conceptual interaction between design and control of the integrated process. 
The design strategy is aimed to exploit the unit interaction for both productivity enhancement and 
process control purposes. Through dynamic model analysis, the unit roles can be identified 
according to certain production goal. This permits incorporating regulatory control layers to the 
process design. This decomposition strategy makes possible to design the integrated process and 
investigate the system operation only on the interest regions of the operating window, avoiding 
undesired simulation scenarios and attempting solving the model at unfeasible process conditions. 
The application of this methodology is illustrated in case study 2.  
 
Results 
Case study 1: Continuous production of isopropyl-acetate  
The phenomena-based PI synthesis/design methodology is highlighted through the continuous 
production of isopropyl-acetate from isopropanol and acetic-acid. 
In step 1, the objective is to identify the process at lowest operational costs and capital costs for the 
production of 50.000t/a of isopropyl-acetate. Additional performance criteria are the yield, energy 
and volume. In step 2, information of the process is collected and analyzed based on pure-
component, mixture and reaction properties. The reaction analysis identifies the limitation of the 
reaction by and unfavorable equilibrium. The following phenomena were identified for the process: 
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mixing (ideal), dividing phenomena, heating/ cooling (countercurrent, co-current, conductive), 
heterogeneous reaction and phase split. Additionally, the promising phase separations of products 
from reactants are identified to be based on Vapor-Liquid separation (boiling points) or 
pervaporation (radius of gyration).  
In step 3, all these phenomena are combined using connectivity rules and the information of the 
operational window. The identified phenomena were connected to form phenomena-based 
flowsheets (72315 options) using connectivity rules and subsequently screened by additional logical 
and structural constraints to identify the set of feasible and structural promising options (194). 
Examples of four of these options are highlighted in Fig. 1. 
In step 4, all phenomena-based options are screened by operational constraints and afterwards 
transformed to unit operation using rules since some operational constraints and performance 
constraints are related to the physical unit (such as the volume). In total 23, options are remaining in 
the search space. Examples of identified units from generated phenomena-based flowsheets and 
involved phenomena are shown in Fig. 1. The performance of the generated flowsheets is evaluated 
using the product yield (A: 0.65, B: 0.99, C: 0.80 and D: 0.99), where options B and D are found to 
be equally good. In step 5, the best option is identified through solving a reduced optimization 
problem which is plate-membrane/heat-exchanger reactor. 
 

 
 
Figure 1. Identified flowsheets: (A) single phase CSTR; (B) CSTR with integrated heating jacket 
and membrane; (C) Isothermal Reactive Flash; integrated membrane, thermal controlled tubular 
reactor. Phenomena: Ideal mixing M; Reaction R; Phase creation: pervaporation P, evaporation E; 
phase separation PS, Heating H, Cooling C and Dividing D. Utility streams for energy supply/ 
removal are not shown. 
 
Case study 2: Membrane bioreactor design for lactic acid fermentation 
A simple methodology to investigate coupled process and control design of an integrated bioreactor 
with a novel electrically driven membrane separation process (Reverse Electro-Enhanced Dialysis - 
REED) is proposed. The methodology uses previously developed rigorous models for the unit 
operations [3]. The REED module continuously exchanges the biotoxic lactate, from the 
fermentation broth, by hydroxyl ions. Therefore, it reduces the adverse influence of the product 
inhibition and facilitates the pH control in the fermenter.  
The first step is the definition of the process goal, the case study is the batch production of a starter 
culture. Secondly, the roles of the tightly coupled units are defined. The integrated system is 
designed in the scenario where the REED module role is to regulate the pH at maximum bioreactor 
productivity. For this purpose, a decentralized pH control structure is implemented using PI 
controllers in an input-resetting control structure. The complete pH control structure of the 
integrated system is depicted in Fig. 2. At this stage, the bioreactor is designed according to the 
separation capabilities of the REED unit. This strategy allows integrating the models. Finally, in 
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order to reveal the potential benefit of process integration it is relevant to compare the performance 
of conventional batch fermentation (simulated), with batch fermentation coupled with 
electrodialysis (experimental, [4]) and with the integrated fermentation and REED system 
(simulated). The investigation reveals that a design of REED can partially facilitate the pH control 
in the fermenter. The final biomass concentration, biomass yield and productivity are substantially 
increased in the REED process compared to the batch fermentation and an integrated fermentation 
and electrodialysis (120% biomass productivity enhancement compared to electrodialysis case). 

 
Figure 2. Sketch of the complete pH control architecture of the integrated system. Solid lines are 
flow streams while dashed lines are signals. The input resetting control structure controls the 
separation in REED while there is a PI pH controller in the fermenter 
 
Conclusions 
The paper highlights the collection of generic models developed within the design methodologies. 
Besides, model-based systematic methodologies for design and analysis of PI and hybrid processing 
options are presented. Finally, application of the models and the design method is highlighted 
through case studies, where potential intensified processes are identified and interaction between 
unit operations is exploited during the design stage.  
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Clean water is a resource becoming more scarce as the demand and the social responsibility to 
provide it is increasing rapidly. SolarSpring GmbH (SSP) is a developer of clean-energy water 
systems.  Our solutions desalinate and treat seawater and non-potable water using solar energy or 
waste heat.   These clean energy sources are used to power technologies such as membrane 
distillation, ultrafiltration, UV disinfection and more.  Our expertise is in the design and integration 
of water treatment systems that operate on low or intermittent energy sources. 
With photovoltaic ultra filtration, reverse osmosis and UV disinfection systems have been realized. 
Solar thermal collectors and wasted heat are ideal for the application of membrane distillation 
(MD). Today SolarSpring employees are pioneers in the operation of solar membrane distillation 
systems. SolarSpring was founded in 2009 as a spin off of the Fraunhofer ISE and can revert to the 
long term field experience with solar driven MD-systems. Around the world 15 small scale systems 
(Orxy) have been installed and are in operation. Also several modular MD systems with a capacity 
up to 5 m³/d fresh water have been installed and are in operation. All systems are either 100% solar 
driven for an autonomous operation or combined with waste heat. Up to now, systems have been 
installed in countries from Mexico to the Middle East, Africa and Australia.  
 

 
Schematic of the Oryx 150 [5]    Oryx 150 in Mexico 

 
Long term experience with solar membrane distillation 
One of the first solar driven membrane distillation systems (Oryx150) has been installed on Gran 
Canary for field testing and demonstration in 2004. This 
took place in the framework of the MEMDIS project and 
the operation continued in the MEDIRAS project [1] in 
cooperation and at the test facilities of the Instituto 
Tecnologico de Canarias (ITC).  The collected data from 
this small scale system (Oryx150) have recently been 
analyzed and will be published soon [2]. The experience 
made with more than 20 installed membrane distillation 
systems (single module Oryx and multi-module systems 
with up to 12 MD-modules) show that the advantages of 
that technology can prevail.  
· Standalone system design for remote off-grid locations 
· Consistent water quality 
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· Suitable for many feed water sources, across many salinities 
· Low fouling, long term operation 
· Automatic operation with no operator needed 
· Only simple pre-treatment needed 
· Direct operation with intermittent energy supply Oryx 150 in Tunisia 
Even the downside of desalination, its high energy consumption can be tackled with high efficient 
solar collectors and reduction of heat losses within the system technology, waste heat usage and 
further improvement of the internal heat recovery. During system operation the distillate output 
could be increased through improvement of control algorithms. In applications and with limited raw 
water supply a feed water recirculation is necessary to increase the recovery ratio. With this system 
configuration, it could be observed, that the specific energy consumption rises with the recovery 
ratio, due to the negative effect of the higher salinities. Also a cooling of the brine becomes 
necessary so the temperature difference can be maintained. Aside of the general operational data, 
mechanical stability, fouling, scaling, membrane life span where evaluated. 
The long term field tests have also shown that the selectively of the membrane can be kept up 5 
years. The quality of the distillate output is generally independent from feed salinity and has been 
kept in the range 20 – 200 µS/cm, even though in the laboratory the values achieved are far lower. 
The membrane itself is rarely the reason for module failure but rather constructional difficulties or 
operational malfunctions like overheating or over pressure. The pressure is generally monitored also 
to be able to make conclusions about scaling in system components like heat exchanger. As 
expected, it could be shown that scaling is no problem on the membrane, but can occur depending 
on the raw water composition in the solar collectors and on seed crystals in the spacer structure.  
Therefore cleaning intervals might be necessary and vary from 0 to 4 times a year depending on raw 
water sources. They can be easily determined by the increase of pressure loss. Other measures to 
increase the product water quality have also been taken end evaluated. To improve the taste and the 
quality of the produced drinking water a re-mineralization of the distillate was implemented. The 
distillate is leaving the MD system with close to no minerals left and a pH- value between 5,5 and 
6,5. After the proper re-mineralization the water has a neutral character and with the intake of 
mainly Calcium and Magnesium a conductivity between 100 and 200 µS/cm. With the addition of 
an integrated UV- disinfection, storage and distribution or tapping-system a save water supply can 
be realized even if it has to be stored over a long time period. 

 
Potentials of membrane distillation 

The membrane distillation technology has many potential applications that have to be evaluated 
more carefully and where further research is needed. MD can be used as separation process not only 
in water treatment but also food processing, chemical industry and the agricultural sector. 
 
Production of ultrapure water with a maximum conductivity of 1 µS/cm 
SolarSpring supplied a MD system for the production of ultra pure water made of effluent from a 
waste water treatment plant (WWTP). Under laboratory conditions it was possible to produce water 
with a conductivity around 0.19 µS/cm [6]. This water will be suited to operate an electrolyzer unit 
that will help to close the external energy demand of the WWTP by using internal resources. One of 
the main levers to optimize the waste water treatment process is to inject compressed oxygen into 
the biological reactors. The oxygen is to be generated via electrolysis driven by renewable energies 
using the treated waste water as raw material. MD is favored for this task because compared to e.g. 
reverse osmoses the membrane it thought to be less prone to fouling and a difficult pretreatment 
should not be necessary.  
The effluent of the WWTP was tested beforehand if it is suitable for the MD-technology. Waste 
water can contain a great variety of substances that influence the MD-process. Special attention has 
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to be directed at tensides and volatile substances like Ammonia. Tensides can lower the 
hydrophobicity of the membrane and degrade it’s selectively. Volatile substances pass through the 
membrane with the water vapor even at lower vapor pressure differences. For water purification this 
poses a difficulty that was further analyzed, but for other industrial applications this can be a 
valuable application. The removal of Ammonia to recycle valuable nutrients or just to improve the 
quality of effluents is just one of the great potential applications of MD. Looking at many volatile 
substances such as Chloroform, Toluene, Acetone, Phenol, Ethanol and VOC (volatile chlorinated 
hydrocarbons), membrane distillation could be used for medium separation in a great variety of 
processes.  
For the production of ultrapure water a volatile substances like ammonia poses a great challenge. 
With the pilot MD-system build by SSP for the generation of ultra-pure water the influence of the 
ph-value changes on the ammonium/ammoniac equilibrium and the increase of retention potential 
was tested. With this analysis requirements on feed water quality for membrane distillation systems 
could be determined to enable the design of appropriate WWTP water output treatment. 
 
Production of highly concentrated salt water 
SSP is involved in an EU – Project called Reapower [4].  REAPower targets an innovative concept 
based on the reverse electrodialysis (RE) technology. This technology consists of the extraction of 
the “osmotic energy” from two salt solutions showing a large difference in salt concentration, what 
is called salinity gradient power (SGP).   The objective of REAPower is to prove that the concept of 
electricity production through Salinity Gradient Power- Reverse Electrodialysis (SGP-RE) using 
brine and sea or brackish water is feasible and to develop the necessary materials, components and 
processes. The SGP-RE is a clean, renewable energy with large global potential since the electricity 
is produced simply from supplies of water with different salt concentrations. Extensive testing of 
the laboratory stack will be performed in order to evaluate the effect of the real feed composition on 
the process. The effect of hydraulic conditions on the power density will be further evaluated on a 
larger laboratory stack. This will be also used to test the combination of this technology with the 
membrane distillation concept and the pre-treatment requirements of different brine inputs. 
Therefore SolarSpring will develop a MD-system that can generate highly concentrated salt water. 
Laboratory tests have been made with the current system configurations that evaluate the influence 
of salt concentration but also saltwater compositions on the distillation process. Additional 
potentials of these analyses can be seen looking at MD as a technology to complement other 
desalination systems like reverse osmosis, electro dialyze, etc. Since MD can handle higher salinity 
as other desalination processes it poses an option to increase recovery ratios or decrease discharge 
volumes even for (close to) zero liquid discharge applications. Further experiments are on the way 
that will evaluate different MD-module configurations.  
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Introduction 
The interest in Forward Osmosis for applications in desalination industry is steadily increasing in 
recent years [1,2]. The main advantage of FO is that it operates at low or no hydraulic pressures,  
with high rejection and lower sensibility to fouling than pressure-driven membrane processes.  
In this work, an integrated FO-NF-MD system is proposed, according to the logic illustrated in 
figure 1. The retentate stream produced by Membrane Distillation is used as a draw solution in the 
Forward Osmosis stage; once diluted, FO permeate is fed to Nanofiltration. The NF permeate, 
softened, is sent to SWRO train. 
 

 
Figure 1. Flow-sheet of the integrated FO-NF-MD system. 

 
Materials and methods 
Matrix Desalination Inc. filtration unit with capacity of 3 m3/day was used for NF tests. A 
Membrane Distillation bench-scale experimental setup with capacity of 0.1 m3/day was assembled 
with homemade Accurel PP polypropylene hollow-fibers module (pore size 0.2 µm, total membrane 
area of 0.35 m2). Forward Osmosis system was assembled with: i) a cell-house composed of two 
compartments separated by polyethersulfone flat sheet membrane; ii) Erlenmeyer flaks containing 
the feed and draw solutions; iii) peristaltic pump Master Flux 4S (Cole Parmer); iv) thermostatic 
bath Jualbo F12. Experimental tests were performed at 20°C with artificial seawater prepared by 
dissolving 23.02g NaCl, 11.29g MgCl2·6H2O, 0.651g KCl, 0.0952g KBr, 0.954g Na2SO4 per liter of 
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pure water. Calcium ions were not included in order to avoid scaling during NF and MD 
concentration steps. 
 
Results and discussion 
The time-dependent water flux profiles registered during MD concentration test of NF retentate 
carried out at moderate temperature gradient (Tfeed≈45 °C, Tdist≈30 °C), resulting in a initial 
transmembrane flux average of 1.5 kg/m2 h, is reported in figure 2. The progressive flux decline 
(36.5% at the end of test) was determined by vapour pressure decrease due to an increase in solute 
concentration. 
 

 
 

Figure 2 MD concentration test of NF retentate. 
 
Figure 3 shows that FO flux – as expected - increases at higher NF brine concentration, ranging 
from a minimum of 0.14 kg/m2h (when seawater is contacted with NF retentate) to a maximum of 
0.3 kg/m2h (when using 3-times concentrated NF brine as draw solution). This is attributed to the 
higher osmotic pressure which is the driving force in the forward osmosis. Practical concentration 
values of draw solutions should be obtained by thermo-economical optimization procedure. 
 

2 times  NF 
conc. 

3 times  NF 
conc. 
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Referring to a FO test carried out by contacting artificial seawater and 3-times concentrated NF 
retentate (duration: 2 hours, transmembrane flux: 0.3 kg/m2h), ion chromatography analysis of 
major cations (table 1) confirmed the occurrence of ion transport through the membrane due to salt 
diffusion from concentrate compartment towards the feed side:     
 
Table 1. Concentration of major cations before and after the forward osmosis test. 

Ion concentration at the beginning of the test 
 Na+ (ppm) K+ (ppm) Mg2+ (ppm) 
Feed side (artificial seawater) 10350 379 1349 
Draw solution (3 times concentrated NF) 56158 2062 14875 
Ion concentration at the end of the test 
Feed side 11221 421 1497 
Draw solution 46575 1834 12343 
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Figure 3 FO artificial seawater filtration 
tests with different draw solution: a) NF 
retentate; b) 2-times concentrated NF 
retentate; c) 3-times concentrated NF 
retentate 
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Abstract 
This work presents a novel membrane distillation process developed and produced by memsys in 
Germany. memsys invented a Membrane Distillation device based on a multi effect desalination 
process under vacuum which leads to the technical name V-MEMD (Vacuum-Multi-Effect-
Membrane-Distillation). For the V-MEMD process a new type of plate and frame module has been 
designed, built and tested. An industrial production process for an integrated and highly automated 
module production has been developed. Serial production of the module is possible since early 
2010. This results in the first modular thermal separation process which can be produced highly 
automated and therefore meets market requirements regarding quality and price. 
 
Introduction 
Membrane Distillation is a unit operation that uses hydrophobic membranes as a barrier for 
contaminated water from which mass transport of vapor is driven by differences in vapor pressure.  
For more than 20 years membrane distillation is matter of research and development containing a 
lot of hope for an alternative separation process. Several Membrane Distillation processes have 
been developed. The common processes of Membrane Distillation are:  

- Direct Contact Membrane Distillation 
- Air Gap Membrane Distillation 
- Sweeping Gas Membrane Distillation 
- Osmotic Membrane Distillation  
- Vacuum Membrane Distillation 

These Membrane Distillation processes are realised with different kind of membranes and different 
module designs. 
Membranes can be flat sheet membranes or hollow fibres. With flat sheet membrane frames plate 
modules and spiral wound modules can be built. With hollow fibres mostly tube and bundle 
modules are built. Flat sheet module in a spiral wound module configuration can be a Direct 
Contact Membrane Distillation module or a module in an Air Gap Membrane Distillation 
configuration. The hollow fibre tube and bundle modules are mostly in a Direct Contact Membrane 
Distillation configuration. 
Another classification can be done by type of heat recovery. Desalination processes with frame and 
plate modules, spiral wound Direct Contact Membrane Distillation-modules and hollow fibre 
modules can be built with external heat recovery systems [1]. Internal heat recovery can be 
achieved by spiral wound modules with airgap [2] and frame and plate modules [3]. Currently 
Sweeping Gas Membrane Distillation and Vacuum Membrane Distillation processes [4] are built 
without heat recovery. The vapour produced is condensed outside the module at both processes. 
Working pressure is a third classification for membrane distillation. In contrary to typical thermal 
desalination processes like Multi-Stage-Flash (MSF) or Multi-Effect-Distillation (MED) most 
membrane distillation processes work at ambient pressure like Direct Contact Membrane 
Distillation, Sweeping Gas Membrane Distillation and Air Gap Membrane Distillation. Only 
Vacuum Membrane Distillation is working at negative pressure by definition. 
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Principles of membrane distillation 
Membrane distillation can be most easily explained by the Direct Contact Membrane Distillation-
process. A microporous, hydrophobic membrane separates the solution on one side of the membrane 
from the product on the other side of the membrane, i.e. seawater/distillate. The temperature of the 
solution is higher than the temperature of the distillate side. The temperature difference across the 
membrane generates a vapour pressure difference across the membrane. Water evaporates on the 
warm/hot side of the membrane, vapour molecules flow through the membrane pores and condense 
on the cool side.  
 
Membrane and transport process 
Membrane distillation is a combined heat and mass transport process. Traditional membrane 
processes like Direct Contact Membrane Distillation and Air Gap Membrane Distillation work at 
ambient pressure. Under this conditions non condensable gases stay in the membrane pores and 
limit vapor flux. The transport of the water molecules through the pores is a diffusion process and 
can be described with the Knudsen flow model [5]. 
 
Membrane 
Typical membrane materials are polypropylene (PP), polyvinyliden fluoride (PVDF) and 
polytetrafluorethylene (PTFE). Average pore sizes are 0,2 µm to 2 µm. Increasing pore size reduces 
water entrance pressure. 
 
Mass and heat flow 
Standard thermal desalination processes like MSF and MED operate with negative pressure. Non 
condensable gases are removed by degassing the vacuum system. High amounts of heat can be 
transported by evaporation and condensation if the systems operates without non condensable 
gases. If non condensable gases are not removed they accumulate in the system and the heat and 
mass transport is reduced dramatically. The pure vapour flow changes into a diffusion process.  
Membrane distillation processes like the spiral wound module [2] or the plate and frame system [3] 
operate at ambient pressure so the transport process is a diffusion process. Thermodynamically 
these processes can be compared with traditional MSF working at ambient pressure. The latent heat 
of condensation is released and need to be discharged by high solution flow or feed flow. The high 
flows cause significant pressure loss. 
Due to their configuration Direct Contact Membrane Distillation and Air Gap Membrane 
Distillation cause essential heat losses by heat conduction. In spiral wound Air Gap Membrane 
Distillation modules with internal heat recovery which has been built and operated on the canary 
islands by the author in the 1980’s heat losses of 20 to 40% occurred depending on the operation 
temperature [6]. 
 
Vacuum Membrane Distillation 
Vacuum Membrane Distillation [4] is an approach to reduce heat losses and to come to higher 
vapour flow rates. The configuration used is a hollow fibre module. Conclusion of this work is that 
permeability, heat transfer coefficients and water fluxes for a NaCl solution are not influenced by 
hydrodynamic parameters. 
 
Vacuum multi effect membrane distillation 
All processes have been carefully evaluated. memsys came to the conclusion that the V-MEMD has 
the highest commercial potential due to the following reasons: 

- lowest specific heat transfer surface for a given production and heat consumption 
- high water flux 
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- low heat loss 
- internal heat recovery 
- minimum mechanical stress due to low differential pressure on membrane from feed flow and 

negative pressure 
- modular construction 

The last point is crucial to compensate the major advantage of RO systems especially for small 
scale plants. 
In the following it will be described how the MED process, which contains superior heat transport, 
low feed flow and an internal heat recovery in the stages was adapted for the memsys process (V-
MEMembrane Distillation).  
For the first time V-MEMD combines the advantages of membrane distillation and MED. Like 
MED V-MEMD has defined stages, works at the boiling point and has a low feed flow. The heat is 
also transported by evaporation and condensation. 
 

 
 

Fig. 1: Basic principles of V-MEMembrane Distillation 
 
Figure 1 shows the basic principle of the memsys V-MEMD process. In stage 1 steam from 
evaporator condenses on a PP-foil on pressure level P1 and corresponding temperature T1. This foil 
and a microporous hydrophobic membrane build a channel for the solution. The solution is heated 
by condensation energy from stage 1 and evaporates under corresponding negative pressure P2. 
This process can be replicated in further stages at always reduced pressure and temperature. In the 
last stage the steam is finally condensed in a condenser which is the cold side of the system. The 
vacuum system is not shown in figure 1. 
A memsys module contains multiple parallel surfaces for condensation and evaporation in one 
stage.  
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Figure 2: Mass and vapour flows in separate stage 
 
Vapour at a pressure P1 and temperature T1 enters the stage and flows into several channels whose 
are arranged in parallel. These channels are limited on both sides with foils for condensation and are 
in a dead end configuration. The dead end contains a small channel for removing of non-
condensable gases and to apply the vacuum. The vapour condenses and flows into a distillate 
channel.  
The heat of condensation is transported through the foil and is immediately changed into 
evaporation energy which generates steam in the feed channel. The feed channel is limited by one 
condensing foil and a membrane. The feed channel is on pressure level P2 and at temperature level 
T2 which are lower than T1 and P1. The vapour leaves the membrane channels and is collected in a 
main vapour channel. The vapour leaves the stage via this channel and enters the next stage. 
  
memsys test rig 
Several test rigs have been installed in our laboratories to evaluate the perfomance of our modules 
for various operations and liquids. The modules contain impermeable membranes for condensation 
and permeable membranes for distillation. Following test rig has been built with standard memsys 
modules comprising a steam rising stage, two distillation stages and a condenser.  
All stages are produced on industrial scale from injection moulded PP-frames. The frame 
production is highly integrated and all membranes are welded on frames in one production step. 
Production capacity is currently at a level of 50m³/day modules equivalent and can be easily 
extended. The frames are welded together to build stages and modules. When welding the frames 
together necessary channels are formed and supported by PP-spacer. 
Stages are separated by PP-plates which change direction of feed and vapour. Intermediate plates 
and cover plates are welded to frames by using one unique welding process resulting in a vacuum 
tight set up. 
The distillate is transported via siphons from stage to stage transporting the pressure levels down to 
the condenser. On every rising side of a siphon distillate expands by boiling from the higher 
pressure to the lower pressure. This vapour also enters the foil channels and condenses.  
A typical memsys module has the dimensions: 330mm x 700mm x 480mm. The setup contains 
surfaces of membranes of 3.5m² each for condensation and distillation. The distillation membrane is 
made of PTFE with a pore size of 0.2 µm, the condensation membrane is made of PP with a 
thickness of 40µm. The dimension of all membranes are 335mm x 475mm. The feed channel has a 
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thickness of 1 to 1,5mm which can be adjusted during the welding process.  
Results can be provided for this report under following conditions: 
 

feed flow 50 - 70 l/h  
vapor pressure evaporator 312-124mbar  
corresponding head temperatures 70°C – 50°C 
condenser pressure 40 – 80mbar 
evaporator entrance temperatures 80°C – 55°C 
condenser entrance temperature 19°C - 26°C  
brine outlet temperature 30-45°C 

 

 
 

Figure 3: Flow of liquids and vapour in a 2-stage sample setup 
 
Vapour produced in the evaporator enters stage 1 and condenses. New vapour is produced in the 
adjacent feed channel, leaves stage 1. Driven by pressure difference this vapour enters stage 2. Here 
the process of stage 1 is repeated and the vapour leaving stage 2 enters the final condenser. The 
distillate produced in each stage is accumulated and flows via siphons to the condensor where it is 
finally supplied to ambient pressure. This represents a heat recovery of a gained output ratio (GOR) 
of 2. The GOR describes how much thermal energy is used by a desalination system. Due to the 
modular design almost unlimited scalability and various thermodynamic setups can be produced. 
 
Results 
The sample set up confirms theoretical expectations. The distillate flow is measured in total from 2 
stages. The distillate flow is 23,8l/h up to 33,5l/h this means an specific flow from 6,8l/m²h to 
9,5l/m²h at above mentioned temperature levels. Higher temperatures lead to higher fluxes. 
Tests with high concentration of NaCl in the feed (60g/l) showed no significant influence in mass 
and heat transfer. 
 
Conclusion 
The performance of the test rig confirmed the expected mass and heat transfer. Due to the industrial 
scale production of the memsys modules a very high and replicable quality can be assured. 
Production method and raw materials used for the memsys modules enable good competitiveness to 
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existing technologies. At the time of writing further field demonstration units are under construction 
and envisaged for intensive tests under different working conditions and in connection with 
different heat sources as waste heat or solar heat. 
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Crystallization is one of the most important separation and products formulation processes in 
chemical industry. It is currently employed to manufacture innumerous daily-used products like 
additives for hygiene and personal care commodities, pharmaceuticals, fine chemicals, pigments, 
and several others. Generally, crystals properties have a remarkable impact with respect to their 
uses. Crystal’s morphology (intended as crystals’ shape, habit, size, size distribution) is crucial in 
this sense; e.g. specific crystals’ shapes are preferred for more efficient downstream operations like 
filtration, drying, compaction and storage [1,2]. Furthermore, crystals with elevated structural order 
are also necessary to resolve at atomic level the tridimensional structure of bio-macromolecules, by 
X-ray diffraction analysis, to design and synthesize appropriate drugs [3].  
Although this, current approaches to crystallization still suffer of some limitations which affect both 
products quality and process efficiency. Irreproducibility in the final crystals characteristics is 
mainly associated with poor supersaturation control due to imperfect mixing, reduced and 
inhomogeneous distribution over the plant of solvent removal or antisolvent addition points, and 
reduced possibility to modulate the supersaturation generation rate [4]. In currently used industrial 
evaporators crystallizers, the limited available surface area for evaporation limits the rate at which 
supersaturation is generated. Moreover, thermally sensitive molecules cannot be normally processed 
by these approaches.  
On these bases, in recent years, the development of new well-behaved crystallization processes 
named membrane crystallization (MCr), based on the extension of the distillation/osmotic 
distillation concepts has been carried out. In this sense, the concept of MCr is that a membrane is 
the adjustable gate for solvent evaporation from an under-saturated solution, thus inducing crystals 
nucleation and growth, by adjusting solution composition (supersaturation) (Figure 1). In this 
technique, depending on the chemical-physical properties of the membrane and on the process 
parameters, the extension of solvent evaporation rate, and hence the supersaturation and its rate, can 
be regulated very precisely by means of the membrane. The effect would be the control of the rate 
and the extent on nucleation over the crystal growth thus investigating a broad set of 
kinetic/thermodynamic trajectories of the crystallization mechanism that are not readily achievable 
in conventional crystallization formats, by changing on the driving force of the process, on the 
membrane properties or on the axial flow (fluid-dynamic regime), and which would lead to 
producing crystalline materials with controlled/improved properties [5,6]. Furthermore, in dynamic 
MCr configuration, the special fluid-dynamic environment joined with the generation of an 
extremely homogeneous supersaturation over the whole solution, due to the numerous points for 
solvent removal (pores), allows the production of nuclei with uniform size distribution which, in 
turn, will produce macroscopic crystals with uniform size distribution and controlled morphology. 
This aspect would be of undoubted benefit for industrial production of macromolecular crystals, as 
e.g. in the first step for the production of Cross-linked Enzyme Crystals (CLECs). In addition, the 
possibility to operate in continuous mode is another advantage of the technique with respect to the 
traditional batch crystallizer industrially used. 
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Figure 1. General principle of membrane crystallization technology: as in membrane/osmotic 
distillation, volatile molecules (solvent or antisolvent) move in vapor phase through the non-wet 
membrane by a mechanism of evaporation-migration-condensation. Solute molecules concentrate 
on the feed side thus achieving the thermodynamic condition for crystallization. 
 
In MCr, the membrane material and structure can be chosen in such a way that its surface might 
operate as a physical substrate for heterogeneous nucleation, by inducing a reduction in the free 
energy barrier (Figure 2). This effect can be due to both the structural and chemical properties of the 
membrane surface: (1) the porous nature of the surface might supply cavities where solute 
molecules are physically entrapped leading, locally, to high levels of supersaturation; (2) the non-
specific and reversible chemical interaction between the membrane and the solute can allow to 
concentrate and orient molecules on the surface without loss of mobility, thus facilitating effective 
interaction proper for crystallization.  
 

 
 

Figure 2. On the left: heterogeneous nucleation assisted by the membrane surface; on the right: 
porcine pancreas trypsin crystallized on the surface of polypropylene membrane.  
 
These effects would be extremely useful to encourage crystallization of such molecules which are 
reluctant to crystallize, like is generally for bio-macromolecules. In the case of such a complex 
molecular systems, the different interaction mechanism is dependent on the patches which are 
available on the molecular surface. Hydrophobic and hydrophilic spots, positively and negatively 
charged functional groups and hydrogen bonding moieties are known to provide affinity for almost 

Hydrophobic membrane
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any kind of non-biological surface [7]. Furthermore, preferential solute-membrane interaction can 
facilitate specific solute-solute interaction pathways which would lead to the formation of particular 
crystal structures like in the case of HEWL [8]. A heterogeneous nucleation mechanism generated 
by an irregular surface topography as that above a porous membrane, is composed by molecules 
dispersed in solution are first adsorbed on the surface by means of non-specific attractive 
interactions. The irregular structure may physically block the lateral migration of the adsorbed 
protein molecules into the concaves, so that they are forced to be packed into compact aggregates. 
The trapping of molecules on the surface may result in a relatively higher local supersaturation, 
which would increase the possibility of nucleation compared with that on an ideally flat surface. 
Here, nucleation will follow with the formation of critical clusters comprising molecules forming 
suitable bond angles with their neighbors, while the molecules in a randomly packed compact 
structure may form a fractal cluster, which cannot work as a nucleus for crystal growth. Critical 
clusters then grow into crystals while the fractal clusters grow into larger clusters. Figure 2 depicts a 
crystal of porcine pancreas trypsin crystallized above the surface of a polypropylene membrane. 
From the figure is apparent the perfectly faceted shape of the crystal embedded inside the pores 
where macromolecular aggregation started. From a technological point of view, the control of 
surface porosity in producing membranes can be achieved easily, so that specific membrane-
nucleants, having the desired value of porosity which might be used to achieve the desired 
heterogeneous contribution ( *

hom
* / GGhet ∆∆ ), can be produced. 

 

 
 

Figure 3. Different pathway in crystallization of stable and metastable phases in a dimorphic 
molecular system. Membrane can be used to control the rate of supersaturation, thus forcing the 
system to follow either one of the two patches showed: for low supersaturation rate the system 
localize in a absolute minimum, corresponding to the lower energetic polymorph; for higher 
supersaturation rate, a relative minimum can be achieved by the system, thus leading to the 
production of a higher-energetic form.  
 
Many substances can exist in solid crystalline state as several phases, a phenomenon named 
polymorphism. Each polymorph is characterized by its specific physical properties, like solubility, 
dissolution rate, thermal and mechanical stability, optical properties, etc. Each form represents a 
specific, patentable, material. Among the different phases, the relative stability in a specific 
condition is ruled by thermodynamics [9]. However, the phase that will be effectively obtained 
depends on kinetics (Figure 3) [10]. In a membrane crystallizer, this kind of control can be achieved 
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by controlling the composition of the crystallizing solution through the management of the 
transmembrane flux. This provides an opportunity to systematically affect the degree and the rate of 
variation of the supersaturation which, in turn, affects the polymorphic composition of the 
precipitate. As this control can be produced very precisely, by fine tuning the operating conditions 
and/or by choosing the opportune membrane properties, selective polymorphs crystallization is an 
important possibility available to operators. Evidence of this possibility is reported in the selective 
crystallization of either the � or � polymorph of the amminoacid glycine [11], the phases I and II 
of paracetamol [12], and the forms α and β of L-Glutamic acid [13]. 
Recently, the extension of the classical membrane crystallization concept to the antisolvent 
crystallization process has been proposed [14]. The antisolvent membrane crystallization process 
operates on the base of the same principle of a conventional membrane crystallizer, where the 
selective dosing of the antisolvent is performed by transfer of solvent/antisolvent in vapor phase, 
thus allowing a more fine control of the crystallizing solution composition during the process and at 
the nucleation point. The system operates according to two configurations: (1) solvent/antisolvent 
demixing configuration, in which a certain solute is dissolved in an appropriate mix of a solvent and 
an antisolvent, experiences supersaturation as the solvent, which is supposed to have a higher vapor 
pressure than the antisolvent at the same temperature, evaporates at higher flow rate thus achieving 
solvent/antisolvent demixing; (2) antisolvent addition configuration, where supersaturation is 
generated as the antisolvent is gradually evaporated from the other side of the membrane by 
applying a gradient of temperature.  
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Figure 4. Left: precise control of supersaturation rate in solvent/antisolvent membrane 
crystallization process by acting on the transmembrane flux of solvent removal; Right: effect of the 
control of the supersaturation rate on the kinetic/thermodynamic balance in the nucleation stage, 
thus affecting the polymorphic composition of the precipitates.  
 
By this technology, gradual antisolvent dosing, in vapor phase, is carried out in a well-controlled 
way by means of a porous membrane, thus extending the possibility to impact the crystallization 
mechanism toward the production of specific polymorphs also in antisolvent crystallization 
operations (Figure 4) [15]. 
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Introduction 
Due to the increased reuse  of  water , the remaining brines become more and more a problem. 
Disposal is no longer an option because of more stringent legislation. Concentration of the brine by 
conventional methods like evaporation and crystallization is an option, but very expensive because 
of high energy consumption and the application of expensive materials (corrosion).  
Membrane distillation-crystallization (MDC) may offer an attractive alternative for concentrating 
the brine to salts and purified water. Advantage of this process is the possibility of using waste heat 
at temperature levels up to 90 °C . Because of these relatively low temperatures the MDC 
equipment can be designed with polymer material. This is much cheaper  than the high quality 
metals  needed in the conventional process and also corrosion resistant. 
 
Experimental and results 
Challenge in the MDC process is to control the crystallization to prevent formation of crystals on 
the membrane surface resulting in the loss of water flux. Because of temperature and concentration 
polarization, crystallization tends to happen on the surface of the membrane. This results in possible 
plugging of the membrane. A way to overcome this problem is crystallization outside the membrane 
module in a separate crystallizer by changing the conditions (like temperature). A more efficient 
option is to combine both concentration and crystallization in one module. This means that the 
crystallization in the module has to be controlled to prevent crystallization on the membrane. This is 
the objective for the research on MDC at TNO.  
Three approaches will be followed: 
 

• Controlling the crystallization by the process design. The application of osmotic distillation 
will be studied. 

• Controlling the crystallization by effecting the crystallization behavior, by e.g. the addition 
of seeds.. 

• Prevention of crystallization by modification of the surface properties of the membrane 
material. 

 
Direct contact membrane distillation without applying the approaches as mentioned above results as 
expected in a sudden flux decline at the moment of crystallization. In Figure 1 the drop in water 
vapor flux versus time is shown for a batch experiment starting with an almost saturated  NaCl 
solution at temperature level of about 75°C at the feed side and a temperature difference of about 
12°C between feed side and distillate side.  
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Figure 18 Water vapor flux (l..m-2.h_1) versus time during concentration of almost saturated NaCl 
solution. 

Likely cause of the flux decline is crystal formation on the membrane surface. In case of NaCl, 
crystallization will probably start near the membrane, due to  

• Concentration polarization 
• Temperature polarization 

 
Because of the rather low flux and the turbulence at the feed side of the membrane the 
concentration polarization can be considered to be negligible. Because of evaporation near the 
membrane, the temperature polarization plays an important role. To avoid crystallization near the 
membrane surface due to temperature polarization experiments have been executed with osmotic 
membrane distillation. The principle of osmotic membrane distillation is shown in Figure 2. By 
adding a component to the distillate side causing a decrease in vapor pressure (e.g. CaCl2), the 
driving force across the membrane (difference in vapor pressure between feed side and distillate 
side) is still positive despite an inverse temperature profile. 
 

 
Figure 2. Principle osmotic distillation [1] 

 
In the experiments performed the temperature TD will be at a level that T1 > Tf.. In this way the heat 
of evaporation at the feed side is delivered by the distillate side  and a temperature drop at the feed 
side and as a consequence of crystallization on the membrane surface could be prevented. 
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In the experiments KCl is used at the feed side  and CaCl2 is used as drawing liquid at the distillate 
side. A near saturated KCl solution  is used instead of NaCl because of the stronger temperature-
solubility dependency.  
In Figure 3 the flux is shown during time. The temperature at the distillate side is about 10 °C 
higher than the temperature at the feed side (about 60 °C).  
 

 
Figure 3.Water vapor flux (l.m-2.h-1) during time with osmotic membrane distillation. 

 
The figure shows a flux decline. This decline is  due to the concentration of the KCl  solution. By 
adding concentrated CaCl2 to the distillate solution, the water vapor flux increases again.. 
 
Avoiding crystallization on the membrane is necessary, because the crystals tend to grow through 
the pores of the membrane. In figure 4 is shown that crystals grow through the membrane, both with 
a PTFE membrane and an oleophobic membrane, based on PES. 

 

Figure 4. Effect of crystallization through the pores (blooming effect) at the aerated side of the 
membrane in a PTFE membrane (left) and a modified PES membrane (right). 

 
Avoiding crystallization on the membrane surface may be realized by offering another surface in the 
form of fine salt particles. Up to know this route is not successful (still flux decline). Another route 
has been investigated by adding K4Fe(CN)6  to the near saturated NaCl solution. Aim of this 
addition is the change in type of NaCl crystal structure possibly leading to less crystallization on the 
membrane surface. In figure 5 the difference in crystal structure  is shown. 
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Figure 5. Structure of NaCl crystals with (right) and without (left) K4Fe(CN)6  addition. 

 
Despite another crystal structure, flux decline after crystallization is still observed in MD 
experiments. 
 
Another route to minimize or prevent crystallization on the membrane might be the surface 
modification of the membrane. Separate experiments have shown that different type of materials 
show a different scaling behavior of  NaCl crystals. Modification of the membrane surface by 
plasma coating is still going on and results are not known yet. 
 
Conclusion 
It is important to prevent in the MDC process crystallization on the surface of the membrane, 
because crystallization on the membrane will lead to crystal formation through the pores of porous 
membranes (also hydrophobic membranes). Changing the structure of the crystals by adding 
chemicals or adding homogeneous fine particles as seeds is so far not successful in preventing 
crystallization on the membrane surface during MDC. Osmotic membrane distillation shows some 
promising results in preventing crystallization on the membrane, but conditions have to be 
optimized in order to determine the real potential of this method.  
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Abstract 
Among four specific kinds of membrane distillation (MD) process, vacuum membrane distillation 
(VMD) recently has received more attention by researchers. VMD is an evaporative process using 
hydrophobic porous membranes, which physically separate the aqueous liquid feed from the 
gaseous permeate kept under vacuum or low pressure condition. Feasibility of VMD process was 
proven to be related to the membrane properties and thus mainly to its permeability.  
In this paper, a new method for permeability measurement of membranes for VMD process will be 
proposed. Basically, membrane permeability is very often obtained from experiments performed by 
permeation of N2 and then permeability to water is calculated. The risk of this method is that it 
neither takes into account the interaction between water and the membrane material nor based on 
the mechanisms that occur during membrane distillation. This paper aims to develop a methodology 
to determine membrane permeability by experiments performed with pure water and based on the 
real process of membrane distillation. The principle is to perform Knudsen permeation of pure 
water vapour through the hydrophobic membrane while permeate flux is measured by a flow meter 
to facilitate continuous operation. Permeability measurement is also sometimes determined by water 
distillation with the methodology used to determine water permeability for microfiltration (MF) or 
ultra-filtration (UF) membranes: operation at a constant feed temperature while varying permeate 
low pressure at different values to scan a range of differences of trans-membrane water vapour 
partial pressures. However, this method can be instable, uncertain and time-consuming since 
pressure variation is carried out in steps. In order to overcome these shortcomings, a new method is 
proposed to perform in opposite way by continuously varying feed temperature while keeping 
permeate low pressure as constant. This method is expected to have a greater stability and 
simplicity than the existing one by not only allowing a wide range of inlet temperature (25°C – 
70°C) to be scanned continuously but also avoiding time response of the system as observed in 
varying permeate pressure. Experimental results achieved with different kinds of hydrophobic 
membranes will be presented to prove the feasibility of this new method.   
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Introduction 
Water stress will play a growing significant role in the next decade worldwide and also in Europe. 
Ensuring safe future worldwide water supplies demands, today, for advanced and environmentally 
acceptable processes addressed to preserve water and to reduce its consumption. 
Over the past 40 years different progresses in pre-treatment operations, in pressure recovery 
systems and in membrane modules performances have contributed to the exponential growth of 
Reverse Osmosis (RO) and other pressure driven membrane operations (such as Nanofiltration 
(NF), Microfiltration (MF) and Ultrafiltration (UF)) for brackish and sea water desalination. Today 
Membrane Engineering is playing a dominant role in that field. The success of membrane science 
and membrane engineering is mainly related (i) to the improvement of the final morphology of 
membranes, (ii) to the understanding of their transport mechanism, and (iii) to the development and 
optimization of new membrane operations particularly adapted for molecular separation and mass 
transfer between different phases. The piece of evidence is that 80% of the current desalination 
plants worldwide are based on membrane operations. 
At present, the most interesting developments for membrane technologies are related to the 
possibility of designing and operating integrated membrane desalination systems for increasing the 
efficiency of the overall system. Various European projects have been carried out or are in progress 
in which membrane operations are under investigation in integrated systems, using also renewable 
energies such as the solar one. “MEDINA” is one of the European FP6 funded research projects 
based on this strategy (http://medina.unical.it). This multinational and multidisciplinary project 
was led by a consortium of 13 research teams covering the most important knowledge and 
backgrounds necessary for improving the current design and operation practices of membrane 
systems used for water desalination. The proposed approach was based on the integration of 
different membrane operations in RO pre-treatment and post-treatment stages. In the pre-treatment 
steps, the integration of different tools (such as water quality characterisation, membrane cleaning 
strategies, selection of the most appropriate pre-treatment processes) has led to the minimisation of 
membrane replacement needs thereby reducing the operating costs. In the RO post-treatment stages, 
the presence of Membrane Distillation (MD) and/or Membrane Crystallizer (MCr) and/or Wind 
Intensified Enhanced Evaporation (WAIV) working on the brine streams, offered the possibility to 
produce more fresh water thus increasing water recovery factor of current desalination plants, 
reducing brine disposal problem, recovering the ions present in the concentrated streams of the 
desalination plants, and approaching the concept of “zero-liquid-discharge”. Special focus has been 
placed on the stability and control of the MCr process by avoiding crystals deposition inside the 
membrane module and/or on membrane surface. For what concerns the quality of the formed 
crystals, they have been characterized by means of crystals size distribution (CSD), middle 
diameter, cumulative function and coefficient of variation (CV). The achieved results showed that 
when crystals grown under milder conditions, CSDs are characterized by low dispersions and, then, 
low CVs. Moreover, the experimental tests have also allowed to test fluid-dynamic effect on 
membrane crystallization operation: according to the results, diffusion represents the dominant 
mechanism during the crystallization process when it is carried out under the investigated operative 
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conditions. 
Moreover, tests were carried out also on a brackish water integrated desalination system constituted 
by pre-treatment/RO/WAIV/MCr. The obtained results showed that water recoveries as high as 75 – 
76% can be achieved from the integrated system while less than 0.75% of the raw water fed to the 
desalination system is discharged to the environment. This is a key-result for the further application 
of inland brackish water RO, that will help in improving the technical feasibility of concentrate 
disposal and in the transforming the traditional brine disposal cost in a potential new profitable 
market. 
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Sorption of vapors in polymers is important from fundamental and applied points of view 
(membrane separation, polymer processing, etc.). In most cases, polymer ’sorbents’ have been 
studied either below or above the glass transition temperature Tg, i.e. in the glassy or rubbery state. 
It is interesting, however, to observe changes of sorption thermodynamic parameters in passing 
through Tg of the polymers and, moreover, in the case when the polymers are in a state which is not 
perturbed by a large amount of absorbed vapor, namely, at infinite dilution region. These 
requirements are met by using inverse gas chromatography (IGC) as a method of sorption 
investigation. It was applied for amorphous Teflons AF1600 and AF2400 with suitable for 
investigation Tg (~160 and ~240°C, respectively) and being interesting membrane materials. 
Thus, infinite dilution sorption of C13–C17 n-alkanes in perfluorinated copolymers AF1600 and 
AF2400 was studied by IGC. The coating of the polymers was performed from 1 wt. % solution in 
perfluorotoluene onto macroporous solid carrier Inerton AW with surface area about 0.5 m2/g and a 
particle size of 0.16–0.20 mm. Based on weight loss determined by back extraction, the 
concentrations of the polymer phase on the solid carrier were 3.5±0.1 for AF1600 and 6.3±0.3 wt. 
% for AF2400 respectively. The measurements in the range 120–255oC were performed using a 
CrystaLux 4000 chromatograph with thermal conductivity and flame ionization detectors. 
On the basis of retention diagrams of C13–C17 n-alkanes (Fig. 1) breakpoints were observed at 
~150°С (AF1600) and ~240°С (AF2400) which correspond to Tg of the polymers. It seems to be a 
rather rare IGC-observation of such kind of behavior among polymers studied. 
The presence of two linear dependences at both sides of Tg indicates different mechanisms of 
sorption in these temperature regions. The first, in the rubbery state of polymers, is characterized by 
positive excess partial molar enthalpies ,

1
Eh ∞  (Table 1) that are consistent with those for 

perfluorinated rubber studied previously [1] and reflect well-known unfavorable interactions 
between hydrocarbon and perfluorinated polymer [2]. 

 

 
    a      b 
Fig. 1. Retention diagrams of C13–C17 n-alkanes in AF1600 (a) and AF2400 (b). 
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Table 1. Partial molar enthalpies of n-alkane – perfluorinated polymer system 

,
1
Eh ∞ , kJ/mol 

Rubbery Glassy Solute 
AF1600 AF2400 AF1600 AF2400 

n-C13H28 12±1 - -22±1 - 
n-C14H30 14±1 - -20±1 -13±1 
n-C15H32 18±1 22±4 -23±5 -17±3 
n-C16H34 16±3 16±3 -17±1 -17±1 
n-C17H36 - 15±3 - -19±2 

 
 

In the second region (below Tg), in spite of the unfavorable interactions the excess enthalpies ,
1
Eh ∞  of 

the systems are negative. The dramatic change in the sorption behavior is explained by significant 
influence of glassy contribution expressed by cohesive energy of the polymer on total excess partial 
molar enthalpy [3]. It is assumed that metastable voids are formed in the polymer at freezing 
macromolecular motions in passing through Tg. Thus, these voids can serve as additional sites of 
accumulation of solute molecules. Indeed, the solubility coefficients reduced to 35ºC in glassy AFs 
are by a factor 100 higher than those in rubbery-like AFs (Table 2). 

 
Table 2. Solubility coefficients reduced to 35ºC of n-alkanes in copolymers AFs 

S, cm3 (vapor)/cm3 (polymer)/atm 
Rubbery Glassy Solute 

AF1600 AF2400 AF1600 AF2400 
n-C13H28 2.2·103 - 9.7·104 - 
n-C14H30 3.9·103 - 1.9·105 7.3·104 
n-C15H32 6.0·103 560 6.2·105 2.5·105 
n-C16H34 13.7·103 3.2·103 9.4·105 6.3·105 
n-C17H36 - 5.0·103 - 1.6·106 

 
In respect to AF2400 the presented investigation demands performing further experiments with 
lighter hydrocarbons and with other loadings of the polymer in order to make a detailed comparison 
with solute-polymer systems studied previously. 
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Introduction 
Cocrystallization has become increasingly important in the drug development because it is a 
powerful technique to modify key solid-state properties of APIs without compromising their 
structural integrity. Therefore cocrystallization can directly impact scientific and legal aspects of 
drug development and life cycle management of  the marketed products by providing multiple 
opportunities to use co-crystals as an alternative solid dosage form and to extend patent life of 
products [1]. Nevertheless the cocrystallization processes is not adequately controlled and 
sometimes not well-understood, making cocrystals formulation a difficult task to be achieved. Such 
situation demands for the development of new and more efficient production technologies [2]. In 
this experimental work, a new crystallization strategy for the direct formulation of co-crystals 
from multi-component mixtures is proposed. This approach, is a membrane-based crystallization 
process that use the membrane as a means to operate antisolvent crystallization [3-5]. The 
antisolvent membrane crystallization in demixing configuration used to adjust the amount of 
solvent/antisolvent in the crystallization solution. The selective solvent removing is not performed 
by forcing it, in liquid phase, through the membrane but transferring it in vapor phase, thus allowing 
a more fine control of the crystallizing solution composition at the nucleation point. The process 
operating mechanism provides the solvent and the antisolvent are miscible and the first has a vapor 
pressure higher than the second. These conditions determine the preferential evaporation of the 
solvent rather than antisolvent when the mixture is subjected to a thermal gradient. This strategy 
was used for the production of carbamazepine-saccharin (CBZ-SAC) cocrystals from water/ethanol 
solvent mixtures. Since CBZ and SAC are more soluble in ethanol than in water, in our system 
ethanol is the solvent and water is the antisolvent. The preferential extraction of ethanol from the 
crystallizing mixture, reduces the ratio ethanol/water resulting in the reduction of compounds 
solubilities in  mixture and thus increasing the supersaturation.  
 
Experimental 
Carbamazepine form III and Saccharin were provided from Sigma-Aldrich and Ethanol was from 
Carlo Erba. The experiments were performed at different initial CBZ/SAC molar ratio and at 
different initial weight ratio of the ethanol/water solutions, thus the initial crystallizing solutions 
were prepared dissolving a fixed amount of CBZ and the appropriate amount of SAC in ethanol and 
then adding a water solution saturated with SAC to achieve the right initial molar ratios. The 
saturated solution was prepared dissolving  SAC in bi-distilled water at 50 °C, equilibrating at 25 
°C overnight and  finally filtering by 0.2 µm PES membrane to remove the solid deposit. The 
solubility of SAC in water was determined gravimetrically after drying an aliquot of the saturated 
solution at 80 °C for 24 h.  Crystallizing solution was then fed to a membrane crystallization 
apparatus containing a glass membrane module assembled with hydrophobic polypropylene hollow 
fibers membranes with nominal pore size 0.2 µm.  
In these experiments membrane modules were assembled in two different ways: by using  20 fibers 
with diameter of 1000 µm (Accurel PP, Q3/2, from Membrana GmbH) resulting in 9,11x10-3 m2  
membrane surface area and by using 4 fibers with diameter of 1800 µm (Accurel PP, S6/2, from 
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membrane GmbH) resulting in 3,27x10-3 m2  surface area. Process activation was performed 
through generating a vapor pressure gradient between the two sides of the membranes by a 
temperature difference; in this series of tests the temperature was 25 °C on the feed (crystallizing) 
side and 10 °C or 5°C on the distillate side. 
During each test, water/ethanol composition in the crystallizing solution was quantified by ex-situ 
refractive index measurements on fixed aliquots of the distillate solution. The transmembrane flux 
was measured as the reduction of the volume of the crystallizing solutions as a function of the time.  
A preliminary qualitative analysis of the crystalline precipitates was performed by means of FT-IR 
and consequently the PXRD analysis was performed to quantify the polymorphic composition of 
crystals. 
 
Results and Discussion 
Precipitate characterizations revealed that when decreasing the CBZ/SAC initial molar ratio from 
1.060 up to 0.317 pure CBZ crystals were obtained, while further decreasing the CBZ/SAC initial 
molar ratio around 0.257 CBZ-SAC I co-crystals were produced with polymorphic purity exceeding 
99%. The switch from CBZ crystals to CBZ-SAC cocrystals to a threshold is shown in Fig.1.  

 
 
 
 

This behavior is consistent with the behavior of the non-congruently saturating systems where the 
two components have different solubilities [6]. It is known that in these systems starting from an 
equimolar solution the formation of single component crystals or a mixture of single component 
crystals and cocrystals occurs, while to induce the selective production of pure cocrystals it is 
necessary use the initial solution with a non-equimolar composition where the molar ratio is shifted 
toward the more soluble component, in our case the saccharine [7]. These results confirmed the 
great importance of the initial solution composition in addressing the final outcome of co-
crystallization process and demonstrate the possibility to crystallize preferentially the CBZ-SAC 
cocrystals or the CBZ as single component by simply choosing the starting conditions. 
Considering the experiment yielding CBZ, it was interesting to note that among the four known 
anhydrate polymorphs of CBZ, the phase preferentially obtained, with a polymorphic purity greater 
than 70% wt. in the most of the cases, was the metastable phase CBZ I (triclinic), generally 
obtained from the other phases CBZ II, III, and IV upon heating at high temperature (160-190 °C) 

Fig.1 The switch from CBZ single crystal to CBZ-SAC cocrystal as decreasing 
CBZ/SAC molar ratio. 
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[8]. The thermodynamically more stable polymorph CBZ III (monoclinic) was not obtained over the 
range of experimental conditions investigated in this study while the polymorph CBZ IV and the 
dihydrate form of CBZ (in very small amount)  were obtained as byproducts. Another readable 
result was that as increasing transmembrane flow rate the amount of triclinic form I increases and 
the higher energetic form IV decreases as it is shown in Fig.2.  

 
Fig.2 Weight fraction of CBZ crystalline polymorphs in the precipitate as changing of 
solvent flow rate. 

 
Moreover, the hydrate form of CBZ appeared in very small portions, although water molar fraction 
in the crystallizing solution was always higher than 88 %; this situation is surprising if considering 
that at this high water molar content and at 25 °C the formation of the dihydrate phase of 
carbamazepine would be expected to be thermodynamically favored.  
The preferential formation of metastable higher energetic forms is promoted in membrane 
crystallization when high supersaturation rates are reached in crystallizing solution; in this case the 
crystallization process follows a kinetic pathway because system is localized in to a relative 
minimum energy of the Gibbs energetic diagram [9-11]. This highlight the possibility to influence 
the polymorphic composition of precipitate opportunely controlling the supersaturation rate. In the 
membrane crystallization process the supersaturation rate can be   fine modulated by modifying the 
solvent flux through the membrane and this can be done easily acting on the process parameters. 
 
Conclusions 
In the present work, membrane crystallization technology, operating in solvent/antisolvent demixing 
configuration, has been successfully used for the direct production of CBZ-SAC cocrystals from 
water/ethanol solvent mixtures with a phase purity exceeding 99% . It was also seen that it is 
possible to drive the crystallization process towards the selective production of CBZ-SAC 
cocrystals or CBZ single crystals nature selecting opportunely the initial composition of the 
crystallizing solution. In the production of CBZ crystals, the metastable triclinic form I was directly 
obtained from solution crystallization with a phase purity exceeding 70% wt., while the higher 
energetic form IV and the dihydrate forms were obtained as byproducts. Furthermore, the 
transmembrane flow rate impacts the amounts of the CBZ polymorphs in the precipitate, favoring 
the higher energetic form as solvent removal rate increases, this explains how the process parameter 
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acting on transmembrane flux can affect the polymorphic nature of the precipitate. 
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Introduction 
The concentration of fruit juices is a fundamental factor for the competitiveness of products as it 
reduces costs related to operation logistics (packing, storage and transport) and improves the 
microbiological stability. It is known that removal of water from the juices by using the classic 
thermal evaporation degrades sensorial properties and nutritional compounds such as vitamins 
leading to a partial loss of the fresh juice flavor [1]. 
In the recent years the consumers interest for healthier and more natural products has led to 
numerous research efforts able to improve the quality of fruit juices by using technological 
alternatives to thermal processing. 
Membrane processes, such as nanofiltration, reverse osmosis and osmotic distillation, represent a 
promising alternative for processing fruit juices mainly due to the possibility of operating at 
moderate temperatures [2,3]. However, the main disadvantage of baromembrane processes is their 
inability to reach the standard concentration produced by thermal evaporation (650-700 g/kg of total 
soluble solids) because of high osmotic pressure limitation. 
Osmotic distillation is an interesting alternative for the concentration of thermosensitive solutions, 
such as liquid and pharmaceutical products, because it works under atmospheric pressure and room 
temperature, thus avoiding thermal and mechanical damage of the solutes [4]. 
This work highlights the potential of using osmotic distillation in the concentration of different 
clarified fruit juices such as red orange, bergamot, cactus pear, kiwifruit and pomegranate juice. The 
process is evaluated in terms of performance and impact on product quality. In particular, the main 
physic-chemical properties of concentrated products, including phenolic compounds and 
antioxidant activity, were evaluated and compared with those of fresh and thermally concentrated 
juices. 
 
Materials and methods 
Fruits were squeezed by a domestic juicer. After pulping, sodium sulphite (Sigma–Aldrich, Milan, 
Italy) was added in order to inhibit the enzyme polyphenol oxidase that determines a browning of 
the pulp. The pulp was then treated with 1% (w/w) of commercial pectinase from Aspergillus 
aculeatus (Pectinex® Ultra SP-L, Novo Nordisk A/S, Denmark). The puree was incubated for 4 h at 
room temperature in plastic tanks with a capacity of 5L and then filtered with a nylon cloth. The 
juice was stored at -18°C and defrosted to room temperature before use. 
The depectinised juice was clarified by ultrafiltration (UF) in selected operating conditions 
according to the batch concentration configuration. 
The clarified juice was submitted to osmotic distillation (OD) experiments by using a laboratory 
plant supplied by Hoechst-Celanese Corporation (Wiesbaden, Germany). The unit featured a Liqui-
Cell Extra-Flow 2.5x8-in. membrane contactor (Membrana, Charlotte, USA) containing 
microporous polypropylene hollow fibres (having external and internal diameters of 300 and 220 
�m, respectively) with an average pore diameter of 0.2 �m and a total membrane surface area of 
1.4 m2. The clarified juice was pumped through the shell side of the membrane module, while in the 
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tube side flowed a 10.2 mol L-1 calcium chloride dehydrate (Fluka Chemie GmbH, Buchs, 
Switzerland) solution, in a counter current mode. Clarified juice and stripping solution were 
recirculated through the contactor with an average flow-rate of 550 mL min-1. Temperature was 
maintained almost constant in  both compartments at 25±2°C, whereas the TMP was in the range 
0.3-0.4 bar. 
Evaporation fluxes (Jw) were determined gravimetrically measuring the weight of the water 
extracted from the juice by means of a digital balance (Gibertini Elettronica, Milan, Italy) placed 
under the juice container. 
 
Results and discussion 
In Figure 1a the time course of evaporation fluxes and total soluble solids (TSS) content during the 
concentration of the clarified bergamot juice by OD is plotted. The initial evaporation flux, of about 
1.45 kg m-2 h-1, decreased gradually up to a final value of 0.4 kg m-2 h-1 when the TSS content of the 
concentrated juice was 540 g kg-1. In particular, during the first part of the OD process (range 0-70 
min), the decline in evaporation flux from 1.45 to 0.64 kg m-2 h-1 (flux decline of 55.8%) could be 
attributed to the decrease in brine concentration (Figure 1b) from 10.2 mol L-1 at TSS of 90 g kg-1 to 
7.14 mol L-1 (brine concentration reduction of 30%) when TSS reached 234 g kg-1. The dilution of 
the brine solution leads to the decrease in vapour pressure of the osmotic agent and, consequently, 
to the decrease of driving force for water transport from the feed through the membrane [5]. During 
the second part of the OD process (range 70-190 min) evaporation flux declined of 37.8% (from 
0.64 to 0.4 kg m-2 h-1) corresponding to a decrease in brine concentration of 16.6% (from 7.14 mol 
L-1 to 5.95 mol L-1 when TSS reached 540 g kg-1). This result can be attributed to the strong 
influence of the concentration level on the evaporation flux considering the slight decrease in brine 
concentration during the last part of the process.  
These results confirm that at low TSS content evaporation fluxes seem to be mainly dependent on 
brine concentration. At concentration values higher than 300 g kg-1 evaporation fluxes are mainly 
affected by the juice viscosity and, consequently, by the concentration level. Similar results were 
obtained in the OD concentration of different clarified juices (kiwifruit, citrus, carrot, passion fruit, 
cactus pear, etc.) on laboratory and semi-industrial scale [6-9]. 
In Table 2 chemical and physical properties of fresh, clarified and concentrated pomegranate juice 

are summarized. It was observed that total soluble solids, pH and acidity between fresh and clarified 
juice (permeate UF) were not significantly different. Suspended solids were completely removed 
from the fresh juice by the UF membrane producing a clear juice. 
(a)        (b) 
Fig. 1. Concentration of clarified bergamot juice by osmotic distillation. Time course of: (a) 
evaporation flux and total soluble solids; (b) concentration of stripping solution 
(operating conditions: T, 25±2°C; TMP, 0.48 bar; Qf, 550 mL min-1; Qb, 550 mL min-1). 
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Table 2 - General composition of clarified and concentrated pomegranate juice 

 
 Fresh 

juice  
Permeate 

UF 
Retentate  

UF 
Retentate  

OD  
Suspended solids, %(w/w)  4.8 0 5.3 - 
pH 3.75 3.78 3.74 - 
Total acidity, g L-1  0.41 0.35 0.44 - 
Total soluble solids, g kg-1 162.0 162.0 - 520.0 
TAA, TEAC 12.9 10.6 14.1 10.1b 
Ascorbic acid, mg L-1  68.0 47.0 71.0 44.0 b 
Malic acid, g L-1 1.90 1.82 2.01 1.80 b 
Citric acid, g L-1 1.47 1.45 1.24 1.26 b 
Total polyphenols, g 
catechin·L-1 

1.57 1.31 1.70 1.22 b 

 

aTEAC is the concentration of Trolox required to give the same antioxidant capacity as 1mM test 
substance (Rice-Evans and Miller, 1994) 

bvalue referred to a TSS content of 162 g kg-1 
 
The retentate samples of the OD process show the same content of organic acids of the clarified 
juice. Vitamin C is a molecule sensitive to variation of temperature: it is easily decomposed when 
submitted to thermal stress as for example in pasteurisation or thermal evaporation. The quantitative 
evaluation of the ascorbic acid in samples of kiwifruit juice submitted to thermal evaporation (at 
75°C) shows, in fact, a high reduction of this compound with respect the clarified juice. In 
particular in the retentate at 20 °Brix  is already observed a 65% reduction of ascorbic acid; at 42.8 
and 66.6 °Brix a further decreasing of Vitamin C content, respectively of 72 and 87%, is observed.     
Analytical measurements of the total antioxidant activity (TAA) show a little reduction (4.7%) of 
this parameter in the UF permeate with respect the depectinised juice. During the OD process the 
TAA in the retentate is maintained constant independently by the TSS concentration achieved. On 
the other hand the TAA of the concentrated kiwifruit juice obtained by evaporation is reduced of 
about 50% with respect the clarified juice, independently by the value of the TSS achieved. 
Similar results were also obtained in the athermal concentration of citrus (red orange and bergamot) 
and cactus-pear juices [6-8]. 
 
Conclusions 
Fruit juices such as citrus (red orange and bergamot), kiwifruit, pomegranate and cactus-pear juices 
were clarified by UF and then submitted to a concentration step by OD. 
According to the obtained results, an integrated membrane process for the production of 
concentrated juices of high quality and high nutritional value, was proposed. 
The UF process permits a good level of clarification to be obtained avoiding use of gelatines, 
adsorbents and other filtration coadiuvants. 
The residual fibrous phase coming from the UF process (UF retentate) could be submitted to a 
stabilising treatment and reused for the preparation of beverages enriched in fibres. 
As far as the antioxidant activity is concerned, it must be remarked that while the conventional 
thermal process induces a decrease of TAA and a general qualitative decline, a better preservation 
of TAA and natural components is substantially obtained in the OD process independently on the 
final concentration obtained. 
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Introduction 
The importance of temperature polarisation phenomenon in the performance analysis of the 
Membrane Distillation (MD) process has been recently raised by several researchers. A number of 
studies have focused on the study of this phenomenon at a macroscopic scale looking at average 
values of temperature and fluxes [1-2], but none of them has presently investigated the spatial 
distribution of temperatures on the membrane surface, which could be a fundamental information 
for the choice of the best geometrical features of a spacer. Some CFD works have been presented in 
the literature [3] aiming at the local thermo-fluid dynamics characterisation of spacer filled 
channels, but no validation of model predictions with experimental information has been presented 
yet. 
In the present work a novel experimental technique, based on the use of Thermo-chromic Liquid 
Crystals (TLCs), has been developed and used for the investigation of temperature distribution 
inside a spacer-filled MD channel.  
 
Experimental 
The experimental apparatus (Fig. 2) consisted in a double channel, entirely realised in plexiglass®, 
which simulated the presence of the hot and cold channel of a Direct Contact MD module. The 
membrane was substituted by a thin (1mm) polycarbonate sheet, which allowed conductive heat 
flux (thus simulating the conductive and convective heat fluxes across the hydrophobic membrane). 
Hot and cold streams temperatures were regulated by thermostatic buffers and monitored by a DAQ 
equipped with thermocouples T-type. Flow rate of the hot stream was measured by a digital 
magnetic flow meter, while for the cold stream a rotameter was used. A TLCs sheet (Hallcrest® 
R30C5W) was glued on the hot side of the polycarbonate surface in order to measure temperatures 
at the hot interface.  
Three different spacers were tested. Relevant pictures are presented in Fig.1, while geometrical 
features are shown in Table 1, reporting the wire inclination with respect to the main flow direction, 
wires diameter, wires spacing, voidage degree and hydraulic diameter. 
 
 
Table 1. List of geometric features of spacers in exam 

Spacer hch 
[mm] θ dw1 

[mm] 
dw2 

[mm] 
lm1 

[mm] 
lm2 

[mm] 
Voidage 

ε 
dh 

[mm] 
Tenax-A 3 45° 2 1 5.2 4.4 0.63 1.53 
Tenax-B 3 0° 2 1 5.2 4.4 0.63 1.53 
Super-
Tenax 5 45° 3.2 2.5 12 10.5 0.68 3.18 

Diamond 3.5 45° 2 1.8 11 11 0.85 3.86 
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Temperature maps were recorded by a high resolution digital camera and then post-processed using 
the Matlab® Image Processing Toolbox. An in situ calibration (Fig.3) was performed in order to 
relate the Hue component of the coloured image to the measured temperature at the TLC surface.  
For each spacer, the hot-side flow rate was 
varied from 60 l/h to 160 l/h and about 25 
pictures were acquired at a frequency of 0.2 
Hz always monitoring the liquid 
temperature in both channels. 
Collected data was used to evaluate local 
temperature distribution and polarisation. 
Once bulk temperatu-res of hot and cold 
fluids and the cold-side heat transfer 
coefficient are known (assuming, in this 
case, a laminar regime in the cold channel), 
the hot-side heat transfer coefficient hh can 
be derived from the measured temperature 
T1 of the TLC sheet under the assumption of 
one-dimensional heat transfer, as suggested 
by Eq.(1), obtained by conveniently writing 
and arranging the equations for the heat flux within each part of the test-module: 

Figure 1. Photos of tested spacers: a) Tenax-sideA, b) 

Figure 2. Experimental set-up. 

Figure 3. Calibration curve for TLC sheet adopted during 
experimental tests. 
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where Th and Tc are the bulk temperatures of the hot and cold channel, Tl is the TLC active face 
temperature, LTLC -LPol and �TLC -�Pol are the thicknesses and the thermal conductivities of the TLC 
and polycarbonate sheet respectively, and hc is the heat transfer coefficient in the cold channel. 
Finally all the information collected can be used also to estimate the local heat flux distribution on 
the wall surface simulating the membrane. 

On the whole, the test section included a 
large number of repetitive elementary spacer 
cells (from 60 to 750 according to the spacer 
type investigated). Statistics were performed 
on the measured distributions in order to 
obtain a representative average unit cell, for 
which the average values of the above 
parameters were computed and their spatial 
distribution derived. 
Figures 4.a-b show a typical test region, 
which contains 9 repetitive unit cells of a 
Tenax-A spacer, and the relevant temperature 
map obtained. Figures 6.c-d show the local 
heat transfer coefficient and local heat flux 
distributions, both averaged on the number of 
test regions considered in each image. 
By analysing the images recorded with 
reference to the actual position of wires it is 
possible to identify different regions 
characterized by: 

- Minimum temperature/heat transfer coefficient (hh<1500 W/m2°K in Fig. 6c) in correspondence 
with the contact area between spacer and TLC sheet, where heat transfer by convection is 
inhibited by the physical presence of the spacer, allowing conductive heat transfer only; 

- Medium-low temperature/heat transfer coefficient (1500<hh<3000 W/m2°K in Fig. 6c) 
downstream of oblique wires and, particularly, behind contact areas due to the presence of calm 
zones and low fluid velocity; 

- High temperature/heat transfer coefficient 
(hh>3000 W/m2°K in Fig.6c) in the centre 
of each unit cell where mixing promotion 
is enhanced thanks to a significant 
presence of velocity components 
perpendicular to the conductive wall. 

Comparison between spacers 
Comparison among spacers has been done 
considering only the average values of heat 
transfer coefficients. Fig. 5 shows how the 
mean heat transfer coefficient varies with 
the hot water flow rate for the tested spacers 
(Super-Tenax spacer was tested with only 
one value of flow rate). As expected, higher 
hh are reached when the flow rate is higher, 

Figure 4. Images obtained with Tenax-A spacer, fluid flows from 
the right-hand side to the left,  a) Typical test region showing TLC 
surface; b) Distribution of local temperature [in °C] on TLC 
surface; c) Distribution of local hot-side heat transfer coefficient 
(in W/m2°K); d) Distribution of local heat flux. 

Figure 5. Mean heat transfer coefficient versus hot channel 
flow rate: comparison between different spacers. 
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i.e. with higher velocity. Tenax-A and Diamond, both with oblique wires close to the conductive 
wall, seem to present higher hh within the range analyzed, with respect to Tenax-B. This may be 
related to the fact that oblique wires better promote mixing inside the channel, although that is not 
in complete agreement with previous literature findings [3]. 
An important comparison can also be done by plotting the Nusselt number versus Reynolds number 
calculated on the basis of mean fluid speed 
and channel height, as shown in Fig. 6. Data 
are compared with the Nusselt number in an 
equivalent empty channel, and a value of 5.38 
was calculated by analytically solving the 
heat transfer equation for a rectangular 
channel confined by an adiabatic wall on one 
side and a conductive wall on the other. All 
the spacers give rise to higher Nusselt 
numbers compared to the equivalent empty 
channel, thus confirming how the presence of 
the spacer enhances heat transfer by 
promoting mixing conditions. Even though 
mean heat transfer coefficient for Diamond 
and Tenax-A spacers are quite close to each 
other, Nusselt numbers for Diamond spacer are higher than for Tenax-A at all Reynolds numbers 
considered here. This can be explained by a larger thickness of the Diamond spacer compared to 
Tenax-A (3.5mm vs. 3.0mm), leading to a higher hydraulic diameter, which directly influences the 
Nusselt number estimation. For the same reason, the Super-Tenax spacer presents a high Nusselt 
number even if the corresponding mean heat transfer coefficient is quite low, due again to the larger 
thickness (5mm) of this spacer. 
 
Conclusions 
A space-resolved thermographic technique based on thermochromic liquid crystals (TLCs) was 
developed in order to estimate temperature-polarisation and local heat transfer coefficient 
distribution inside spacer-filled channels for Membrane Distillation modules. A purposely designed 
experimental apparatus was set-up and preliminary used for testing different spacer configurations. 
Raw images were recorded and post-processed using the Matlab® Image Processing Toolbox. The 
technique proved to be able to characterize the local distribution of temperatures on the membrane 
surface, heat transfer coefficients and heat fluxes and correlate them to geometrical features of each 
spacer.  
Further investigations will be performed in order to fully characterize mixing and heat transfer 
phenomena promotion in spacer-filled channels for Membrane Distillation modules. 
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Introduction 
The traditional concentration of fruit juices is usually performed by multistage vacuum evaporation 
processes, in which the water is removed at high temperatures. However, high-energy consumption, 
colour changes and reduction of nutritional value due to thermal effects are main drawbacks of this 
process. Membrane concentration processes such as reverse osmosis (RO), membrane distillation 
(MD) and osmotic distillation (OD) are able to overcome some of the problems associated with 
thermal evaporation. In particular, the concentration of fruit juices by OD has been investigated by 
many Authors on laboratory or industrial pilot scale. These studies often report results concerning 
the quality of the final concentrate and the performance of the process in terms of evaporation 
fluxes in comparison with other traditional concentration processes and membrane processes such 
as reverse osmosis and membrane distillation [1-3].  
This study was undertaken in order to study the effect of operating conditions, such as osmotic 
agent and feed concentration, flow-rate of feed and osmotic agent and temperature, on water 
transport during the concentration of red orange juice. Experimental results were compared with 
those reported in literature for model solutions such as aqueous glucose and sucrose solutions and 
real systems such as pineapple juice, sweet lime juice  and phycocyanin colorant. 
 
Materials and methods 
The fresh red orange juice (11.0 °Brix) from concentrate (Rauch Italia Srl, Agrate Brianza, Monza e 
Brianza, Italy) was procured from a local market in Rende (Cosenza, Italy). The juice was 
previously clarified by ultrafiltration (UF) and stored at -17°C. The clarified juice was defrosted at 
room temperature before OD experiments. 
OD experiments were performed by using a laboratory bench plant supplied by Hoechst-Celanese 
Corporation (Wiesbaden, Germany) equipped with a hollow fibre membrane module (Enka MD 020 
CP 2N,  polypropylene, nominal pore diameter 0.45 �m, membrane area 0.1 m2) supplied by 
Microdyn- Nadir (Wiesbaden, Germany).  
The clarified juice was pumped trough the fibre lumens (tube side) of the membrane module while 
calcium chloride dehydrate solution (Carlo Erba, Mylan, Italy), used as brine solution, was pumped 
through the shell side, by using magnetically driven gear pumps. Both solutions were recirculated 
back to their reservoirs after passing trough the contactor. Circulating of both brine and juice was 
counter-current.  
All experiments, unless otherwise mentioned, were performed at the temperature of 25±2°C. Feed 
flow-rates were varied from 150 to 900 ml min-1. Flow-rates of the osmotic agent were varied from 
70 to 420 ml min-1. The effect of osmotic agent concentration on the water flux was investigated in 
the range of 0.68-4.08 m. The total soluble solids (TSS) content of the red orange juice was varied 
in the range 10-60 °Brix. Orange juice at 10°Brix was obtained by diluting the clarified juice with 
distilled water; feeds with higher TSS content were obtained by OD in selected operating 
conditions. 
After each trial the pilot plant was cleaned first by rinsing the tube side with deionised water. Then, 
a KOH solution at 2 w/w % was circulated for 1 hour at 40°C. After a short rinsing with deionised 
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water, a citric solution at 2 w/w% was circulated for 1 hour at 40°C. Finally, the circuit was rinsed 
with de-ionised water.  
Total soluble solids (TSS) measurements were carried out by using an hand refractometer (Atago 
Co., Ltd., Japan). 
 
Results and discussion  
The analyses of the  results indicated that the solute content, either salt or total soluble solids 
content, is the most influencing variable involved in the process. The increasing of TSS content 
from 10 to 60 ° Brix determined a  50% reduction of evaporation fluxes (from 0.8 to 0.4 kg m-2h-1) 
(Figure 1). The flux decay can be attributed mainly to the viscosity of orange juice which increases 
with the solute content. The increasing in viscosity results in an increase of concentration 
polarisation effects. On the contrary, the evaporation flux was improved from 0.07 kg m-2h-1 to 0.82 
kg m-2h-1, when the  brine concentration increased from 0.68 to 4.08 m (Figure 2). This 
phenomenon can be attributed to the increase in vapor pressure difference across the membrane 
with an increase in the concentration of the osmotic agent solution, which resulted in an increased 
driving force for water transport through the membrane. 

 
 
 
 
Experiments were also performed by varying brine flow-rate from 70 to 420 ml min-1 and 
maintaining the concentration of the osmotic agent solution at 4.08 m. The variation of the 
evaporation flux with brine flow-rate is reported in Figure 3. An increasing of the brine flow-rate in 
the range investigated determined a significant improvement of the water transport (from 0.6 kg    
m-2h-1 to 1.08 kg m-2h-1) (Figure 3). This phenomenon can be attributed to the reduction in 
concentration polarization effect due to the reduction in hydrodynamic boundary layer thickness. 
Similar results were obtained by Nagaray et al. [4] and Ravindra Babu et al. [5] in the concentration 
of pineapple juice, sweet-lime and phycocyanin colorant by OD. The increasing of the feed flow-
rate, in the range of the values investigated (150-900 ml min-1), did not improve the evaporation 
flux through the OD membrane (Figure 4). As reported by reported by Ravindra Bau et al. [5] and 
Bui and Nguyen [6], at low feed concentration the concentration polarization phenomenon at the 
boundary layer is minimized, and consequently the flux is less dependent on the feed flow rate. 
The evaporation flux was improved by 2.1 times when the temperature of the solutions, under 
isothermal conditions, was increased from to 25 to 40 °C (Figure 5). A similar result was obtained 
by Courel et al. [7] in the concentration of a 35% w/w% sucrose solution in the range of 20-35°C. 
This phenomenon can be explained by assuming that an increasing in temperature determines a 

Fig. 1. Concentration of red orange juice by OD. 
Effect of TSS concentration on evaporation flux 

(T = 25±2°C; brine concentration = 4.08 m) 

Fig. 2. Concentration of red orange juice by OD. 
Effect of brine concentration on evaporation flux 

(T = 25±2°C; TSS feed = 11°Brix)
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reduction of red orange juice and salt solution viscosities, while the solute diffusion coefficient 
increases.  
 

 
 
 
 
 

 
 
 
 
Conclusions 
The effect of various process parameters on the evaporation fluxes obtained in the concentration of 
clarified red orange by OD was investigated. Evaporation fluxes in the range of 0.07-1.1 kg/m2h 
were obtained by modifying several operating parameters such as the solute content, either salt or 
TSS, the circulation velocity and the temperature of brine solution and red orange juice.   
Obtained results showed an increase of the evaporation flux by increasing the concentration of the 
brine solution and by decreasing the TSS content of the juice. Evaporation fluxes were independent 
on the feed velocity while an increase of the brine solution velocity determined an improvement of 
the evaporation flux. The control of the hydrodynamic circulation conditions on the brine side can 
lead to a significant flux improvement that must be considered in a process optimization study.  

Fig. 3. Concentration of red orange juice by OD. 
Effect of feed flow-rate on evaporation flux (T = 

25±2°C; TSS feed = 11°Brix; brine concentration = 
4.08 m) 

Fig. 4. Concentration of red orange juice by OD. Effect 
of brine flow-rate on evaporation flux (T = 25±2°C; 
TSS feed = 11°Brix; brine concentration = 4.08 m) 

Fig. 5. Concentration of red orange juice by OD. Effect of temperature 
on evaporation flux (TSS feed = 11°Brix; brine concentration = 4.08 m) 
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Introduction 
Membrane distillation (MD) is an emerging and promising technology, which has shown great 
potential for the development of environmentally sustainable technologies. It is attracting increasing 
interest for various applications, ranging from seawater desalination to food processing and 
environmental waste clean up.  
In MD the feed is put in contact with one side of a microporous hydrophobic membrane and a 
vapour-liquid interface is created at the entrance of each pore. The driving force of the process is a 
difference in H2O/volatiles vapour pressure between the feed and the permeate side. The water 
evaporates at liquid-membrane interface on the feed side, diffuses across the membrane pores and 
condensates at the permeate side. Depending on the mechanism exploited to obtain the required 
driving force, MD processes can be divided in 4 different categories: direct contact membrane 
distillation (DCMD), air-gap membrane distillation (AGMD), sweeping gas membrane distillation 
(SGMD) and vacuum membrane distillation (VMD). In VMD, the liquid feed is brought into 
contact with one side of the hydrophobic membrane, while vacuum is applied on the membrane 
permeate side. Several works pointed out that, in order to apply membrane distillation on industrial 
scale, it is necessary to improve its performance. This can be done, on one side, by acting on MD 
setup features, for instance on the fluido-dynamics and, hence, on module geometry; on the other 
side, by improving the characteristics of the “heart” of the process, i.e. the microporous 
hydrophobic membrane. 
The “ideal” characteristics of a membrane to be employed in MD are: low thermal conductivity, 
high hydrophobicity and porosity, optimum pore size, narrow pore size distribution, optimum 
thickness and long term permeance stability [1, 2]. 
In this research work, microporous hydrophobic PVDF hollow fibers with tailored morphology and 
porosity for application in MD have been prepared, characterized and tested in a VMD plant using 
both double distilled water and synthetic seawater as feed. 
 
Experimental 
Hollow fiber spinning 
Polymeric dopes were prepared by dissolving poly(vinylidene fluoride) (PVDF Solef® 6012) in N-
methylpyrrolidone; H2O and poly-vinylpyrrolidone K-17 (PVP K-17) were used as additives. 
Hollow fibers were spun by the dry/wet technique through a tube-in-orifice spinneret (inner 
diameter/outer diameter 300 �m/1600 �m), using tap water as external coagulant, and different 
alcohols and solvent aqueous solutions as bore fluids, with flowrate varying from 10 to 20 ml/min. 
Hollow fiber characterization 
The produced PVDF hollow fibers morphology was analyzed by Scanning Electron Microscopy 
(SEM). Fibers properties were further investigated by measuring: inner and outer diameter and 
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thickness; bubble point and average pore size (Capillary flow porometer tests); porosity (Wet/dry 
method); mechanical properties (Breaking elongation and Young’s modulus). 
Vacuum Membrane Distillation tests  
Hollow fiber modules were prepared and tested in a VMD plant working at: T=50°C, Pvacuum= 
20mbar; flow-rate= 6.8 - 34 l/h. VMD experiments were carried out using both double distilled 
water and synthetic seawater (composition: NaCl 27.85 g/l, MgCl2*6H2O 12.7 g/l, CaCl2*2H2O 
1.79 g/l, Na2SO4 4.71 g/l, NaHCO3 0.207 g/l) as feed.  
 
Results and Discussion 
The microstructure of PVDF hollow fibers spun using different bore fluids is shown in Fig. 1.  
 

Methanol 30%, 17 ml/min Ethanol 30%, 17 ml/min Isopropanol 30%, 17 ml/min 
 
 
 
 
 
 
 
 
 
 

  

NMP 15%, 17 ml/min NMP 30%, 17 ml/min NMP 45%, 17 ml/min 
 
 
 
 
 
 
 
 
 

  

 
Fig. 1: SEM pictures of PVDF HF produced using different bore fluid composition. 
 
As it can be seen, fibers spun using Methanol or Ethanol 30% as bore fluid (Fig. 1a and b) show 
finger-like structures at both surfaces, while fibers produced using Isopropanol 30% (Fig. 1c) show 
a single spongy layer, with macrovoids in the middle. Fibers spun using NMP 15% (Fig. 1d) are 
made up mainly of finger-like macrovoids, which reduce increasing NMP percentage to 30 and 45% 
(Fig. 1e and f). 
Fibers morphology is strongly affected by the composition of the bore fluid which influences the 
liquid/liquid demixing rate during coagulation. When phase inversion takes place by instantaneous 
liquid/liquid demixing, the resulting membrane is mainly formed by finger-like macrovoids, with a 
small portion having sponge-like structure. When the percentage of alcohols (and the length of the 
aliphatic chain), or the solvent percentage in the bore fluid  increase, liquid/liquid demixing is 
delayed; as a consequence, the size of finger-like macrovoids reduces while membrane structure is 
gradually transformed to fully sponge-like. 
Fibers thickness, porosity and tensile strength are also strongly affected by the bore fluid 
composition and flowrate, as shown in Fig. 2. 

a) b) c) 

d) e) f) 
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Fig. 2: a) Effect of bore fluid flowrate on fibers thickness; b) Effect of bore fluid composition on 
fibers porosity; c) Effect of bore fluid composition on fibers tensile (Young’s) modulus. 
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In particular, fibers thickness decreases when bore fluid flowrate increases, as a consequence of 
fibers inner diameter enlargement. Fibers porosity reduces when increasing the solvent percentage 
in the bore fluid because of macrovoids size reduction due to slower fibers coagulation. Fibers 
tensile strength is also affected by the bore fluid composition; when coagulation is slower and 
finger like macrovoids formation is reduced, fibers mechanical resistance improves.  
Each set of fiber presented similar porosity. The transmembrane water vapor flux decreases when 
fibers thickness increases, using the same bore fluid, due to the increase of resistance to transport, 
as shown in Fig. 3. 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 3: a) Effect of the bore fluid flowrate on the transmembrane water vapor flux of the PVDF 
hollow fibers produced in this study. 
 
In VMD tests on synthetic seawater, slightly lower values of the transmembrane flux were obtained.  
 
Conclusions 
In this research work, microporous hydrophobic PVDF hollow fibers with tailored morphology and 
porosity for application in MD have been prepared. The effect of spinning parameters on fibers 
characteristics has been widely investigated. Fibers morphology, thickness, porosity and mechanical 
properties are strongly dependent on the bore fluid composition and flowrate. A clear dependence of 
the VMD flux on the fibers thickness, and, hence, on the bore fluid flowrate, has been evidenced. 
Therefore, it can be concluded that fibers properties can be tuned by modulating the operating 
conditions of the spinning process, in order to approach the “ideal” membrane features needed for 
MD process. 
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Introduction 
The direct route for the production of ethylene from natural gas via oxidative coupling of methane 
(OCM) in a single step is still high on the industrial wish-list, but has shown major scientific and 
technological challenges. However, when the exothermic OCM is combined with endothermic 
steam/dry reforming of methane in a membrane reactor, ethylene and syngas can be produced 
simultaneously in an overall autothermal process. Thus, a higher methane conversion (avoiding a 
large methane recycle) and efficient use of the by-products of the OCM can be combined with 
optimal heat integration. 
 
Novel Process Concept 
A novel process concept is developed by combining the OCM and steam reforming of methane 
(SRM) on the scale of a single catalyst particle (Fig.1). In the dual function catalyst particle, 
reforming activity is created in the particle center, while the oxidative coupling catalyst is present 
only in the outer shell of the particle. The OCM and SRM activities are physically separated by an 
inert, porous layer, such that additional diffusional resistances are intentionally created, which 
effectively decreases the undesired transport of the C2 reaction products towards the particle centre 
(Fig. 2). 
 
Results and Discussion 
A detailed numerical particle model was developed to investigate the temperature and concentration 
profiles for a multi-component reaction mixture inside a catalyst particle with distributed catalytic 
activity. The simulation results revealed that indeed at low bulk oxygen concentrations, the internal 
mass transfer limitations can be effectively exploited to tune the process to local autothermal 
conditions, using the design of the catalyst particle (particle diameter, radius of reforming core, 
porosity/tortuosity of the particle) and the bulk gas phase concentrations. Autothermal operation at 
the particle scale opens the possibility to couple OCM and SRM in a packed bed reactor with 
distributive oxygen feeding via membranes (Fig. 3), thus enhancing the C2 product yield. 
Subsequently, a heterogeneous reactor model was developed, accounting for the influence of the 
intraparticle concentration and temperature profiles on the axial bulk gas phase composition and 
temperature profiles in a packed bed membrane reactor. The presence of intraparticle heat-sink at 
the particle level strongly reduces the total reaction heat and the temperature gradients in the 
reactor, and thus eliminating the need for expensive conventional cooling of the reactor. 
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Fig. 1. Autothermal reaction mechanism Fig. 2. Dual function catalyst particle 
 

 
 

Fig. 3. Packed bed membrane reactor with dual function catalyst particle 
 
Conclusions 
A numerical feasibility study was performed on the integral performance of dual function catalyst 
particles, contained in a packed bed reactor equipped with porous membrane for distributive feeding 
of oxygen. Numerical simulations showed that with distributive oxygen feeding indeed the local 
oxygen concentration in the packed bed membrane reactor can be kept low, which combined with a 
high Thiele modulus for oxidative coupling makes dual function catalysis possible. The numerical 
models presented here are useful to provide guidelines for designing and improving the overall 
performance of the process on the particle as well as on the reactor scale. 
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Introduction 
Separation of hydrocarbons having different molecular masses or sizes is a traditional though not 
completely solved problem of membrane science and technology. Until 90s the most popular 
membrane materials for separation of alkanes C1-C4 were rubbery polymers and, first and foremost, 
Polydimethylsiloxane, still a frequently used membrane material. After discovery of 
poly(trimethylsilyl propyne) and other polyacetylenes the interest have shifted to these glassy 
polymers distinguished by large free volume and solubility controled permeation. Recently in TIPS 
it was shown that glassy polymers with entirely different structure, products of addition type 
polymerization of norbornene derivatives with side, Si-containing groups, also reveal solubility 
controlled permeation of gaseous alkanes C1-C4.  
 
Results and Discussion 
Novel membrane materials – addition type norbornene Si-containing polymersa have the structures 
shown below.  
 

SiMe3

n

 

 

n

SiMe3Me3Si
Poly(trimethylsilyl-
norbornene)  
Polymer 1 
 

Poly((trimethylsilyl)tricyclo-
nonene)  
Polymer 1a 
 

Poly(bis-(trimethylsilyl) 
tricyclononene)  
Polymer 2 
 

a The polymers were prepared in TIPS by Prof. E.Finkelshtein and Dr. M.Gringolts 
 
They are amorphous polymers that have the glass transition temperatures above the onset of thermal 
decomposition (>300oC). They are characterized by large free volume (R = 5.5-7.0 Å according 
PALS) and great gas permeability (P(O2) = 1000 – 23400 Barrer) [1, 2] It was shown that these 
polymers reveal solubility controlled permeation, that is, P(CH4)<P(C4H10), in the experiments with 
individual hydrocarbon gases. For the systems with penetrants strongly sorbed and potentially 
capable to plasticize a polymer it is necessary to study also mixed gas permeation. In this 
presentation we demonstrate that solubility controlled permeation is also observed in mixed gas 
separation in these polymers.  
The transport parameters (permeability coefficients, separation factors) were determined in the runs 
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with CH4/C4H10 mixtures with the content of n-butane in the feed in the range 3.7-9.4% which 
simulated the composition of associated petroleum gases. The experiments were carried out at room 
temperature and feed pressure of 2-6 atm.  
All three polymers allow a strong enrichment of the permeate streams (up to 58%) with the heavier 
component (C4H10). Table 1 gives an example of such behavior in the case of Polymer 1.  
 
Table 1. Transport parameters of mixed gas permeation through the film of Polymer 1.* 

P, Barrer Content of 
C4H10 in 
feed, mol 

% 

Upstream 
pressure, atm CH4 C4H10 

α(C4/C1) Content of 
C4H10 in 

permeate, % 

2 230 2600 11.3 24.3 
4 240 4200 17.5 30.8 

3.7 

6 270 5300 19.6 32.8 
2 180 2800 15.5 53.3 
4 270 5200 19.2 56.6 

7.5 

6 280 5900 21.1 58.2 
*Flow rate of He in the downstream part of the cell was 20 cm3/min 
 
The permeability of methane is reduced by a factor 3-4 as compared to the permeability of pure 
methane [1,2], the effect similar to that observed with polyacetylenes and related to partial blocking 
of smaller free volume elements. As in the case of polyacetylenes, treatment with EtOH results in 
significant increases in permeability. Concentration dependence of P(C4H10) was observed in the 
experiments with variation of partial pressure of butane in upstream and downstream parts of the 
membrane cell. It results in variation of the observed separation factors as can be illustrated by 
Table 2.  
 
Table 2. Permeability through Polymer 2 (as cast) of individual methane and butane as well as their 
permeability in the mixture depending on the conditions of the permeation process.  

Individual gases Mixture С4/С1=6.2/93.8 
Regime 

P(CH4) P(C4H10) α(C4/C1) P(CH4) P(C4H10) α(C4/C1) 

He sweep* 3300 26900 8.1 1000 16400 16.4 

No He 
sweep** 3100 50300 16.2 560 14900 26.6 

 
For this new class of membrane materials no trade-off between permeability of heavier component 
(n-butane) and separation factors P(C4)/P(C1) was observed as Figure 1 shows. It can be noted that 
such trend has been observed so far only for polyacetylenes [3].  
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Figure 1. Correlation of 
permeability coefficients of 
butane with separation factors 
α(C4/C1) for the polymers studied: 
1 Polymer 1, 2-Polymer 1a, 3 
Polymer 1a after EtOH 
 

 
Similar results were obtained in the study of separation of four component mixture that can 
simulated associated petroleum gas (Table 3). Separation factors Pi/P(CH4) are higher in mixed gas 
permeation as compared to the ideal separation factors measured in the runs with individuakl gases.  
 
Table 3. Separation of four components mixture of hydrocarbons in Polymer 2 (as cast): upstream 
pressure 5 atm, downstream pressure 1 atm, no He sweep.  

Feed Parameter CH4 C2H6 C3H8 C4H10 
P, Barrer 3330 6040 7530 26910 Pure gases  

at 1 bar Pi/P1 - 1.8 2.3 8.1 
P, Barrer 720 1360 3570 11930 

Pi/P1 - 1.9 5.0 16.6 

Mixture (mol%): 
C1 85.8 
C2 6.5 
C3 4.4 
C4 3.4 % in permeate 68.4 8.6 10.6 12.4 

 
Thus, novel Si-containing poly(cycloolefins) can be considered as a new class of membrane 
materials suitable for removal of higher hydrocarbons from methane in natural and associated 
petroleum gases. Their properties are quite comparable with those of polyacetylenes.  
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Introduction 
A membrane distillation bioreactor (MDBR) is one of the applications of membrane technology to 
microbiological synthesis of alcohols. In comparison to batch fermentation, MDBR causes 
remarkably elevated cell concentrations and productivity [1]. During MD process only volatile 
components, such as water and ethanol, are transported through non-wetted pores of hydrophobic 
membrane. Therefore, MD process can provide an effective retention of microorganism cells, non-
volatile organics, and salts [1-3].  
The production of biofuel involves the generation of the significant quantities of glycerol. The 
management of this by-product creates a problem due to its large quantity. One of the possibilities is 
the biotechnological conversion of glycerol to polydiols and dicarboxylic acids. Moreover, the 
production not only of bioethanol but also others alcohols, such as 1,3-propanodio, can be carried 
out using the membrane bioreactors. 
In the presented work glycerol fermentation using Lactobacillus casei, Lactococcus lactis, and 
Leuconostoc mesenteroides was investigated, besides ethanol synthesis from sucrose with 
Saccharomyces cerevisiae. 
 
Experimental 
The fermentation process was carried out in the laboratory installation presented in Fig. 1. A water 
cooler and an electric heater were mounted in the circulatory system and its operation was 
controlled by RE26 regulator (Lumel, Poland). The regulation systems used in the installation 
stabilized both the fluid flow rate (+/- 5 dm3 h–1) and its temperature (+/- 1.5 K). Inside the MD 
module a polypropylene capillary membrane (Accurel PP V8/2 HF, Membrana GmbH, Germany) 
was assembled. The effective membrane area amounted to 0.037 m2. The broth (capillary bore) and 
distillate (shell side) streams flowed co-currently from the bottom to the upper part of the MD 
module. The inlet temperatures of the streams of the broth and distillate were kept at a level of 310 
K and 293 K, respectively.  
A fermentation solution was prepared by dissolution of 100 g of sucrose in tap water, boiled three 
times. Commercially available Gamma Hefe yeast (Saccharomyces cerevisiae, AB Enzymes, 
Germany) was used as the microorganism in the amount of 5 g dm–3. The fermentation process was 
carried out for five days in a continuous mode. 
MRS medium was used in precultures of Lactobacillus casei, Lactococcus lactis, and Leuconostoc 
mesenteroides. These bacteria were used for alcohol and dicarboxylic acids production using 
glycerol as a carbon source. The fermentation process was carried out continuously for five days, 
daily feeding into the bioreactor 10 g dm–3of glycerol. 
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Fig. 1. Membrane distillation bioreactor. 1- MD module, 2-distillate tank, 3- cooling tap water 
valve, 4-flow and temperature regulator, 5-impeller pump, 6-rothameter, 7-balance,  
8–bioreactor vessel, 9–electrical heater, P–manometer, T- thermometer 
 
Results and Discussion 
The results obtained for continuous fermentation connected with MD process are presented in Fig. 
2. A continuous dosing of sugar solution into the bioreactor stabilized alcohol concentration at 40 g 
Et dm–3 and as a result increased the permeate flux up to 4.5 dm3 m–2d–1.  
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Fig. 2. Changes of broth concentration and permeate flux during fermentation with and without 
continuous sugar dosage. With dosage: ( ) – sugar, ( ) – ethanol, (♦) – permeate flux. Without 
dosage: (□) – sugar, (☼) – ethanol; (○) – permeate flux 
 
The conducted calculations showed that an application of MD process increased the efficiency of 
fermentation from 0.45 to 0.5 g ethanol per one gram of sucrose (Fig.3).  
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Fig. 3. The results of batch fermentation (with/without MD) carried out during the consecutive 400 
h of bioreactor exploitation. Fermentations: ( ) – with MD, ( ) – without MD 
 
During sugar fermentation ethanol and other by-products such as: acetaldehyde, formic, lactic and 
acetic acids, 1-propanol, 2-methyl-1-butanol and 2,3-butanodiol are formed [1]. The majority of 
these compounds are volatile; therefore they can be separated by MD process (Fig. 4). 
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Fig. 4. Changes of the concentration of acetic and propionic acids in broth and MD distillate 
depending on time of batch fermentation. 
 
The concentration of obtained distillate (the enrichment coefficient) is a more important parameter. 
The higher the enrichment coefficient, the lower the costs associated with further concentration of 
the alcohol solution. The obtained values of the enrichment depended to a large degree on the 
concentration and temperature of the feed. At an alcohol content in the solution (2-5 g EtOH/dm3) 
the enrichment coefficient amounted to about 7 and it decreased to 3 when the feed concentration 
increased to 40 g Et dm–3. The biofouling of the membranes is a major problem in membrane 
bioreactors. The determined values of permeate flux obtained for water and broth are presented in 
Fig. 5. During separation of broth a decreases of permeate flux was observed. However, 
investigations of changes in the maximum flux (distilled water as a feed) indicated that the MD 
module efficiency was stable. This results indicated that during the separation of water and 
fermenting broth the used membrane did not become wetted, and the fouling was restricted. 
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Fig. 5. Changes of the value of permeate flux during glycerol fermentation, Feed: (■) distilled 
water,  (▼) Lactococcus lactis, (○) Leuconostoc mesenteroides, (□) Lactobacillus casei 
 
Conclusions 
The MD was successfully applied for the removal of volatile components from the broths. 
Moreover, the application of MD allows for a simultaneous removal of alcohol and the volatile 
acids, e.g acetic, from broth to the distillate. The selective removal of fermentation products 
enhances the rate of alcohol fermentation; therefore, the process efficiency is significantly 
increased. It was found that the broths subjected to the separation do not affect the hydrophobic 
properties of the polypropylene membrane mounted in the MD module. No intensive biofouling 
development was found and the used polypropylene capillary membranes maintained their high 
efficiency of separation throughout all the time of MD investigations. 
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1. Introduction 
In recent years, membrane distillation(MD) gradually displays a very wide application prospect. 
Compared with other processes of membrane distillation, Vacuum membrane distillation (VMD) 
has special characteristic, that is, there is no cold fluid in permeate side, which lead to a very low 
conductive heat loss, a reduced mass transfer resistance and high transmembrane flux[1]. Another 
advantage of vacuum membrane distillation is that, it can be coupled conveniently with other 
technologies, such as ultrasonic. Zhu[2] points out that ultrasonic cavitation and acoustic streaming 
are major mechanisms for ultrasonic enhancement on membrane distillation. Moreover, setting 
some components such as grid in flow channel of membrane module can increase turbulence of 
feed fluid, which can improve the mass transfer efficient of membrane distillation. However, 
obvious losses of kinetic energy or heat energy will be produced in both means of above. 
Microwave technique is already very mature, and widely used in many Industrial productions and 
social life. Early in 1991, Canadian scholar Gedye et al.[3] did research on microwave-assisted 
organic synthesis, and put forward that microwave special effect(or non-thermal effect) existed in 
the process, in addition to thermal effect. In 2005, microwave was applied to gas separation through 
cellulose acetate (CA) membrane[4]. This research proved that microwave irradiation could enhance 
the gas transfer process in membrane pore. However, so far, there is no report that microwave is 
used in membrane distillation. Therefore, in this study, the microwave frequency of 2450 MHz is 
chosen to couple with vacuum membrane distillation, namely microwave vacuum membrane 
distillation (MWVMD).  
 
2. Theory and experimental  
Microwave strengthening membrane distillation process is attributed to two aspects: (1) the 
homogeneous heating of microwave overcomes the shortcoming of general heating, which depends 
on heating transfer; (2) the special effect of microwave can accelerate the crack of water molecule 
cluster and the escaping ability of water molecule from the solution bulk, then make the mass 
transfer coefficient larger.   
The flow chart is presented in Fig.1. This study emphasizes the effect of microwave strengthening 
membrane distillation process. Solution with Na+ of 10 mg/L is chosen for feed solution. The 
transmembrane flux is obtained from the average flux of three hours operation. 
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Fig.1 flow chart of MWVMD process 

 
3. Results and discussion 
3.1 Influence of feed temperature on microwave strengthening  
In conditions of feed velocity of 0.55 m/s and vacuum degree of -96 kPa, the flux of VMD and 
MWVMD are measured respectively in five temperature levels. The results are presented in Fig.2. 
It can be seen that the flux of MWVMD is higher than that of VMD obviously in the same 
temperature.  

 

 
Fig.2 the influence of feed temperature on microwave strengthening 

 
As is known that, feed solution will be heated dramatically while flowing through microwave 
cavity. Therefore, in order to analyze the special effect of microwave irradiation on strengthening 
VMD process, the thermal effect should be eliminated firstly. And this purpose can be achieved 
across calculating mass transfer coefficient of two sorts of process. The routine membrane 
distillation equation (Eqs.(1)) is adopted to obtain the mass transfer coefficient. 

                                                                (1) 
Where J is transmembrane flux.  is mass transfer coefficient.  is saturated vapor pressure 
difference. In this study, transmembrane flux J is obtained by experiment, and saturated vapor 
pressure difference  is obtained from Eqs.(2) 
                              =                                  (2) 
Where  is the vapor pressure of permeate side, which can be obtained directly from vacuum 
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meter installed on the surface of microwave cavity.  is calculated through Antoine 
equation[4](Eqs.(3)) 
                             ＝ (23.1964-                     (3) 
Actually, the method is affected by not only the molecule 
motion but also the phenomenon of temperature polarization, which can simultaneously be 
improved by microwave irradiation theoretically. For simplifying the investigation, the decrease of 
temperature polarization and the enhancement of molecule motion are also be included in the 
increasing of mass transfer coefficient. The increasing rate ε is defined and calculated from Eqs. (4). 

                                                          （4）    
Where  are the mass transfer coefficient of MWVMD and VMD respectively。 
The influence of feed temperature on microwave strengthening is also presented in Fig.2. εT is the 
mass transfer coefficient increasing rate on variation of temperature. It can be found that the value 
of εT is decreased with the increasing of feed temperature. Because the dielectric constant of water 
is decreased with the increasing of water temperature, which leads to the water polarizability 
weakened. Hence, the water in high temperature can absorb more microwave energy than the water 
in low temperature.  
4.2 Influence of feed velocity on microwave strengthening 
In conditions of feed temperature of 60.0� and vacuum degree of -96 Kpa, the flux of VMD and 
MWVMD are measured respectively in five velocity levels. And then the mass transfer coefficient 
increasing rate εV is calculated based on Eqs.(1-4). The results are presented in Fig. 3.  
         

 
Fig.3 the influence of feed velocity on microwave strengthening 

 
It can be seen from Fig.3 that the flux of MWVMD is higher than the flux of VMD obviously in the 
same feed velocity. And the curve of the flux of MWVMD is gentle that the curve of the flux of 
VMD, which demonstrates that the influence of feed velocity on the transmembrane flux very weak 
in the situation of microwave irradiation. 
The Fig.3 also shows that the mass transfer coefficient increasing rate εV is decreased firstly then 
tend to become stable with the increasing of feed velocity. εV is up to the largest value of 27.7% In 
the lowest feed velocity in the scope of this study. That is because the longer the residence time, the 
more the absorbing of microwave energy. On the one hand, the temperature polarization decreased 
more obvious; on the other hand, the escaping ability of water molecule in feed solution is 



 
163 

 

enhanced. With the increasing of feed velocity, the microwave sthrengthening on mass transfer is 
primarily attributed to the latter, so the the value of εV is tend to become stable. 
4.3 Influence of vacuum degree on microwave strengthening 
In conditions of feed velocity of 0.55 m/s and feed temperature of 60.0�, the flux of VMD and 
MWVMD are measured respectively in six vacuum degree levels. And the mass transfer coefficient 
increasing rate εP is calculated based on Eqs.(1-4). The results are presented in Fig.4.  
It shows in Fig.4 that the flux difference between MWVMD and VMD is tending to become large 
gradually with the increasing of vacuum degree. But the difference is very small in low vacuum 
degree. The Fig.4 also shows that the mass transfer coefficient increasing rate εP is tending to 
become small with the decrease of vacuum degree. And in nearly -90kPa or lower vacuum degree, 
the εP even appears negative value. So it can be concluded the microwave irradiation will restrain 
the mass transfer of membrane distillation process in certain low vacuum degree. This is because, in 
low vacuum degree, abundant vapor resided in microwave cavity absorb microwave energy to make 
temperature increase obviously, then the mass transfer resistance is become large to form negative 
effect. Once the negative effect exceeds the positive effect, the mass transfer coefficient will 
become small. 
 

 
Fig.4 Influence of vacuum degree on microwave strengthening effect 

 
4. Conclusions  
Microwave irradiation can obviously strengthen the mass transfer of vacuum membrane distillation 
process. It is favorable for microwave strengthening membrane distillation that the operation 
condition stay in low feed temperature, low feed velocity, and high vacuum degree. 
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Introduction 
The objective of this paper is to study the effects of solvent type on the morphology and properties 
of poly(vinylidene fluoride-hexafluoropropylene) hollow fiber membranes as well as their 
desalination performance by direct contact membrane distillation (DCMD) [1]. 
The hollow fiber membranes were prepared by the dry/wet spinning technique using 19 wt.% of the 
copolymer poly(vinylidene fluoride-hexafluoropropylene) (PVDF-HFP; Mw = 455 Kg/mol), 5 wt.% 
of the non-solvent  additive poly(ethylene glycol) (PEG; Mw = 6000) and 76 wt.% of solvent(s) [2]. 
These were N,N-dimethyl acetamide (DMAC), N,N-dimethyl formamide (DMF) and their mixtures: 
DMAC/trimethyl phosphate (TMP) and DMF/TMP. All the above cited chemicals were purchased 
from Sigma–Aldrich Chemical Co. 
The spinning parameters, which were maintained the same except the solvent(s) used to prepare the 
spinning dope, were as follows. The spinneret used has 0.7 mm inner diameter and 1 mm outer 
diameter, the extrusion pressure was 60 kPa, the bore fluid was distilled water and its flow rate was 
19 ml/min, the external coagulant was tap water, the temperature of the coagulants was 40 °C, the 
air gap distance was 27.5 cm and the take-up speed was 18 rpm. After spinning, the fabricated 
hollow fiber membranes were stored in a water bath at room temperature for 48 h to remove the 
residual solvent(s). Subsequently, the hollow fiber membranes were dried at room temperature 
before characterization tests. 
The fabricated hollow fiber membranes were named here after, DMF60 (DMF/TMP = 60/40 wt %), 
DMAC100 (DMAC = 100 wt %), DMAC60 (DMAC/TMP = 60/40 wt %) and DMAC40 
(DMAC/TMP = 40/60 wt %).  
The inner and outer diameters of the prepared PVDF-HFP hollow fiber membranes were measured 
by means of an optical microscope (OLYMPUS BX60M) with a precision of ±1 µm, and their 
morphological properties were studied by scanning electron microscopy (SEM) (FESEM, JEOL 
Model JSM-6330F). The effects of the solvent type on the void volume fraction (i.e. porosity), 
liquid entry pressure and DCMD permeate flux of the PVDF-HFP hollow fiber membranes were 
investigated.  
 
Results and Discussion 
The internal and external diameters as well as the thickness of the prepared PVDF-HFP hollow fiber 
membranes are summarized in Table 1. For the PVDF-HFP hollow fiber membranes prepared with 
the mixed solvents DMAC/TMP, there is a decrease of the thickness and an increase of the 
diameters. Moreover, it can be seen that the thickness and both the inner and outer diameters of the 
hollow fiber PVDF-HFP membrane prepared with DMF (DMF60) were larger than those of the 
membrane prepared with DMAC (DMAC60) under the same spinning conditions.  
 
Table 1: Dimensions of the PVDF-HFP hollow fibers prepared with different solvents. 
 
 
 
 
 

Membrane Inner diameter (�m) Outer diameter (�m) Thickness (�m) 
DMF60 1515 ±130 1797 ± 96 141 ± 19 

DMAC100 1315 ± 74 1606 ± 78 145 ± 54 
DMAC60 1473 ± 98 1700 ± 130 113 ± 16 
DMAC40 1250 ± 190 1610 ± 150 180 ± 43 
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An increase of the TMP content in the solvent mixture (DMAC/TMP) resulted in a decrease of the 
finger-like structure of the external layer of the hollow fiber membranes (see Figure 1). Macro-
voids appeared in the middle layer of the hollow fiber membranes when DMF was used instead of 
DMAC in the solvent mixtures and a decrease of fingers-like structure of the external layer. The 
observed changes of the structural morphology of the PVDF-HFP hollow fiber membranes can be 
explained from the precipitation rate and the solubility parameters of the different solvents used. 
The solubility parameter of the solvents DMAC, TMP, DMF is 22.7 MPa1/2, 22.3 MPa1/2and 24.8 
MPa1/2, respectively; whereas that of the copolymer PVDF-HFP is 23.2 MPa1/2 [3,4]. Therefore, 
DMAC is better solvent for the copolymer PVDF-HFP than DMF, and the coagulation rate is faster 
when DMF was used as solvent leading to the formation of bigger fingers and macro-voids as can 
be seen in Fig. 1 for the membrane DMF60.  
 

 
 
Figure 1. Cross-section morphology of PVDF-HFP hollow fiber membranes prepared with different solvents. 
 
The effect of the used solvents on the void volume fraction of the hollow fiber membranes is shown 
in Table 2. Compared to the hollow fiber membranes prepared with the solvent DMAC, the void 
volume fraction is small for the hollow fiber membrane prepared with DMF (DMF60). Moreover, 
the hollow fiber membrane DMAC40 prepared with a high TMP concentration exhibits a very high 
void volume fraction. This may be related partly to the structure of the hollow fiber membrane as it 
was mentioned previously (See Figure 1). Therefore, it is expected a high DCMD permeate flux of 
the membrane DMAC40 (see Figure 2).  
 
Table 2: Void volume fraction of PVDF-HFP hollow fiber membranes prepared with different solvents. 

Membrane Void volume fraction, ε ± ∆ε (%)
DMF60 73,1 ± 1,8 

DMAC100 80,7 ± 5,8 
DMAC60 80,70 ± 0,02 
DMAC40 91,4 ± 2,7 

 
The DCMD tests were performed with distilled water and salt (NaCl) aqueous solution (3 wt %). 
The feed temperature was 80 ºC and the permeate temperature was 25 ºC. It was found that the 
liquid entry pressure was decreased considerably with increasing TMP ratio in the solvent mixtures, 
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whereas the DCMD permeate flux was increased (see Figure 2) with increasing TMP concentration 
in the solvent mixture. The DCMD permeate flux was enhanced when using DMAC/TMP mixtures 
compared to the hollow fiber membranes prepared with DMF/TMP mixtures. The salt (NaCl) 
rejection factor of all fabricated PVDF-HFP hollow fiber membranes were greater than 99.3 %. 
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Figure 2. Effects of solvents on the DCMD permeate flux. (Tfeed = 80 oC; Tpermeate = 25 oC). 
 
Conclusions 
PVDF-HFP hollow fiber membranes were prepared with different solvents. The membrane cross-
section structure varied depending on the type of the solvent(s) used appearing macro-voids when 
DMAC was changed to DMF. The use of the mixture DMAC/TMP showed different structures 
depending on the solvents concentration. When TMP concentration was increased, the copolymer 
coagulation rate was faster and the thickness of the finger-like structure of the external layer 
decreased. The void volume fraction decreased when DMF was used as a solvent and the hollow 
fiber membrane DMAC40 prepared with 60 wt.% TMP exhibited the highest void volume fraction. 
In contrast, the liquid entry pressure was decreased considerably with increasing TMP content in 
the solvent mixture and the DCMD permeate flux was increased. When the solvent was changed 
from DMF (DMF60) to DMAC (DMAC60), the DCMD permeate flux was enhanced and the salt 
(NaCl) rejection factor of all fabricated PVDF-HFP hollow fiber membranes were greater than 99.3 
%. The results indicated that DMAC40 was the best PVDF-HFP hollow fiber membrane, among all 
prepared membranes in this study, due to the addition of the solvent TMP.  
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Introduction 
Olive mill wastewater (OMW) is the main pollutant from olive oil production generated by the 
three-phase systems and traditional mills. This liquid effluent contains the vegetation water of the 
fruit and the water used in different stages of oil extraction. In Morocco, as well as in many other 
Mediterranean countries, it is often discharged into nature without prior treatments (see Figure 1). 
Many methods such as advanced oxidation processes [1], pressure driven membrane processes 
[2,3], anaerobic biodegradation [4] and adsorption [5] have been proposed for the treatment and 
valorization of OMW. Most of these methods aim to reduce the phyto-toxicity of OMW effluents, 
which is mainly due to their high content of natural phenolic compounds. However, only recently, 
in relation to the major interest for the natural compounds with biological activities, researches have 
begun to consider the phenolic compounds recovery from OMW.  
 

 
Fig. 1. Pollution caused by uncontrolled OMW discharge. 

 
Several protocols have been adopted for the extraction and purification of phenolic compounds 
from OMW, including membrane technologies, liquid-liquid extraction and solid-liquid extraction 
[6-9]. To reduce the cost of any extraction process, the concentration of olive mill wastewaters 
seems to be an unavoidable step. In a previous work [10], we demonstrated the possibility to treat 
and concentrate OMW using membrane distillation (MD) process. Two membranes made from 
different polymers (GVHP supplied by Millipore and TF200 supplied by Gelman) were tested using 
direct contact membrane distillation (DCMD) configuration under a transmembrane temperature 
difference of 20°C. Both membranes have the same pore size (0.2 µm). The membrane GVHP is 
made of polyvinylidene fluoride (PVDF) polymer whereas the membrane TF200 is made of 
polytetrafluoroetylene (PTFE) supported on polypropylene (PP) net. The TF200 membrane showed 
the highest polyphenols separation, which was close to 100% during 9h of DCMD operating time 
[10].  
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It is to point out that more studies of OMW treatment by DCMD should be made in order to 
improve the permeate fluxes and reduce fouling phenomenon. In the present work three different 
PTFE membranes with different pore sizes have been tested. The OMW sample used was taken 
from a three phase olive mill unit located in the region of Marrakech (Morocco). This effluent 
showed a high chemical oxygen demand (156 g of O2/L), 105 g/L of the dry residue and 4.1 g/L 
phenolic content.  

 
Experimental 
Three commercial flat-sheet PTFE membranes (Gelman) with different pore sizes (Table 1) were 
tested under different DCMD operating conditions. The experiments were carried out using Lewis 
cell with an effective membrane area of 2.75 10-3 m2 [10].  
 

Table 1: Characteristics of PTFE membranes specified by the manufacturer.  

Membrane Membrane pore 
size (µm) 

Thickness 
(nm) 

Porosity 
(%) 

Liquid entry pressure of 
water (bar) 

TF200 0.2 2.82 
TF450 0.45 1.38 

TF1000 1 
178 80 

0.48 
 
 
The bulk feed and permeate temperatures were measured inside each chamber by a pair of sensors 
connected to a digital meter with an accuracy of ± 0.1°C. Both the feed and permeate liquids were 
stirred inside the cell by graduated magnetic stirrers to ovoid temperature polarization. Permeate 
fluxes were measured in triplicate for each experiment. More details may be found elsewhere [10].  
In order to reduce membrane fouling and enhance the process efficiency, large particles were 
removed from OMW prior to DCMD experiments by applying microfiltration pretreatment using 
TF450 membrane. The efficiency of DCMD to concentrate OMW was evaluated using the 
concentration factor (β) which was calculated as follows: 

0,

)(

f

f

C
tC

=β           (1) 

where Cf,0 is the initial total phenolic content of the feed solution and Cf(t) the total phenolic content 
of the feed solution at DCMD operating time t. 

 
Results and discussion 
Figure 3 shows the effects of the mean temperature (Tm) and the feed bulk temperature (Tb,f) on the 
DCMD permeate flux. The permeate flux is higher for the membrane having larger pore size and 
the bulk feed temperature or which is the same the transmembrane bulk temperature difference (∆T) 
has a relatively more effect on the increase of the permeate flux than the mean temperature. As it is 
well known, this is due to the increase of the driving force, which is the transmembrane water vapor 
pressure difference.  
Table 2 summarizes the obtained DCMD permeate fluxes of distilled water and OMW used as feed 
at a transmembrane bulk temperature difference, ∆T=20°C. These values show that the initial 
permeate fluxes corresponding to the OMW feed solution are smaller than the permeate fluxes of 
distilled water due to the lower vapor pressure of the OMW. Again for the OMW feed solution, the 
permeate flux is higher for the membrane exhibiting larger pore size. Furthermore, the increase of 
the membrane pore size does not affect considerably the polyphenols separation coefficient (α8h) 
after 8 h DCMD operating time. A slight enhancement of the separation coefficient can be observed 
with the decrease of the membrane pore size. After 8 h of DCMD operation, the treatment of OMW 
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using TF200, TF450 and TF1000 allows reaching a concentration factor (β) of 1.47, 1.78 and 1.82, 
respectively (see Fig. 4).  
 
Table 2: Initial DCMD permeate fluxes of distilled water (Jw) and OMW (J0,OMW) used as feed and 
the corresponding polyphenols separation coefficient (α8h) after 8 h treatment.  
 
 
 
 
 
 
 

 
Fig. 3. DCMD permeate flux (Jw) of different PTFE membranes vs. mean temperature (Tm) (a) and 
bulk feed temperature (Tb,f) maintaining the bulk permeate temperature (Tb,p) at 20°C (b) for 
distilled water used as feed. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
Fig. 4. Concentration factor (β) of OMW phenolic content vs.  DCMD operating time.  

 

Membrane Jw (L/m².h) J0,OMW (L/m².h) α8h (%) 
TF200 8.97 ± 0.06 7.68 ± 0.22 99.5 
TF450 9.03 ± 0.61 8.26 ± 0.24 99.1 

TF1000 10.62 ± 0.19 8.84 ± 0.25 98.7 
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The efficiency of DCMD process to concentrate OMW is illustrated in Fig. 4. Compared to the 
membrane TF200, the membranes TF450 and TF1000 exhibited the highest concentration factors 
due to their relatively higher permeate fluxes. However, as can be observed in Table 2, the 
polyphenols separation coefficient of the membranes TF450 and TF1000 is slightly lower than that 
of the membrane TF200. Because of its highest permeability and quite good polyphenols separation 
factor, the membrane TF1000 seems to be the most suitable membrane among the tested PTFE 
membranes for OMW treatment and concentration by DCMD.  
 
Conclusions 
According to our results, for OMW treatments it is preferable to use membranes of large pore size, 
up to 1 µm, since no significant decrease of the membrane separation coefficient was observed. The 
permeate flux enhances with increasing the mean temperature and the transmembrane temperature 
difference as well as the membrane pore size. The obtained OMW concentrate can be considered as 
a potential source of natural powerful antioxidants such as hydroxytyrosol, which represents more 
than 50% of the total monocyclic phenolic compounds of OMW. The concentration of OMW up to 
two times or more will be of a great economical interest for the extraction of OMW phenolic 
compounds since it will reduce considerably the volume of solvents or any other chemicals used in 
the subsequent extraction process. Further studies will focus on the effect of high feed temperatures 
on the efficiency of OMW treatment by MD, long terms and fouling.  
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Introduction 
Attempts have been made during last years for industrial implementation of air gap membrane 
distillation (AGMD) process although only 15.5% of the published papers up to December 2010 
dealt with this membrane distillation (MD) configuration [1-8]. One of the advantages of this 
configuration is the low conductive heat loss through the membrane due to the presence of air in the 
permeate side of the membrane. The AGMD membrane modules contain a stagnant air gap 
interposed between the membrane and a cooling surface [1]. This complicates the module design 
and increases the mass transfer resistance reducing the permeate flux of this MD configuration.   
It is known that in MD the heat requirements represent a significant part of the process cost and the 
thermal energy consumption is very sensitive to the feed temperature. The combined use of AGMD 
and solar energy was also investigated experimentally by various authors and different specific 
thermal energy consumption numbers were reported 140 - 300 kWh/m3 [2-4].  
Several strategies for energy savings can be used in MD such as the use of well designed 
membranes, modules with low temperature and concentration polarization effects, multiple effect 
operation, heat recovery in heat exchangers, integration of other processes such as RO, etc. One of 
the potential MD research activities are long term MD operations, membrane aging, membrane 
fouling, energy recovery and optimization of MD systems and membrane modules in order to 
decrease the MD specific energy consumption and production costs. Design of experiments (DoE), 
response surface methodology (RSM) or artificial neural network (ANN) are useful tools for 
optimization of AGMD plants permitting to study the interactions between operating parameters, to 
increase MD performance and to decrease the specific energy consumption [9-12]. 
RSM and ANN are modeling tools able to solve linear and non-linear multivariate regression 
problems. Both methodologies do not need explicit expressions of the physical meaning of the 
system or process under study. Both methodologies ensure relationships between the designed 
variables and the responses or outputs of the process using a limited number of designed 
experimental runs. In addition, one of the advantages of these methodologies is the possibility of 
optimization of the system under study using the developed models. The question is: which 
approximation model is more trustable offering a better accuracy in fitting the experimental data 
and giving a better optimal solution?.  
To respond to this question, in the present study, a special attention was devoted to optimize an 
AGMD system using DoE, RSM and ANN emphasizing the advantages and disadvantages of each 
methodology.  
 
Results and discussion   
RSM has been used to develop predictive models for simulation and optimization of desalination by 
air gap membrane distillation (AGMD) process. A sodium chloride aqueous solution (30 g/L) was 
employed as model seawater solution for AGMD pilot plant applying a flat-sheet commercial 
membrane TF450 (Gelman Science) in a plate and frame membrane module. The input variables 
were the feed inlet temperature, Tf,in, the feed flow-rate, Qf, and the inlet cooling temperature (i.e. 
condensation temperature, Tc,in). The AGMD performance index Y defined as the permeate flux 
times the salt rejection factor has been considered as the main response for modeling and 
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optimization. The empirical polynomial RSM models were developed for 4 different fixed air gap 
thicknesses (i.e. A1 = 3.0 mm, A2 = 4.2 mm, A3 = 5.6 mm and A4 = 7.4 mm). Therefore, 4 RSM 
models were developed for each air gap thickness: 

( 1) 2 2 3 2
1 2 3 1 2 3

ˆ 227.369 2.247 4.798 0.651 0.045 0.048 1.938 10AY z z z z z z−= − − − + + + ×           (1) 
( 2) 2 3

1 2 3 1 1 2 2 3
ˆ 92.914 2.859 2.374 0.017 0.021 0.023 2.303 10AY z z z z z z z z−= − + + + − − + ×    (2) 

( 3) 3 2
1 2 3 3

ˆ 196.334 0.357 1.241 1.723 4.69 10AY z z z z−= − − + + − ×                                          (3) 
( 4) 2 3

1 2 3 1 2 3
ˆ 15.756 0.909 0.235 0.234 0.012 4.443 10AY z z z z z z−= − + − + + ×                                (4) 

valid for: 14 ºC ≤ (z1=Tc,in) ≤ 26 oC; 59 ºC ≤ (z2=Tf,in) ≤ 71 oC; 145 L/h ≤ (z3=Qf) ≤ 205 L/h.      
 
Analysis of variance (ANOVA) has been employed to check the validity of the response surface 
models finding good agreements between experiments and models. As an example Figure 1 shows 
the influence of the variables Tf,in and Tc,in on the response Y for the air gap thickness 5.6 mm. As it 
is expected increasing Tf,in yields to an enhancement of Y, while the increase of Tc,in leads to a linear 
decrease of Y. However, the main effect of Tf,in is much higher than the main effect of Tc,in 
indicating that Tf,in is the strongest factor in AGMD. In addition, no interaction effect between Tf,in 
and Tc,in variables on the response Y was detected by RSM.  
 

 
Fig.1. Response surface plot and contour-lines showing the AGMD performance index (Y) as a 

function of T f,in  and Tc,in for Qf  = 175 L/h and A3 = 5.6 mm. 
 

Note that one of the disadvantages of RSM is its difficulty to include the air gap thickness (A) as a 
variable in the RSM models. Various AGMD membrane modules with different air gap thicknesses 
must be constructed. In contrast, the ANN model was able to develop a global model considering 
the air gap thickness A as an additional variable as shown in Fig. 2 and thus demonstrating its 
advantage over RSM and ability to overcome the limitation of the quadratic polynomial models to 
solve the complex non-linear problems. Moreover, another advantage of ANN is that this 
methodology does not require a standard experimental design to build the model. Different 
experimental designs can be used. In addition, ANN model is flexible and permits to add new 
experimental data to build more trustable ANN model. However, ANN methodology may require a 
greater number of experiments than RSM and developing RSM model is less complicated 
permitting to construct empirical equations relating the response to the designed variables.     
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Fig. 2. AGMD performance index (Y) predicted by ANN model as a function of the air gap 

thickness A and the condensation temperature Tc,in maintaining the other variables fixed,  
Tf,in  = 50.5 oC and Qf = 175 L/h. 

 
All objective functions given by RSM and ANN have been optimized by means of Monte Carlo 
simulation method based on pseudo random numbers (PRNs). The stochastic simulations were 
carried out using a multistage zooming-in approach to localize more accurately the optimal points 
inside the valid region. Both methods converged to the same solution A = 3.0 mm, Tc,in = 13.9 oC,  
Tf,in = 71 oC and Qf = 205 L/h. Under these optimum conditions the obtained experimental 
maximum performance index is 51.075 kg/m2.h. The predicted performance index by RSM for 
these AGMD conditions is 53.306 kg/m2.h (4.3 % residual error); while the predicted performance 
index by ANN, for the same AGMD conditions, is 50.738 kg/m2.h (0.7 % residual error). Both 
predicted responses by both RSM and ANN were found to be in good agreement with the 
experimental results.  
In addition, a second response considered for modeling and optimization was the specific 
performance index (Ysp), which takes into account the permeate flux, the salt rejection factor and the 
energy consumption. Four empirical models corresponding to the different air gap thicknesses have 
also been developed for this response by applying RSM. In contrast, an ANN global model was not 
possible to be developed for this case mainly due to the fact that the specific performance index 
does not vary too much with the air gap thickness. For example, in the center point (Tc,in = 20 oC,  
Tf,in = 65 oC and Qf = 175 L/h.), the specific performance index is 141.539 kg/kWh for an air gap 
thickness of 7.4 mm and 141.654 kg/kWh for an air gap thickness of 3.0 mm. Therefore, the 
optimization of the specific performance index was performed only by RSM. The obtained optimal 
feed temperature (Tf,in = 63.7 oC) is lower than the previous one determined for the other response, 
i.e. performance index (Y). This can be attributed to the fact that the feed temperature affects 
considerably the energy consumption. The other AGMD optimum variables are similar to those 
determined for the response Y (A = 3.0 mm, Tc,in = 13.9 oC, and Qf = 205 L/h). Under these optimal 
conditions the predicted specific performance index is 168.633 kg/kWh and the experimental one is 
180.522 kg/kWh (6.6 % residual error). Among all performed AGMD experiments this value of the 
response Ysp is the maximum confirming the developed models.   

 
Conclusions 
Response surface methodology (RSM) and artificial neural network (ANN) have been applied for 
modeling and optimization of the performance of air gap membrane distillation (AGMD) process. 
Analysis of variance (ANOVA) indicated that the RSM and ANN developed models are statistically 
valid for prediction and optimization of AGMD performance index. The optimum conditions 
determined by RSM and ANN are as follows: A = 3.0 mm, Tc,in = 13.9 oC, Tf,in = 71 oC and Qf = 205 
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L/h. Under these conditions a maximum performance index of 51.075 kg/m2.h was achieved 
experimentally.  
The specific performance index (Ysp) of the AGMD process was also maximized by means of RSM. 
The obtained optimum conditions in this case are Tf,in = 63.7 oC, A = 3.0 mm, Tc,in = 13.9 oC and Qf 
= 205 L/h, leading  to a maximal experimental response 180.522 kg/kWh, corresponding to a total 
specific energy consumption of 5.54 kWh/m3.       
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Introduction 
In food industry, different aqueous solutions like raw sugar syrups and fruit juices are usually 
concentrated to reduce the costs of transportation and storage. The pressure driven membrane 
separation processes such as reverse osmosis (RO), nanofiltration (NF), ultrafiltration (UF) and 
microfiltration (MF) can be used as techniques for juice concentration and clarification. In spite of 
their advantages to attain high quality products, the drawbacks of these membrane processes are 
related to the low concentration rate of food products and fouling phenomenon. In this field, the 
thermally driven process membrane distillation (MD) has emerged as an attractive method for 
concentration of food products and distilled water production [1].  
Sweeping gas membrane distillation (SGMD) is the rarely studied membrane distillation (MD) 
configuration [1]. This consists of a gas that sweeps the permeate side of the membrane carrying the 
vaporous distillate away from the distillate side of the membrane pores, while the feed liquid 
solution is kept at higher temperature than the gas temperature. Condensation of the produced vapor 
takes place outside the membrane module. Therefore, external condensers are required to collect the 
permeate complicating in this way the system design and increasing its cost. However SGMD 
configuration has a great perspective for the future since it combines a relatively low conductive 
heat loss through the membrane with a reduced mass transfer resistance [1-3]. 
The objective of this study is to investigate the performance of SGMD process for concentrating 
aqueous sucrose solutions. The individual and mutual effects of the operating variables on the 
SGMD performance were investigated using the statistical design of experiments (DoE) and 
response surface methodology (RSM). The empirical mathematical models for the SGMD permeate 
flux and the sucrose concentration rate as function of the most significant SGMD variables have 
been developed and validated based on regression techniques. In addition, the optimization of 
SGMD process was carried out using the desirability function approach to determine the optimum 
SGMD operating variables.  
 
Results and Discussion   
The statistical experimental design (DoE) employed has been carried out considering three factors, 
namely, the feed inlet temperature (Tw,in), the air circulation velocity (Ua) and the initial sucrose 
concentration of the aqueous feed solution (C0). The liquid circulation velocity and the air inlet 
temperature were maintained fixed, i.e. Uw = 0.15 m/s (155 L/h) and Ta,in = 20 oC, respectively. It is 
to be noted that preliminary SGMD tests were carried out and it was found that the variables Uw and 
Ta,in hardly affected the SGMD permeate flux and the sucrose rejection factor. An orthogonal central 
composite design (CCD) with star points was employed with 3 factors and 5 levels. The CCD 
consists of 16 experiments with 8 orthogonal design points (i.e. factorial points), 6 star points to 
form a central composite design with α = ±1.215 and 2 center points for replication. The detailed 
CCD is reported elsewhere [3]. The response surface models (Eqs. 1,2) were developed to predict 
the average permeate flux (J) and the sucrose concentration rate (CR).  

( )2 5 2 4 3 4
1 2 3 1 3 1 3 2 3

ˆ 85.5 2.177 3.687 0.066 0.013 5.073 10 6.389 10 9.194 10 10J z z z z z z z z z− − − −= − + + + − − × − × − × ×    (1) 
3 5 2 4

1 2 3 3 1 3
ˆ 5.683 0.045 0.872 5.597 10 3.588 10 3.083 10CR z z z z z z− − −= − + + + × − × + ×                        (2) 
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subjected to: 59 ºC ≤ (z1=Tw,in) ≤ 71 oC, 0.9 m/s ≤ (z2=Ua) ≤ 2.1 m/s; 135 g/L ≤ (z3=C0) ≤ 309 g/L. 
J is given in (kg/m2.s) and the CR represents the sucrose enrichment in feed with time and it is 
given in (g/L.h). Both responses have been defined mathematically in Ref. [3].   
The models were statistically validated by analysis of variance (ANOVA). According to the 
ANOVA results, for J the F-value is 8.589 and P-value is 0.0035 and for CR the F-value is 17.193 
and the P-value is 0.0001. These values indicate that both empirical models are statistically valid 
and can be used for modeling and optimization of SGMD process.  
The sucrose rejection factors were found to be higher than 98.9 %. The spatial representations of the 
response surface functions were drawn together with the corresponding contour line plots. The 
response surfaces plots show that the increase of the feed inlet temperature and the air circulation 
velocity both enhance the average permeate flux and the sucrose concentration rate (see Figs.1,2). 
The increase of the initial sucrose concentration reduces the distillate flux but enhances the 
concentration rate. 

 
 
Fig. 1. Surface plot and contour-lines map showing the average permeate flux as a function of Tw,in 

and Ua for C0  = 222 g/L. 
 

 
Fig. 2. Surface plot and contour-lines map showing the sucrose concentration rate as a function of 

Tw,in and Ua for C0  = 222 g/L. 
 
For optimization purpose the response surface models were used to develop the overall desirability 
function D written as the geometric mean product between individual desirability functions (di):  

( ) ( )1 1 2 3 2 1 2 3
ˆˆ( , , ) ( , , )D d J z z z d CR z z z= ×                                             (3) 

In addition, the overlap contour plot was drawn in Fig. 3 to identify the desirability experimental 
zone and to determine the optimal SGMD operating conditions.  
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Fig. 3. Overlap contour plots of response surfaces for Ua = 2.1 m/s. 

 
To determine the optimal point, maximization of the overall desirability function (D) was performed 
by Monte Carlo stochastic simulation method. The maximum value of D involves the enhancement 
of both J and CR. For example, for the commercial flat-sheet membrane (TF450, Gelman), the 
optimal SGMD variables were found to be as follows: a feed temperature of 70.9 °C, an air 
circulation velocity of 2.1 m/s and an initial sucrose concentration of 223 g/L. Under these optimum 
conditions the measured SGMD permeate flux was 1.077 × 10-3 kg/m2.s, and the sucrose 
concentration rate was 4.686 g/L.h. The values of the predicted responses were found to be in good 
agreements with the experimental results.  
 
Conclusions 
Design of experiments (DoE), response surface methodology (RSM) and desirability function 
approach were applied successfully for modeling and optimization of SGMD process applied for 
concentration of sucrose aqueous solutions. The studied interaction effects between variables on the 
permeate flux (J) permit to state that the interaction between Ua and C0 is more significant than that 
between Tw,in and  C0, whereas the interaction between Tw,in and Ua is negligible. The effect of C0 on 
J is more significant at higher Ua values. In contrast, the effect of Ua is stronger for low sucrose 
concentrations. For the sucrose concentration rate (CR) the interaction between Tw,in and  C0 is the 
only one detected. When applying the optimum SGMD conditions the measured SGMD permeate 
flux (1.077 × 10-3 kg/m2.s) and the sucrose concentration rate (4.686 g/L.h) were found to be higher 
than those of all performed SGMD tests in this study.  
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Introduction 
Pervaporation is a membrane separation process used to separate liquid mixtures. Pervaporation is 
already used in many practical applications like organics dehydration, water purification or 
beverage processing. Despite the large number of applications, the nowadays research 
in pervaporation is still focused on new membrane materials as well as and on the optimisation of 
the process. A lot of membranes made from different polymers have been tested for separation of 
water/organic and/or organic/organic solutions by pervaporation but there are only few reports on 
the applications of polyamide-6 (PA6) membranes [1-3]. 
The objective of this work was to prepare composite pervaporation membranes based on 
polyamide-6 and to determine their pervaporation performance in the separation of organic-organic 
mixtures.  
 
Experimental 
PA-6 membranes of different morphology were prepared by using phase inversion method. Two 
types of PA-6 solutions were prepared. Polyamide dissolved in the mixture of acetic and formic 
acids was used for the preparation of the ultrafiltration support for the composite membrane. 
Polyamide dissolved in 2,2,2-trifluoroethanol was used for the preparation of dense selective layer 
which was cast on the PA-6 ultrafiltration support. The same solution was also used for the 
preparation of mixed matrix PA-6 membranes filled with 20 wt.% of metal oxides (TiO2, ZrO2 and 
Al2O3). 
Morphology of prepared membranes was investigated by using the Scanning Electron Microscopy 
(SEM) method. 
Pervaporation experiments were performed at 30oC, using standard laboratory set up, described in 
the details elsewhere [4]. Experiments were performed for membranes in contact with methanol - 
methyl t-butyl ether (MeOH-MTBE) and methanol - dimethylcarbonate (MeOH-DMC) mixtures. 
Mixtures containing 20 wt.% and 50 wt.% of methanol were investigated. Additionally, the 
influence of the presence of water on the separation efficiency of MeOH-MTBE mixture was 
checked. In that latter case, 0-10 wt. % of water was added to the mixture containing MeOH and 
MTBE in the weight ratio 1:1. The compositions of feed and permeate mixtures were determined by 
using gas chromatograph equipped with TCD detector (Varian 3300). Fluxes were determined by 
weighing the amount of permeate collected over a given period of time.  
 
 
Results and Discussion 
Morphology of prepared polyamide-6 membranes is presented in Figs. 1 and 2. It is seen that 
membranes prepared from pure polyamide in trifluoroethanol (Fig. 1A) as well as from polyamide 
filled with metal oxides (Figs. 2A-2C) possessed a homogenous dense structure. The particles of 
metal oxides were uniformly distributed in the polymeric matrix. In the case of the composite 
membrane (Fig. 1C), the dense homogenous top layer was cast on the sponge-like ultrafiltration 
support.  
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Fig. 1. Morphology of unfilled PA-6 membranes. A) dense homogenous membrane (PA6-
H); B) cross-section of ultrafiltration support; C) composite membrane with dense selective 
top-layer on UF support (PA-6-1L). 

 

 
 
Fig. 2. Morphology of PA-6 membranes filled with metal oxides:  
A) 10% Al2O3 (particle size: 13nm); B) 10% TiO2 (particle size: 25nm); C) 10% ZrO2 
(particle size: 500nm). 

 
The efficiency of membranes in the separation of MeOH-MTBE mixture is presented in Tabs. 1 and 
2. The fluxes through homogenous membranes (Tab. 1) were normalized to the uniform thickness 
of membrane (1 �m), using the following formula: JN = J d [�m kg m-2 h-1], where JN - normalized 
flux [�m kg m-2 h-1], J - measured permeate flux [kg m-2 h-1] and d - thickness of the selective layer 
[�m]. 
 
Tab. 1. Efficiency of homogenous and mixed matrix PA6 membranes in separation of 50-50% 

MeOH-MTBE mixture. 
JN(MeOH) JN(MTBE) PSI Membrane Separation 

factor � [-] [�m kg m-2 h-1] 
PA6-H 39 9.1 0.25 354 
PA6-10%Al2O3 19 14.9 0.74 281 
PA6-10%TiO2 15 12.0 0.83 179 
PA6-10%ZrO2 31 11.6 0.37 360 

 
Data presented in Tab. 1 confirm that homogenous PA6 membrane as well as PA6 filled with metal 
oxide nanoparticles selectively transport methanol from the binary mixture with MTBE. However, 
it was found that the best separation selectivity was obtained for homogenous PA6 membrane. The 
PA6 filled with nanoparticles of 10-25 nm size caused high MTBE flux what resulted in smaller 
selectivity of these membranes. The only one mixed matrix membrane which produced the similar 
PSI index was the PA6-10%ZrO2 one, i.e. membrane filled with much bigger oxide particles (500 
nm). 
 
Tab. 2. Efficiency of composite PA6 membranes in separation of 50-50% MeOH-MTBE mixture. 
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J(MeOH) J(MTBE) PSI Membrane Separation 
factor � [-] [g m-2 h-1] 

PA6-1L 14 509 37 7644 
PA6-2L 10 377 36 4130 

 
The composite PA6 membranes show much lower selectivity than the homogenous ones (Tab. 1 and 
2). However, composite membranes are mechanically stronger than pure homogenous PA6 
membrane. The composite membrane with one selective layer (Fig. 1C) produces higher methanol 
flux compared with two layers membrane.  
Tab. 3 compares properties of prepared membranes in contact with MeOH/MTBE and MeOH/DMC 
mixtures containing 20wt.% of methanol. It can be seen that membranes are much more selective 
toward methanol in contact with MeOH-MTBE comparing to MeOH-DMC mixtures. It seems that 
DMC shows much higher affinity to polyamide than MTBE does. 
 
Tab. 3. Efficiency of composite PA6 membranes in separation of MeOH-MTBE and MeOH-DMC 

mixtures containing 20 wt.% of methanol. 
J(MeOH) J(MTBE/DMC) PSI Membrane Separation 

factor � [-] [g m-2 h-1] 
MeOH - MTBE 

PA6-1L 31 367 42 12680 
PA6-2L 55 146 9 8530 

MeOH - DMC 
PA6-1L 2 199 128 650 
PA6-2L 3 174 54 680 

 
Water is very often present in the industrial MeOH-MTBE mixtures. Fig. 3 shows the transport 
properties of homogenous PA6 in contact with 50-50 MeOH-MTBE mixture, containing 0-10wt.% 
of water. It is seen that the presence of water molecules causes the decrese of methanol transport but 
it does not affect the MTBE flux.  
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Fig. 3. Partial permeation fluxes of water, methanol and MTBE for 50-50 methanol/MTBE 

mixtures as a function of water content in the feed. 
 
Conclusions 
Homogenous, mixed matrix as well as multilayer composite membranes based on polyamide-6 
were prepared and characterized in the pervaporative separation of organic-organic mixtures. These 
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membranes preferentially transported more polar component of the separated mixture. The 
selectivity of the prepared membrane as well as permeate fluxes were dependent on the type of the 
prepared membrane and the thickness of the selective layer.  
Membrane selectivity was much higher in contact with MeOH-MTBE than with MeOH-DMC 
mixture. 
The presence of water in MeOH-MTBE mixture decreased the selectivity of investigated 
membranes, so it is important to separate water-free organic-organic mixtures. 
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Introduction 
Membrane technology has been developed and used successfully in water treatment and 
desalination over the past four decades. Membrane technology is widely accepted as a means of 
producing various qualities of water from seawater, brackish water, well water and surface water. It 
is also used in industrial processes and in industrial wastewater treatment; and lately, in the 
treatment of secondary and tertiary municipal wastewater and oil field produced water [1]. 
However, many water filtration technologies available today have significant drawbacks, such as 
high pressure requirements, high energy demand and the use of harmful chemicals. 
Nanomembranes can meet the challenges of the twenty-first century, namely water stress, climate 
change and energy crisis. Nanomembranes show promise not only in providing clean drinking 
water, but also for use in other industries like paper manufacturing, poultry, extracting natural fuels 
like ethanol, food industry, and many others [2]. Polymer nano-composites have been at the center 
of polymer research in recent years and significant progress has been made. Nanofiltration is the 
latest in the technical evolution of water filtration. Nanofiltration is effective in removing turbidity 
and microbes and it is generally effective in removing dissolved salts and compounds [3]. Reverse 
Osmosis (RO) enables the removal of dissolved salts, especially the monovalent ions like sodium 
chloride by applying pressure which makes RO energy intensive and higher in operating cost 
compared to nanofiltration.  Nanofiltration can remove a range of chemicals and dissolved salts like 
nitrate, chloride, calcium and magnesium under lower pressure and lesser energy compared to RO 
membranes. However, its widespread use might be restricted by fouling problems. 
Conventional water treatment technologies include filtration, ultraviolet radiation, chemical 
treatment and desalination. The nano-enabled technologies, however, include a variety of different 
types of membranes and both nanomaterials of HNTTM and carbon nano tubes (CNT) have been 
used successfully to make nanocomposite membranes for chemical industries and water treatment 
[4], [5] and [6].  
Of these technologies, membrane distillation (MD) needs special attention. These microporous 
liquid/liquid membrane contactors have many advantages over the current RO membranes. Some of 
the advantages are that low-grade waste heat is used during the process, high pressure pumps are 
not required and unlike RO membranes, MD is not limited with salt concentration [4].  
Therefore, the main objective of this research is to utilize nano-materials to enhance the mechanical 
and permeance properties of polypropylene and prepare a MD. HNTTM were used to prepare 
reinforced polypropylene (PP) nano-composite membrane. PP resin has recently enjoyed a large 
increase in consumption because of its low cost, excellent mechanical properties, clarity, good heat 
resistance, low density and ease of processing.  
 
Experimental Methods 
Materials. Polypropylene homopolymer (HF029), with a (MFI) of (2.9 gm/10 min) and a melting 
temperature of 160oC was supplied by EQUATE. HNTTM was supplied in blended form with 
polypropylene in a master batch (30% HNTTM ) by NaturalNano Inc., USA.  
Equipment.  A twin-screw extruder with length-to-diameter ratios of 32:1 and 40:1 was used to 
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prepare different plastic sheets with different thicknesses and with different loadings of HNT/PP 
master batch ranging from 0.0 to 50% by weight of PP. A Testometric mechanical testing machine 
was used to test the mechanical properties. A environmental chamber was attached to the 
Testometric machine, to be used for post-extrusion processing of the extruded thin films. The WVT 
was measured by the Inverted Water Method [ASTM E96M-05]. 
Procedure. Plastic film was extruded from the die at a slot-setting of about 0.8 to 1.0 mm thickness. 
It was then placed on a casting roller and then on a haul-off roller. The casting roller was set at 
cooling temperatures ranging from 50 to 70oC and was at a distance of about 5 cm from the 
extruder die. The extrusion linear speed was between 0.1 and 0.59 cm/min. The melting temperature 
of the extrusion was 180-230oC.  
Post extrusion processing of the prepared plastic thin films started by placing the precursor samples 
in the environmental chamber attached to the Testometric mechanical testing machine. The 
precursor was first annealed at 140°C for 10 to 30 min under slight load. The annealed sample was 
then stretched cold at RT for 20% extension at a stretch rate of 5.0 mm/min followed by hot 
stretching to 150% extension at 140°C at a rate of 10 mm/min. The above procedure was carried out 
for both restrained and non-restrained stretching. The hot stretched sample was then allowed to heat-
set at 140°C for another 10 to 30 min under load after which the sample was removed and prepared 
for both mechanical testing and for WVT. 
 
Results and Discussions  
The ideal extruder settings that gave uniform and smooth thin films were mostly the melt 
temperature of the polymer blend which was about 200°C, the screw feed speed of 11 rpm, the 
screw rotational speed of 32 rpm, and the draw-down ratio of about 12.07. The draw-down ratio of 
12.07 was obtained at a casting roller speed of 3.5 rpm, an extrusion rate of about 0.29 m/min, and a 
haul-off roller speed of about 4.1 m/min. 
Figs. 1 and 2 show the effect of post-extrusion processing on the mechanical properties of samples 
before and after they were exposed to post-extrusion processing, as per the following four cases: 
Case 1: extruded samples with no post- extrusion processing to the extruded films. Case 2: the 
extruded samples were hot stretched to about 150% and were then allowed to heat-set at 140ºC for 
10 min while they were restrained under full load. Case 3: the samples were cold stretched to about 
20% at RT followed by a hot stretch of about 150% at 140ºC and were allowed to heat-set 
restrained at 140ºC for 10 min. and Case 4: the samples were cold stretched to 20% at RT followed 
by a hot stretch of about 150% at 140°C and were allowed to heat-set unrestrained at 140°C for 10 
min. 
Fig. 1 shows that samples from the various blends with no post-extrusion processing (Case1) have 
the lowest values of tensile strength that ranged from about 20.72 N/mm² for 50% HNTTM blend to 
about 37.39 N/mm² for 0.0% blend. This is compared to the samples that were exposed to restrained 
cold stretching followed by restrained hot stretching (Case 3) that had the highest tensile strength 
values ranging from about 52 N/mm² for 50% blend to about 163 N/mm² for 0.0% blend. This 
indicates that post-extrusion processing and treatment are essential in order to obtain very strong 
and yet elastic thin films. However, the significant increase of tensile strength in the samples that 
were exposed to post-extrusion processing resulted in a sharp drop in their elasticity. For example, 
the elastic modulus ranged from 859.98 to 1157.1 N/mm² in Case 1 samples that had no post- 
extrusion processing compared to 344.08-773.5 N/mm² in Case 3 samples that were exposed to 
post- extrusion processing.  
Figs. 1 and 2 also show that as the percentage HNT in the blend increased from 0.0 % to 50%, the 
tensile strength decreased for all blends by about 42% to 67%. The data also shows that the 
percentage elongation to break decreased for all blends by about the same ratio except in Case 1 
where there was no post-extrusion processing; and hence, there was no drop in percentage 
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elongation. The results show that the post-extrusion processing controls the mechanical properties 
of the various films where it signifies the effect of the degree of orientation on these mechanical 
properties. 
The elastic recovery of the HNT and PP films was about 68.3% to 84.3% after they had been cold-
stretched 20% at RT. On the other hand, the elastic recovery for hot-stretched samples at 140°C for 
150% extension was ranged from 11.6% to 46.20% for all blend samples with 0.0 to 50% loading in 
virgin PP. This behavior is typical of semi-crystalline polymers like PP where it starts rigid and 
upon cold stretching it becomes more flexible and with hot stretching, becomes more flexible and 
tough. This post-extrusion process is going from random crystallites, with short-range order and 
long-range order, to oriented crystallites. 
Table 1 shows preliminary results on the effect of various factors on WVT for samples of various 
blends. Results show that as %HNT increased from 0.0 to 50%, the permeance of Case 3 samples 
increased by a factor of 4 and it also increased by a factor of 3 compared to samples with no post-
extrusion processing as in Case 1. Also the results show that samples of Case 4, that are un-
restrained samples, have a reduction in permeance and permeability of about 20% in values 
compared to samples of Case 3 that are restrained. This is an indication that restrained post-
extrusion stretching is more efficient, and hence, produces more desirable nano-membranes. Table 
1 also shows the effect of cold stretching on WVT. The increase in permeance by a factor of 1.7 for 
50% blend as in Case 3 compared to that in Case 2 is due to the cold stretching. Effect of 
temperature on the permeance of samples of Case 3 was also found to have increased by a factor of 
about 2 for 0.0% HNT sample and by a factor of about 45 for 50%  sample when measured at RT 
versus 38°C. Finally, wetting of pure PP sample with ethanol showed more influence on converting 
the hodrophobicity of PP to hydrophilicity and this becomes more pronounced when it is tested at 
higher temperatures. While in the case of PP containing HNT and PP, the sample does not loose 
much of its hydrophobicity. Therefore, this type of PP film makes a good membrane distillation 
(MD) where the film does not come into contact with aqueous solutions, but it does come into 
contact with vapor or gas. Aqueous solutions do not come in contact with the film and only vapor or 
gas come in contact. For comparison purposes, it was reported that PP film with 10% cold stretch + 
90% hot stretch has permeance of 2.36 - 6.6 E-06 (cc/cm².min.psi) [7]. Also it was reported that 
Celgard commercial PP membrane has a tensile strength of 138 N/mm², an % elongation to break of 
40% and a tensile modulus of 1380 N/mm² [7]. These figures of mechanical properties and 
permeance are almost equivalent to Case 3 samples reported above. 
 
Conclusions 
Several cases of post-extrusion processing of the extruded films were carried out that included 
annealing of the pre-cursers at 140°C followed by a restrained 20% cold stretching at room 
temperature (RT) followed by a restrained 150% of hot stretching at 140°C and heat-setting at 
140°C for another 10 min. These settings proved to be the most efficient in improving the tensile 
strength and permeation characteristics of the prepared thin films while significantly reducing the 
elasticity. Permeability also increases when the content of HNT and PP is increased in the blend 
from 0.0% to about 50% provided it is coupled with post extrusion processing. However, the 
increase of HNT percentage in the blend decreases quite significantly the tensile strength without 
affecting % elongation to break for films with no post-extrusion processing. Finally, the effect of 
wetting of the PP hydrophobic films improves the permeability of these films quite significantly 
when they do not contain HNT. However, in the presence of HNT in the blends, the increase in 
permeability is moderate. 
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Fig. 1. Tensile strength versus Percentage of HNT and PP of various blend samples 
exposed to various post- extrusion processing (Cases 1 to 4). 

 
 
 

 
 

Fig. 2. %elongation at break versus % of HNT and PP of various blend samples 
exposed to various post- extrusion processing (Cases 1 to 4). 
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Table 1.  Permeance (WVT) of Some HNT and PP Blend Samples under Different Post 
Extrusion Stretching Treatments 
 
 

*(Source: ASTM E96/96-05, Procedure BW-Inverted water method) (cc/cm².min.psi). 
HNT: Halloysite Nanotubes; PP: Polypropylene; RT: Room temperature 
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Run 
No. 

%HNT/PP No post 
Extrusion 
Stretching 
WVT@RT 

Restrained 
150% hot 
Stretching 
WVT@RT

Restrained 
20% cold @ 

150% hot 
stretch. 

WVT@RT 

Restrained 
20% cold 
and 150% 
hot stretch 

WVT 
38°C 

Un- Restrained 
20% Cold and 150 
% Hot Stretching 

WVT@ RT 

       

18 0 3.49E-07 2.96E-07 2.76E-07 5.84E-07 3.18E-07 

11A 3 1.12E-07 2.20E-07 3.67E-07 1.43E-06 6.34E-06 

10B 10 1.43E-07 1.86E-07 3.47E-07 1.49E-06 3.21E-07 

1C 20 1.39E-07 4.74E-07 3.09E-07 2.15E-06 4.55E-07 

1D 33 2.96E-07 8.09E-07 4.69E-07 1.83E-06 3.96E-07 

1E 40 1.78E-07 3.66E-07 9.43E-07 2.30E-06 5.03E-07 

1F 50 3.52E-07 7.09E-07 1.202E-06 5.47E-05 8.60E-07 
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Conventional phase inversion technique coupled with membrane emulsification technique has been 
attempted for the preparation of Ionic liquid microspheres (ILMCs).   Polyethersulfone (PES) as 
polymer matrix with mixture of Hexyl pyridinium hexafluorophosphate [HPY] [PF6] + 
Butylmethylimidazolium hexafluorophosphate [BMIM] [PF6] in dimethylformamide [DMF] as 
dispersed phase. Dodecane, isopropanol, water and sodium dodecyl sulphate as continous phases. 
Polyethylene membrane (pore size 600 µm) was fixed in the Teflon module and acts as a mono pore 
support.  Rotating Teflon chamber module was used to avoid the ILMCs agglomeration phenomena.  
Inner chamber of the module was on rotation at   slower speed (Figure 1).   The technique yielded 
porous, spongy, spherical capsules of dimensions below 1000 µm diameter with smooth surfaces. 
 

a)                              b)  
 

                   
Figure 1. a) Experimental setup for the ILMCs preparation, b) Optical image of the prepared   ILMCs  
 
ILMCs  were  washed  several times with  double  distilled  water  and  dried  at   vacuum  oven 
(70°c)  to  remove  the  solvent  traces.  ILMCs were subjected to several analytical tools for 
characterization such as, SEM, EDX, ATR-IR and TGA.  A SEM picture of the microsphere with 
ionic liquid reveals smooth spherical shape and channeled cross section with central cavity (Figure 
2) suitable for   separation and transport processess.   
 

 
Figure 1. SEM microstructures of PES / [BMIM] [PF6] / [HPY] [PF6] Microspheres prepared by 

a b dc
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phase inversion technique a) Surface (100x), b) Cross section (100x), c), d) Magnified Cross 
Section (500x, 10000x). 
EDX  analysis  were preformed to  qualitatively confirm the  presence  of  ionic  liquid  in the 
polymer  matrix( Figure 3). Phosphorus and Fluoride peaks confirms the  [PF6] presence in the  
microsphere. 

 
Figure 3. EDX image of PES / [BMIM] [PF6] / [HPY] [PF6] Microspheres prepared by phase 
inversion technique  
 
TGA  thermal  curves  reveals  the  loading  ratio  of  ionic liquid in the  microspheres.  Prepared  
ILMCs  can be  applied  in  the  field  of  separation  science for  organic and  inorganic  removal 
process.     
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Introduction  
Membrane distillation (MD) is the combination of traditional distillation process and membrane 
technique. It has obtained worldwide interests in the past decade, owing to its obvious advantages. 
The characteristics of the membranes used in MD process are the most important factors affecting 
the performance and the application foreground of the technology. The hydrophobicity of the 
membrane is one of the most important characters for membrane used in MD, membrane 
adsorption, membrane extraction, and other membrane contactors. It’s the key factor for MD flux 
and the wetting of the membranes. Many researchers have devoted in efforts to enhance the 
hydrophobicity of the membranes. 
Poly(vinylidene fluoride) (PVDF) hydrophobic hollow fiber membranes for MD process were 
developed in our group. In this work, composite membranes for MD purpose with lotus leaf like 
super-hydrophobic surface was prepared by polymer solution casting and phase inversion method. 
 
Results and Discussion 
The effect of the casting solution temperature on the pure water contact angle (CA) of the obtained 
membranes was firstly studied. The results were shown in Fig.1. The effects of PVDF and additive 
PG on the CA of the membranes were shown in Fig.2 and Fig.3. The SEM picture and the photo of 
water droplet on the surface of the optimized super-hydrophobic membrane was illustrated in Fig.4. 
and Fig.5, separately. 
The results showed that the composition of the casting solution through more light on the 
hydrophobicity of the membranes. That of the temperature of the casting solution is not so obvious. 
The surface of the optimized membrane has a super-hydrophobic layer, possesses lotus leaf like 
micro-structure. The pure water contact angle is about 160°. 
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Fig.1. Effect of casting solution temperature on the CA of the membranes 
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Fig.2 Effect of the PVDF content in the casting solution on the CA of the membrane 
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Fig.3 Effect of the PG content in the casting solution on the CA of the membrane 

 

 
 

Fig.4 Surface SEM micrographs of optimized membrane 
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Fig.5 CA photo of the optimized membrane 
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Introduction 
Membrane distillation (MD) was considered as a frontier technology for the separation of mixtures 
through porous hydrophobic membranes, especially the applications on seawater or brackish water 
desalination. The water vapor generated in the hot feed transfers across the membrane and 
condenses in the cold permeate. The main challenge for the large scale MD desalination is the 
energy consumption, which was estimated to be higher than reverse osmosis (RO), leading to a 
relatively high cost for water production [1]. However, MD only requires a moderate temperature to 
generate a thermal driving, which makes it viable to utilize the certainly non conventional energy 
like solar energy or waste heat for sustained use to reduce the water production cost [2]. Inspired by 
these ideas, we have already initiated our study in the field of air gap membrane distillation 
(AGMD) and have successfully experienced a direct contact membrane distillation (DCMD) system 
[3, 4]. In order to introduce solar energy into the MD technology, the present aim has raised. 
Herein, this work focuses on the development of DCMD combined with a solar energy heating 
system for real seawater desalination and also the effect of three different PTFE membranes. 
 
Experimental 
The porous hydrophobic PTFE membranes with three different pore sizes (0.2, 0.7 and 1.2 µm) 
were obtained from Ninbo Changqi, China and used as received in the current study. Membrane 
LEP test, Gas permeability test, and Capillary flow porometer test were performed to obtain the 
physical properties of membranes, and their experimental methods were reported in our previous 
paper [5].  
The DCMD coupled with a solar heating system used in this study is schematically depicted as in 
Fig. 1. The module was positioned horizontally so that the feed solution flows through the bottom 
compartment of the cell while the cooling water passes through the upper compartment. The feed 
and permeate channel were separated by a member with the effective area of 0.06 m2. The feed and 
cold solutions were contained in double walled reservoirs and circulated through the membrane 
module using centrifugal pumps support by a counter current flow. The temperatures, pressures and 
the permeate volumes (flux) were continually monitored through the thermometer, pressure gauge, 
and mass balance techniques. The permeation flux was also simulated through the 2D mathematical 
modeling which was reported in our paper [5]. The purity of the extracted water was determined by 
the water conductivity using an electrical conductivity meter (EC470-L, ISTEK, KOREA). The 
solar heating system had an effective surface area of 15 m2. The heat exchanger made of titanium 
material was used to overcome the seawater corrosion problem.  
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Fig.1. Diagram of the DCMD with solar heating system. 

 
Results and Discussion 
The characteristics of three different membranes were tested and listed in Table 1. These 
membranes exhibited reasonably competitive in nature according with the literature values [6]. The 
LEP values were decreased with the increase of the pore size. The membrane with a 0.2 µm pore 
size demonstrates its highly hydrophobic nature at a LEP value of 125.5 ± 5 kPa. Also, the 
membranes exhibits a evenly distributed narrow pore size, which means small standard deviation, 
such as in the presently used membranes; 0.39 ~ 0.50 µm for pore size 0.2 µm membrane, 0.73 ~ 
0.96 µm for pore size 0.7 µm membrane, and 1.05 ~ 1.16 µm for pore size 1.2 µm membrane. 
Besides, the pore size results from capillary flow porometer tests agree well to the values from gas 
permeability test.  
 

Table 1. The membrane characteristics. 
Membrane PTFE 0.2 PTFE 0.7 PTFE 1.2 
Thickness (µm) 120 120 110 
Porosity (%) 88 88 88 
LEP (kPa) 125.5±5 100.3±5 70.4±5 
Pore size (Gas perm. test) (µm) 0.41±0.1 0.68±0.1 1.15±0.1 
Effective porosity ε/τ·δ (104m-1) 5.09 4.99 2.86 
Pore size (Cap. flow poro.) (µm) 0.40±0.1 0.73±0.1 1.05±0.1 
 
 
Fig. 2 shows the permeate flux (a) and the salt rejection (b) for different membranes under the same 
operating conditions for the DCMD system: the hot side inlet temperature is 60°C; the cold side 
inlet temperature is 20°C. The 1.2 µm PTFE membrane presented a higher permeation flux than the 
other two membranes, however, the salt rejection decreased dramatically at a high flow rate (above 
4.5 L/min), as shown in Fig. 2 (b). On comparison the 0.2 µm and 0.7 µm membranes exhibited 
almost 100% salt rejection throughout the whole experiment and this revealed the high 
hydrophobicity of both membranes that are suitable for the seawater desalination process. So the 0.2 
µm and 0.7 µm membranes were employed in the next stage of experiment.  
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(a)                                        (b) 

Fig. 2. Comparison of different membranes on permeation flux (a) and salt rejection (b). 
 
 
15 L of seawater was concentrated using the DCMD system with the 0.2 µm and 0.7 µm, in pore 
size, membranes. The experiments were performed under the same operating conditions for several 
hours. The permeate flux, feed conductivity and permeate conductivity were measured during the 
experiments and plotted as a function of time which is shown in Fig. 3. After 5 hours, 10.2 L and 
10.8 L of pure water were produced from seawater using CQ PTFE membranes with pore sizes of 
0.2 µm and 0.7 µm, respectively. The water production rate reached 68% for the 0.2 µm membrane 
and 72% for the 0.7 µm membrane. After 7 hours more than 90% of the seawater was converted 
into the drinking water in both systems. From the above results MD is expected to be a reliable 
process to treat high salinity brines or wastewater, such as the concentrate from RO processes [7]. 
Of the two membranes, the membrane with a 0.7 µm pore size was observed to have a higher 
permeation flux and almost 100% salt rejection even at high salt concentration conditions. As a 
consequence the 0.7 µm membrane was selected for the next stage of experiment. 
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(a)                                      (b) 

Fig. 3. Comparison of different membranes on permeation flux (a) and feed & permeate 
conductivity (b) for seawater desalination. (The hot side inlet temperature is 60°C and the cold side 
inlet temperature is 20°C at a flow rate of 4.5 L/min.) 
 
Fig. 4 indicates the effect of the feed velocity (a) and temperature (b) on the flux for the 



 
195 

 

experimental and the modeling results at different feed temperatures. Higher flux was observed at 
higher temperatures and velocities.  
 

 
 
 
 
 
 
 
 
 
 
 
 

(a)                                       (b) 
Fig. 4. The effect of the feed velocity (a) and temperature (b) on permeation flux for both the 
experimental and modeling results. 
 
 
The flux increased with an increasing velocity from 0.17 m/s to 0.55 m/s, and then reached the 
maximum values asymptotically at high velocities. This is attributed to the reduction in the 
boundary layer thickness when the Reynolds number increases, approaching a limiting value [8]. 
The modeling simulated results were very comparable to the experimental results, since the 
difference between the two was less than 6.8%.  
 

 
Table 2. The energy consumption for the DCMD system at different operating conditions. 

Flow rate 
 

(L/min) 

Feed 
temperature 

(°C) 

Permeate 
temperature 

(°C) 

Flux 
 

(L/m2hr) 

Evaporation 
efficiency 

(%) 

Energy 
consumption

(kJ/hr) 
1.5 60 20 17.5 60.9 69010 
2.5 60 20 27.0 68.8 94111 
3.5 60 20 34.1 69.8 117120 
4.5 60 20 40.9 74.4 131766 
5.5 60 20 45.0 67.0 161047 

7 60 20 46.4 63.4 175695 
4.5 40 20 14.7 46.8 75267 
4.5 50 20 23.5 49.9 112890 
4.5 60 20 40.9 74.4 131766 
4.5 70 20 51.8 73.2 169577 

 
 
Energy consumption performance is concluded in Table 2. The economy ratio is defined as the ratio 
of the heat energy required to distill the measured flux of water theoretically in the total heat energy 
consumed by the system. The evaporation efficiency was calculated and appeared in literature only 
for the drops with both the higher temperature and flux. At lower flux rates, a high uncertainty is 
associated with the measured energy balance is appeared. Based on the Table 2 data, one can say 
that the optimum flow rate for higher evaporation efficiency (74.4%) is 4.5 L/min at 60°C feed 
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temperature. The energy consumption that observed in our experiments is in the range of 69010 ~ 
175695 kJ/hr. However, we were unable to find any published or measured, energy efficiency data 
for membrane distillation process. Consequently we assumed that the ideal condition should 
produce a higher permeate flux, a higher evaporation efficiency, and a lower energy consumption 
based upon our results. 
We use the PTFE membrane with a 0.7 µm pore size for a long time DCMD experiment under the 
following conditions: the hot side inlet temperature of 65 ± 2°C and the cold side inlet temperature 
of 25 ± 2°C at a flow rate of 2.5 L/min under counter-current.  
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Fig. 5. Comparison different membranes on permeate flux (a) and salt rejection (b). 
 
 
Fig. 5 displayed the performance of permeation flux (a) and salt rejection (b) for a 150-day (half 
year/3600 hr) run. From which, the flux decreased by 9.7% after 150 days, this ratio was therefore 
considered as the system depreciation rate, which was equivalent to 0.06% per day and 21.9% per 
year. In addition the membrane salt rejection rate kept above 99.8% after 150 days even without any 
chemical cleaning process (Fig.5(b)). 

          
Conclusion 
The DCMD combined with a solar energy heating system was successfully developed for the real 
seawater desalination. Three membranes with different pore sizes were characterized and compared 
under different operating conditions. It can be seen that the PTFE membrane with a pore size of 0.7 
µm revealed a  reasonably high LEP value, a narrow pore size distribution, a high permeate flux, 
and almost 100% salt rejection under all experimental conditions. The 2D model constructed from 
mass, energy, and momentum balance was adapted to predict the permeate flux production. The 
difference in the results between the simulated models and the experiments was less than 6.8%, 
which showed a good agreement with the modeled assumption. The highest evaporation efficiency 
was obtained as 74.4%. The system energy consumption for our experiments was in the range of 
69010 ~ 175695 kJ/hr. Additionally this solar energy assisted DCMD system was worked well for 
more than 150 days. 
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Introduction 
The Earth has a limited supply of fresh water, stored in aquifers, surface waters and in the 
atmosphere. The change of climate and the increase of demand caused by the growth of the 
population and the industrial development lift open the question about the limited source of water.  
Water crisis may be solved mostly by decreasing the waste. Therefore, efficient water and energy 
management are crucial. 
In this contest, the use of innovative and alternative technologies such as membrane contactors is 
growing of importance for different applications, from seawater desalination, to environmental 
waste clean up, to the capture of evaporated (waste) water from industrial production. 
The latter case is of particular interest, in fact the use of innovative water capture technology 
allows saving efficiently water and energy and, at the same time reducing CO2 emission [1]. This 
technology allows separating water molecules from the other molecules present in the gas stream 
by membrane. The water captured of high quality is ready to be used again in industrial processes 
or to be distributed for other purposes. Selective membranes placed directly into the flue gas 
stream can realize the capturing of the water. These membranes only let through water molecules, 
whereas the other gas molecules continue to flow. The water recovered can, then, be condensed and 
transported to wherever it is needed. 
The membranes to be employed for membrane contactors application should have a high 
hydrophobicity and porosity, optimum pore size, narrow pore size distribution, low thermal 
conductivity and long term permeance stability [2]. 
In this preliminary work, we focus on the preparation of modified polyetheretherketone (PEEK-
WC) by phase inversion changing some operative conditions. Dimethylsolphoxide (DMSO) is used 
as solvent due to its biodegradability and non-toxicity. In order to improve the hydrophobic 
character of the produced membranes, hydrophobic fillers have been loaded and the 
characterisation tests of the membranes produced are reported. 
 
Experimental 
Flat Membrane Preparation 
The membranes have been prepared by NIPS technique. Polymeric dopes were prepared by 
dissolving modified polyetheretherketone (PEEKWC) in dimethylsulfoxide (DMSO), an 
organosulphur colourless liquid. DMSO is an important polar aprotic solvent, less toxic than other 
members of its class, such as dimethylformamide (DMF), dimethylacetamide (DMA), N-methyl-2-
pyrrolidone (NMP), and dissolves both polar and non-polar compounds and is miscible with a large 
number of organic solvents as well as water.  In order to improve the hydrophobicity of membranes, 
hydrophobic fillers, such as polytetrafluoroethylene (PTFE) particles (1µm), were dispersed in the 
polymeric solution. 
The polymeric solutions, with and without fillers, were cast with a casting knife (0.250 mm) on a 
glass support then immersed in coagulation bath for precipitation and membrane formation. Water 
and alcohols (such as ethanol and isopropanol) were used as non-solvent to induce the inversion of 
phase. The membranes were, then, washed dried in a vacuum furnace before characterization. 
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Membrane characterization 
The morphology of the produced PEEKWC membranes was analyzed by Scanning Electron 
Microscopy (SEM). Membrane properties were further investigated by measuring the thickness; 
contact angle, bubble point and average pore size (Capillary flow porometer tests); porosity 
(Wet/dry method) and mechanical properties (Breaking elongation and Young’s modulus). 
 
Results and Discussion 
Modified polyetheretherketone (PEEK-WC) membranes have been prepared by phase inversion 
changing some operative conditions using biodegradability and non-toxic solvent, such as 
dimethylsolphoxide (DMSO). Water and isoprophanol (IPA) were identified as strong non-solvents. 
Before starting the membrane preparation, ternary phase diagrams of the PEEKWC/DMSO/non-
solvents were determined by could point measurements as shown in Figure 1. 
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Figure 1: Phase diagram of PEEKWC/DMSO/water or IPA 

 
The transition from clear to turbid upon nonsolvent addition marks the same binodal demixing 
curve. The binodal demixing curve moves to higher nonsolvent concentrations, changing from 
water to isopropanol (IPA). Such a shift is often related to a reduced solvent-nonsolvent interaction 
and typically, leads to delayed demixing [3]. The phase inversion was faster in water because of the 
higher non-solvent affinity with DMSO. Upon immersion in coagulation bath, the solution in water 
turned white immediately, indicating an instantaneous demixing. In the case of IPA, the casted film 
became first slightly and then gradually more opaque and white (delay demixing). In order to 
modulate the exchange rate of solvent/nonsolvent, different phases in coagulation bath (i.e. 
IPA/water) have been investigated. 
PEEK-WC membranes were prepared varying the polymer concentrations (10-15wt%) and 
coagulation baths (pure water, water/IPA (50/50), pure IPA, DMSO/water (25/75). Furthermore, 
different concentration of PTFE as filler in the polymer solution has been added. 
The membranes produced have been then characterised. The membrane thickness was in the range  
60-110µm.  The thickness increased with the increasing of PEEK-WC concentration and decreasing 
the IPA concentration in the coagulation bath. 
Two examples of the membrane structure, with and without fillers, obtained by SEM analysis is 
shown in figure 2 and 3. 
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Figure 2. SEM picture of a membrane with 10% PEEK-WC- 90%DMSO(w/w), coagulation bath is 
water. A) cross section, B) and C) both surfaces 

 

 
 

Figure 3. SEM picture of a membrane with 8% PEEK-WC, 2% PTFE, 90% DMSO (w/w), 
coagulation bath is DMSO/water (25/75). A) cross section, B) and C) both surfaces 

 
 
Generally, the membranes are highly porous (Porosity=70-80%) and a pore size ranging from 0.05 
to 0.2 micron has been determined for the different membranes prepared. The porosity of 
membranes is not influenced so much by polymer concentration and the coagulation bath 
composition; except for higher concentrations of polymer in the casting solution and of IPA in the 
coagulation bath. 
Clear differences were observed in the mechanical behaviour by varying the polymer concentration 
and the coagulation bah composition. The increase of the breaking elongation and Young’s modulus 
were observed increasing polymer concentration as expected. The decrease of water in the 
coagulation bath increases the mechanical properties of membranes. The consequence of the 
addition of IPA or DMSO in the coagulation bath is a delayed demixing and a closer packing of the 
sponge-like structure, with subsequent increasing of breaking elongation and Young’s modulus. 
PEEKWC membranes showed contact angles of about 80-90° which increased up to 105° in case of 
addition of PTFE.  
 
Conclusion 
Microporous membranes were prepared by casting a dope solution of PEEK-WC in DMSO. The 
effect of polymer concentration and coagulation bath composition on morphology, thickness, 
porosity, mechanical property and contact angles were evaluated. 
PTFE particles have been successfully dispersed in the polymeric matrix obtaining an increase of 
hydrophobicity without compromising the properties of membranes. 
Tests of vapour-gas permeation will be carried-out to compare the variation of performance of 
membrane of pure PEEK-WC and the mixed matrix membranes. 
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Introduction 
Whey is a by-product of milk processing industry. It contains valuable components, mainly lactose 
and proteins, that need to be utilized from both environmental and economic point of view [1,2]. 
These whey components are used in industry to produce a variety of organic compounds. For 
example, the proteins are an ingredient to many food products and the lactose is fermented to useful 
products, such as ethanol or lactic acid [1]. The development of hybrid processes based on new 
advanced separation techniques allows for environmentally friendly the waste disposal. Membrane 
processes such as ultrafiltration (UF) and membrane distillation (MD) are well-known techniques of 
separation [3]. They can be used either as a single unit process or in a combination with other 
processes. Ultrafiltration is a method, which can be applied for the separation of proteins from 
lactose [4] and membrane distillation allows to increase the concentration of remained components 
of whey [5]. 
The separation of whey proteins after pretreatment of whey by thermal and chemical coagulation 
has been investigated using ultrafiltration with the ceramic membranes. The next step of studies was 
the concentration of the UF permeate by the direct contact membrane distillation (DCMD). The aim 
of studies was to examine the pretreatment of acidic whey to the fermentation process in a 
membrane bioreactor. 
 
Experimental 
The UF experiments were carried out using a tubular module with ceramic 7-channels membrane 
(TAMI INDUSTRIES, Germany) with the cut-off values of 5, 8 and 15 kDa. The active layer of the 
ceramic membrane was made of TiO2/ZrO2. The module diameter was 10 mm and its length was 
600 mm. The effective area for mass transfer amounted to 0.032 m2.  
The MD process was carried out using a module with capillary membranes made from 
polypropylene (Membrana GmbH, Germany). The outside and inside diameter of the capillary 
membranes were 2.6 mm and 1.8 mm, respectively. The effective area for mass transfer amounted 
to 0.012 m2.  
A raw acidic whey collected from a local dairy was characterized by the following parameters: 
proteins concentration range within 11-12 g/dm3, chlorides concentration was 2-3 g/dm3 and 
reducing sugars (lactose) 30-40 g/dm3. The pH was in the range of 3.6-4.2. A preliminary treatment 
of whey consisted of deproteinization by thermal (92°C) and chemical coagulation (NaOH addition 
to adjust the pH at 6.2). The precipitated proteins were separated from the whey by centrifugation at 
9000 rpm for 10 minutes at 20°C. The whey after deproteinization was subjected to the separation 
of remained proteins from lactose by UF.  
The UF process was carried out at the feed temperature of 303 K and transmembrane pressure of 1 
bar for all the experiments. The permeate flux decreased after 2 or 3 hours of the process duration 
therefore a cleaning procedure was performed after each experiment. The UF installation was rinsed 
by distilled water to remove protein deposits from the membrane surface. Subsequently, the 
installation was rinsed with water at 30°C and using an alkaline bath at 70°C. The solution of 
NaOCl with the maximum concentration of 300 mg/dm3 at 70oC for 5 minutes was used for 
completion of cleaning. The module was then rinsed with water at 40°C. The last step of cleaning 
was performed with 0.1% phosphoric acid at 50oC and followed by rinsing with water at 30oC. 
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The pretreated whey, after UF separation, was concentrated in a DCMD process. The DCMD 
experiments were carried out at the inlet feed temperature of 333 K. The inlet temperature of the 
cold distillate was kept at 293 K for all the experiments. The MD process was run for 6 hours every 
day. After each experiment the MD installation was rinsed by distilled water. 
The protein concentration both in UF and MD process was determined by the Sörensen method, the 
chloride concentration by the Mohr method, whereas directly reducing sugars (lactose) using the 
Bertrand method. The determination of TOC both in the feed and distillate (for MD) and permeate 
(for UF) was performed using TOC Analyzer (Analytik Jena, Germany). Mass of the feed and MD 
distillate was measured every two hour and mass of the UF permeate was measured every half hour.  
 
Results and discussion 
During the UF process, a part of proteins was retained in the retentate (depending on the membrane 
cut-off), whereas the lactose and proteins with smaller molecular weight were transferred through 
the membrane. Figure 1 shows the changes of permeate flux during the UF process carried out at 
303 K. The permeate flux decreased after 2-3 hours of the process duration. It was caused by a 
deposit of the whey proteins on the membrane surface which blocked the membrane pores. The 
permeate flux from the module with a 15 kDa cut-off decreased and varied from 14.42 to 5.68 
dm3/m2h. These results depend on the differences in the membrane performance after cleaning 
procedure. 
 

 
Fig.1. Changes of permeate flux as a function of time of the UF process at 303 K (membrane cut-

off: 15kDa). A dotted line- cleaning operation. 
 
The protein concentration in the retentate decreased from 8.06 to 4.99 g/dm3 after 44 hours of 
processing, but the feed was supplemented by the fresh whey in the meantime. The addition of the 
deproteinized whey resulted in the higher protein concentration after 8, 20.5 and 32 hours of the 
process duration. The same tendency was observed in the permeate. The protein concentration in 
the permeate decreased from 7.10 to 4.22 g/dm3 after completion of this process (Fig.2.). 
 

 
Fig.2. Changes of protein, lactose and organic substances concentration as a function of time of UF 

process at 303 K (membrane cut-off: 15kDa). 
 
Simultaneously, the concentration of lactose was analysed. Its concentration decreased gradually, as 
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in the case of protein concentration from 36 to 16 g/dm3 in the retentate and from 27 to 14 g/dm3 
after 44 hours of the process (Fig. 2). The curves in Figure 2 indicates a periodic increase in the 
lactose concentration during the UF after the addition of fresh, deproteinized whey.  
A similar concentration of the solutes in the feed and permeate indicates that the membrane with 
cut- off 15 kDa was insufficient in the proteins separations. A decrease of proteins in the feed could 
be caused by its deposition on the membrane surface and removal by cleaning procedure. Moreover, 
the feed and permeate could be diluted by water remaining after cleaning.  
The chloride concentrations were changed from 0.62 to 0.41 g/dm3 in the retentate and from 0.79 to 
0.45 g/dm3 in the permeate. The chlorides were freely transferred through the membranes. The 
decrease of their concentration confirmed that the water remaining after cleaning installation diluted 
both retentate and permeate. 
The TOC content value in the retentate and permeate was also monitored. A slightly higher TOC 
content in the retentate than that in the permeate was observed. 
It was found that proteins present in the retentate blocked the membrane surface and pores. After 
each ultrafiltration process a cleaning procedure was used. The dotted line (Fig.1.) presents the 
membrane efficiency after the cleaning operations. The effectiveness of cleaning procedure for the 
ceramic membrane was investigated using water at 30oC, 50oC, 70oC as a feed. The results shown 
that the initial performance of the membrane was restored.  
The permeate from UF installation equipped with the membrane with a 15 kDa cut-off, was 
supplied to UF with membranes with cut-off equal to 8 and 5 kDa. The results indicate that the 
changes of whey components concentration were negligible. Moreover, a significant prolongation 
of time of cleaning membranes with smaller cut-off was observed. The proteins contained in the 
whey very quickly blocked the surface and pores of these membranes. 
After the whey ultrafiltration using the ceramic membranes the obtained permeate was further 
concentrated via MD. The permeate flux through the PP membrane was at a constant level, about 
100 kg/m2·24h (Fig. 3.) when the feed temperature was 323 K.  
 

 
Fig.3. Changes of permeate flux as a function of time of the MD at 323 K. 

 
In the MD experiments all whey components were concentrated in the feed, therefore the permeate 
was transparent. 
The protein concentration in the feed increased from 4.03 to 11.14 g/dm3 during 32 hours of 
processing. Then the feed was supplemented by a new portion of the UF permeate and was further 
concentrated up to 17.66 g/dm3. After the next supplementation and MD concentration the whey 
contained 20.93 g/dm3 of proteins (Fig. 4.). The addition of fresh, deproteinized whey resulted in a 
reduction of the protein concentration after 32, 64 and 96 hours of the process duration. The 
proteins were not found in the MD permeate. 
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Fig.4. Changes of protein and lactose concentration as a function of time of the MD at 323 K. 

 
Simultaneously, the concentration of lactose was analyzed. Its concentration in the retentate 
increased gradually, as in the case of proteins, from 16.26 to 40.04 g/dm3 after 32 hours of 
processing, from 29.72 to 66.19 g/dm3 after 64 hours and from 42.35 to 75.36 g/dm3 after 96 hours 
of the process (Fig. 4.). The curves in Fig. 4 indicate the periodic decrease in the lactose 
concentration after the addition of fresh, deproteinized whey. The final concentration of lactose was 
123.11 g/dm3. 
A similar character of changes for chloride concentration in the feed was observed. The chloride 
concentrations increased from 0.34 to 1.30 g/dm3 after 32 hours of processing, from 0.93 to 2.06 
g/dm3 after 64 hours and 1.23 to 1.51 g/dm3 after 96 hours of the process. The chlorides were not 
detected in the permeate. 
The TOC value in the feed and permeate was also monitored. The retention coefficient of organic 
substances during MD was in the range 99.8-100%.  
 
Conclusions 
The permeate flux decreased after 2-3 hours of whey components separation by ultrafiltration. The 
flux decline was caused by a deposit of the whey proteins on the membrane surface which blocked 
the membrane pores. 
The protein, lactose and chloride concentration and TOC values both in the retentate and permeate 
decreased during the UF process. The feed was supplemented by the fresh whey in the meantime. 
Moreover, the feed and permeate could be diluted by water remaining after cleaning procedure.  
The permeate flux through the PP membrane during MD was on a constant level about 100 
kg/m2·24h.  
All the whey components were retained in the feed in the MD experiments. The retention 
coefficient of organic substances during MD was in the range 99.8-100%. 
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Introduction  
Membrane distillation (MD) is the combination of membrane technique and traditional distillation 
process. MD is a promising technology for desalination [1]. In MD, only vapor molecules could 
pass through the porous hydrophobic membranes. It has advantages including lower operating 
temperature and pressure, high rejection for non-volatiles, high water production rate, possibility for 
the treatment of solutions with high concentration, and so on. While the disadvantages, such as the 
relatively low permeate flux and the flux decay due to the concentration and temperature 
polarization during MD process, are main barriers preventing it from real application [2, 3].  
Many researchers devoted to develop variable method to improve MD flux, decrease polarization 
and fouling. Phattaranawik [4] and Martinez [5] placed spacers in membrane module and got 
enhanced flux and reduced polarization effect during MD experiment. Toeh twisted the membranes 
into wavy shape, and specially designed membranes membrane modules with baffles and spacers 
[6]. Li designed rectangular cross flow modules for MD purpose [7]. These special designs on 
membrane modules improved the flowing turbulence and surface shear, so higher fluxes were 
obtained. 
In this work, several novel membrane distillation (MD) processes, including Air bubbling 
strengthened membrane distillation (ABMD) process, Membrane bubbling distillation (MBD) 
process were designed to improve the flux or decrease membrane fouling.  
 
Results and Discussion 
The performance of ABMD process 
The flow chart of ABMD experiment is shown in Fig.1. Feed solution temperature was maintained 
constant with a heating bath. 1.0g/L NaCl aqueous solution was used as the feed, which was 
circulated through the lumen side of the hollow fiber membranes, with a circulation pump. 
Compressed air was introduced into the feed before the inlet of the module. The feed velocity of the 
hot solution and air was controlled and measured with flowmeter, separately. Vacuum pump with 
pressure controller was connected to the shell side of the module to remove the permeate vapor.  
Fig.2 shows the permeate flux increased as the feed temperature enhanced, in both of VMD and 
ABMD processes. The conductivity of the product water was kept lower than 3µS/cm. As the feed 
temperature increased, the vapor pressure on the hot side of MD process enhanced, and the mass 
transfer driving force of MD process increased, so an increased flux was observed [2].  
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Fig.1 Flow chart of ABMD process  

 
1.water bath；2.pump；3.liquid flowmeter；4.gas pump；5.gas flowmeter；6.manometer；7.thermometer；8.hollow 

fiber membrane module； 9.condenser；10.vacuum pump；11.product collection 
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Fig.2 Effect of feed temperature on VMD and 

ABMD processes 
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Fig.3 Effect of feed NaCl concentration on the 

performance of ABMD process. 

 
From the figure, we can also find that the difference between the two fluxes was also enhanced with 
feed temperature. At higher temperature, the concentration polarization is much severe, owing to the 
relatively higher MD flux [3]. Bubbling and gas/liquid two-phase flow facilitated the mixture of the 
feed bulk flow, and so restrained the polarization on solution/membrane interface. Much severe the 
polarization phenomenon is, much obvious the effect of bubbling and two-phase flow. This could 
partly explain the increasing difference between ABMD and VMD processes. 
Fig.3 shows that, the permeate fluxes of the both processes declined as the feed NaCl concentration 
increased. The flux declination of ABMD process was much slow than that of VMD process. The 
flux of VMD decreased 56% (from 34 kg/m2h to 15 kg/m2h), as the concentration of feed NaCl 
solution increased from 3.5 g/L to 300 g/L. While the flux of ABMD process only declined 17% 
(from 42 kg/m2h to 35 kg/m2h) at the same time. The difference between the two fluxes also 
increased as the feed concentration enhanced. It increased from 8 kg/m2h to 20 kg/m2h as the feed 
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concentration increased from 3.5 g/L to 300 g/L. The effect of bubbling and gas/liquid two-phase 
flow is much obvious when the concentration of feed solution is higher. 
 

   

     
(a) 

 
(b) 

 
Fig.4 SEM photograph of membranes used in VMD (a) and ABMD (b) process 

 
 
Fig.4 gives the SEM photographs of the inner face of membranes used in VMD and ABMD 
processes, using 300 g/L NaCl aqueous solution as the feed. From the pictures we can see that only 
few NaCl crystals deposited on the membrane sample used in AVMD process. While, as for the 
membrane used in VMD process, much more deposition was observed on the membrane sample. 
The comparison of the two pictures further testified that the gas/liquid two-phase flow obtained by 
bubbling method can restrain concentration polarization and membrane fouling in MD process. 
 
The performance of MBD process 
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Fig.5 Experimental diagram of MBD process 
 

1-feed pump; 2、7、13、15、17-ball valve; 3、5、8- liquid flow meter; 4-PVDF hollow fiber heat exchanger; 6- 
circulation pump; 9- heating kettle; 10- aeration membrane distillation cell; 11-PVDF hydrophobic membrane module; 

12- gas flow meter; 14- air pump; 16- fresh-water tank 
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Experimental schematic diagram of MBD process for the treatment of RO concentrated water is 
shown in Fig.5, including aeration system, heating supply system, steam condensation and fresh 
water collection system. Aeration system is composed of air pump, ball valve, flow meter, pressure 
meter and the aeration configuration (Seaweed-type PVDF membrane module). Heating supply 
system is made of aeration membrane distillation cell, ball valve, flow meter, pressure meter, 
circulation pump and heat kettle. The last system includes feed pump, ball valve, flow meter, 
temperature meter, pressure meter, PVDF hollow fiber heat exchanger, and fresh-water tank. Raw 
water heated by PVDF heat exchanger, mostly exhausts, a small part adds into Heating supply 
system as disposal liquid preheated. 
The figure 5 shows Effect of the concentration times on the performance of MBD process. 
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Fig 5 Effect of the concentration times on the performance of MBD process 
 
Continuously concentrate RO concentrated water to 22 times, the conductivity of water production 
maintains at a low value(140~360µS·cm-1). Analysis believes that, in the MBD process, the inside 
of membrane pore is in air purge condition, the membrane surface is in air stripping and disturbance 
condition. Liquid can hardly contact the hydrophobic membrane, so the membrane hydrophilic and 
membrane fouling could be avoided. Compared with MD process, because of this salient feature of 
MBD process, on the one hand benefit to expand the scope of selection of membrane materials, on 
the other hand avoid increase of operating costs which caused by the membrane hydrophilic or 
membrane pollution problems, and provide new ideas for the industrial application of MD as soon 
as possible. 
 
Conclusion 
The flux of MD process could be enhanced 15%~100% by the air bubbling strengthen method, the 
fouling of membrane was also catabatic. MBD process showed good antifouling property, the 
membrane module of about 1.5m2 was used in the MBD process for the treatment of RO 
concentrated wastewater from an iron plant. After 225 hours continuous experiment (about 22 times 
of concentration), the flux showed little attenuate, the conductivity of the product water was stable. 
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1. Introduction 
Membrane distillation (MD) is a thermally driven process which allows water vapor transport 
through non-wetted porous membranes. The MD process produces high quality distillate under non-
pressurized and moderate temperature (40~70 oC) conditions from wastewater / seawater. In 
vacuum MD, vacuum is applied at the downstream side to keep the pressure below the equilibrium 
vapor pressure to enhance the mass transfer. Vacuum MD has a potential to be one of the most 
important technology in seawater desalination. 
RO membranes used in seawater desalination are sensitive to the quality of feed seawater, 
especially the floating oil in the seawater from boats or leaking of petroleum pipe line, which 
reduces the lifespan or destroys of RO membranes. Pre-treatment (e.g. ultra-filtration) is able to 
remove most of the oil, but oil drops of colloidal size may still exist in the pre-treated seawater and 
thus affect the performance and product quality of the RO membrane. 
Generally, the membranes used in the MD process are micro-porous hydrophobic membranes. At 
oily seawater condition, an anti-oil (oleophobic) membrane [1] would prevent wetting of membranes 
during the MD process. 
In this paper, hydrophobic membranes were selected and tested in the MD process to evaluate the 
effect of oil and surfactants on membrane performance. The membranes were modified to improve 
the oil resistance of the hydrophobic membranes. The MD process was operated using a mixture of 
synthetic seawater and oil with different concentrations to study the oil effects on MD performance. 
Furthermore, the commercial modular V-MEMD system [2] produced by memsys was used to 
evaluate the oleophobic membranes selected.  
 
2. Theory 
The memsys module is a patented design [2]. The module is compact and consists of stages that are 
built from multi-purpose frames. 
The memsys module consists of a steam-raiser, evaporation-condensation stages, and a condenser 
stage as shown in the figure 1. Each evaporation-condensation stage recovers the heat of 
condensation, proving it is a multiple effect design. Distillate is produced in each evaporation-
condensation stage, and in the condenser. 
Steam-raiser: The heat produced by the external heat source (e.g. solar thermal cells) is exchanged 
in the steam-raiser. The water in the steam-raiser is at lower pressure (e.g. 600 mbar), compared to 
ambient. The hot steam flows to the first evaporation-condensation stage (stage 1). 
Evaporation-condensation stages: Seawater (also called ‘feed’) is introduced into stage 1 of the 
module. Seawater flows serially through the evaporation-condensation stages (i.e. the seawater that 
does not become vapour in the first stage, flows consecutively to the next stages.) At the end of 
stage 4, it is ejected as brine. 
Stage 1: Steam from the evaporator condenses on a polypropylene (PP)-foil at pressure level P1 and 
corresponding temperature T1. The combination of a foil and a hydrophobic membrane creates a 
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channel for the seawater, where the seawater is heated by the heat of condensation of the vapour 
from the steam-raiser. Seawater evaporates under the negative pressure P2. The vacuum is always 
applied to the permeate side of the membranes. 
Stage [2, 3, 4, x]: This process is replicated in further stages and each stage is at a lower pressure 
and temperature. 
Condensing stage: The vapour produced in the final evaporation-condensation stage is condensed in 
the condensing stage, using the seawater coolant flow. 
Distillate production: condensed distillate is transported via siphons at the bottom of each stage by 
pressure difference between stages. On every rising side of a siphon distillate expands by boiling 
from the higher pressure to the lower pressure. This vapour enters the foil channels and condenses.  
 

 
Figure 1 Basic principle of memsys V-MEMD process 

 

3 Results and discussion 
3.1 Characterization of hydrophobic membrane  
Commercially available PTFE membranes are used in the memsys module. The membrane has 
excellent hydrophobic performance, with water contact angle over 130o. As shown in figure 2A, the 
pore size of the membrane is about 0.2 µm, with a high porosity which guarantees good gas 
permeability. As shown in figure 2B, the PTFE membrane is bonded on a polypropylene substrate 
to enhance the strength and prolong the life span of the membrane. 
 

 
Figure 2A SEM image of top surface of PTFE 
hydrophobic membrane  

Figure 2B SEM image of substrate of 
PTFE hydrophobic membrane 

 
3.2 Improvement of oil resistance by modification of membrane 
The 0.1% oily water solution was used to test the hydrophobic membrane. As shown in the figure 3, 
the contact angle of the membrane after oil contamination decreased 24.8% to 100 o, which means 

10 µm 100 µm 
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the membrane lost hydrophobicity. To improve the oil resistance of the membrane, fluoride surface 
modification was applied. The modified membrane was then operated with 0.1% oily water solution 
and the result shows that the oil has little effect on the membrane hydrophobicity. The contact angle 
remains around 130 o after operating with an oily feed. 

 
Figure 3 Comparison of contact angles between original hydrophobic and modified membranes 

 
3.3 Operating performance of memsys vacuum system with a constant heat source 
Figure 4 shows the temperature curves in the standard operation for 1 m3 / day memsys module. 
This module has a stable heat source of ~80 oC. The vapour, brine and cooling temperature are 
stable. 

 
Figure 4 Temperature within 1m3/day memsys module during 6 hours operation 

 

Conclusions 
1. The oil in the feed water (e.g. seawater) decreased the hydrophobicity of the MD membranes, 

which will shorten the life span of the membrane in the application. 
2. The modified hydrophobic membrane shows greater resistance to the oil. 
3. memsys V-MEMD technology is an energy saving process that easy to scale up for seawater 

desalination applications. 
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1 Introduction

The process of desalination by membrane distillation (MD) has attracted increased interest in
recent years. To a large extent this is due to the fact that the driving force for this process is
a relatively low temperature di�erence between the feed and distillate sides of a hydrophobic
porous membrane, which means that the process can easily be driven by solar thermal energy
or waste heat. On the other hand, the relatively low temperature di�erences involved also mean
that the process is fairly sensitive to certain losses in the membrane channels, i.e. the drop in
driving force associated with temperature polarisation. For this reason, it is important to study
the detailed hydrodynamic and heat transfer conditions within the narrow �ow passages of spiral-
wound or �at MD modules in order to optimise their design. The present work reports on the
development of a tool for 3D simulation of spacer-�lled MD channels based on the open source
CFD code library OpenFOAM. The paper discusses a number of modelling and implementation
aspects including model geometry and computational domain, choice of boundary conditions,
and discretisation schemes. Some initial results relating to the e�ect of spacer �laments on
the �uid dynamics and heat transfer phenomena inside the channel are presented and brie�y
discussed. A comparison of present results with results obtained using another CFD solver in a
previous work [1] is also provided.

2 Mathematical modelling

A schematic diagram depicting the assumed model of heat transfer in DCMD is shown in Figure
1. At steady-state the heat �ux from the hot bulk to the membrane interface, q̇h, the heat �ux
crossing the membrane, q̇m, and the heat �ux from the cold-side membrane interface to to the
cold-side bulk, q̇c, are in balance,

q̇h = q̇m = q̇c (steady state). (1)

It is assumed that evaporation and condensation occur at corresponding liquid vapour interfaces
within the membrane, not in the feed or distillate channels. The heat �ux through the membrane
is the sum of that associated with vapour phase change and that due to conduction across the
negative temperature gradient:

q̇m = q̇k + Jvλ = km(Thm − Tcm) + Jvλ (2)

The steady�state �ow in the feed an distillate channels is governed by steady incompressible
Navier�Stokes equations;
momentum:

~U · ∇~U = −1

ρ
∇p+∇ · (ν∇~U), (3)
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Figure 1: Heat transfer model in direct transport membrane distillation

and continuity:
∇~U = 0. (4)

The temperature �eld is governed by the steady energy transport equation, assuming constant
speci�c heats:

~U · ∇T = ∇ · (α∇T ), (5)

where α = kw/ρCp is the thermal di�usivity.

2.1 Computational domain and boundary conditions

It is normal practice when modelling spiral�wound membrane channels to simplify the geometry
by `unwrapping' the spiral channels and studying the resulting rectilinear domain. The e�ects of
curvature have been reported to be negligible [2]. The approach adopted here is to apply uniform
pro�les for velocity and temperature at the inlet of the domain (~U = 〈0.05, 0, 0〉m2/s for spacer
types 1,2, and ~U = 〈0.0333, 0, 0〉m2/s for spacer type 3, T = 70◦C for all spacers), and zero
gradient conditions at the outlet. Since these conditions are not entirely accurate physically, a
number geometry `cells' in the axial direction was taken in order to isolate the central cell from
the somewhat unrealistic inlet and outlet conditions.

With regards to modelling the e�ect of water vapourisation and transfer across the hydropho-
bic membrane, the present treatment follows the practice of Cipollina et al. [1], where the e�ect
is simulated indirectly through imposition of a uniform heat �ux boundary condition. A value
of q̇m = 3.13 kW/m2 is assumed. This corresponds to vapour �ux across the membrane of
Jv = 5kg/m2s, which is typical for the operating conditions considered here [1]. Since tempera-
ture is the working variable in the present system of equations, the heat �ux condition must be
translated into a temperature boundary condition. Considering the �rst half of (1) and neglect-
ing conductive heat transfer loss through the membrane, the required temperature gradient BC
is given by

∇T |wall =
q̇m
kw

(6)

A value of ∇T |wall = −5400K/m has been assumed.

3 Spacer geometries

Three representative non-woven spacer geometries have been considered in the present work.
The �rst two are double-layer spacers, and the third is triple-layer. The three spacer types are
depicted in Figure 2. The geometry of such spacers is characterised by the the diameter of the
�laments, the angle of the �laments with respect to the �ow direction, the perpendicular spacing
between the �laments, and the channel height. These parameters are listed in Table 1 for each
spacer.
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(a) spacer type 1 (b) spacer type 2 (c) spacer type 3

Figure 2: Spacer geometries.

Table 1: Geometric parameters of the spacers considered. Dimensions are in mm.

Spacer angle �lament diameter spacing channel height

Type 1 45◦, −45◦ 1.53 4.42 3
Type 2 0◦, 90◦ 1.53 5.20 3
Type 3 0◦, 90◦ 0◦ 1.53 5.20 4.5

3.1 Mesh

Mesh generation is achieved using the the OpenFOAM utility snappyHexMesh, which generates
an unstructured mesh that is hex-dominant to improve the numerical accuracy while allowing
su�cient �exibility for complex geometries. The geometry is de�ned parametrically using a
python script which produces the the input dictionary �le required by snappyHexMesh. Re�ne-
ment regions are used to adequately resolve the geometry and no-slip boundary conditions. The
minimum and maximum cell volumes were in the range of 10−5 to 2×10−3 mm3, respectively,
and the resulting number of computational cells was in the range of 1−1.4 Million cells.

4 Results

A sample of results obtained is presented in this section. Figure 3 provides a visualisation of the
�ow �eld in each of the three spacer geometries through colour maps of velocity magnitude on a
central xy-parallel cross section plane. It is immediately evident that the two�layer �ow�aligned
square spacer pattern (type 2) has the undesirable feature of creating a relatively large stagnant
region behind transverse �laments where mixing is minimal, and the �ow pattern is markedly
asymmetric. The three�layer spacer (type 3), on the other hand, has the desirable feature that
the highest velocities developed are in the vicinity of the membranes, where it is most needed to
enhance transport.

Pro�les of velocity magnitude and temperature averaged over 9 sampling points (distributed
within a single geometric cell) is presented in Figure 4, for spacer type 3. As a reference, present

(a) spacer type 1 (b) spacer type 2 (c) spacer type 3

Figure 3: Velocity magnitude colour maps on a z-normal plane through centre of the domain.
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Figure 4: Averaged pro�les of velocity magnitude and temperature for spacer type 3. Lines:
present results; circles: [1]

results are plotted against corresponding cases of Cipollina et al. [1] (symbols). Good agreement
in predicted velocity pro�les is generally observed, while some di�erences in temperature pro�les
exist between the two data sets. This might be due to some di�erences in the thermal boundary
conditions applied, but possibly more due to di�erences in the locations of the sampling points.
Since the temperature decreases along the direction of the �ow due to heat loss at the membrane
surfaces, the temperature pro�les are quite sensitive to location along that direction.

5 Concluding remarks and future work

The present work has reported on progress and initial results of e�orts towards the development
of a tool for 3D simulation of spacer��lled MD channels based on open source CFD code. Various
implementation aspects have been discussed, and a sample of initial results relating to the e�ect
of spacer �laments on the �uid dynamics and heat transfer phenomena inside the channel have
been presented. Generally good agreement between present and earlier results obtained using
another CFD solver was demonstrated, with some di�erences in temperature pro�les attributed
to di�erences in sampling point locations.

Future work will focus on relaxing some of the simplifying assumptions that were adopted
in the present work. This might include a direct account of temperature�dependant vapour
transfer in the membrane boundary conditions; carrying out coupled feed�membrane�distillate
simulations; and exploring the possibility of implementing U, T feedback boundary conditions by
mapping exit pro�les onto the inlet, thereby allowing a smaller computational domain in steady
simulations. In addition, thorough experimental validation will be carried out using purpose�
built experimental test facilities.
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Introduction 
In recent years, there is a great interest in the scientific community in the potential health 
benefits of pomegranate which have been attributed to its wide range of bioactive compounds. 
The fruit is often processed into juices or concentrates for direct consumption or is used as 
natural food ingredients and colorants. The pomegranate juice concentrate is also commonly 
used as sauce for salads and in many dishes in Turkey. Unfavorably, the bioactive compounds 
can be quickly affected presumably due to the exogenic factors such as oxygen, light and 
especially temperature. Therefore, concentration process is of critical importance as it 
determines the quality of the final product such as color, aroma, appearance and mouth feel 
[1]. There is a real need to minimize the degradation of the functional molecules during the 
conventional thermal evaporation of the pomegranate juice, in order to secure an optimal 
sensorial and nutritional quality. The application of non-thermal innovative membrane 
technologies such as osmotic distillation (OD) and membrane distillation (MD) for the 
concentration of the fruit juices allows very high concentrations (above 65°Brix) to be 
reached under atmospheric pressure and temperatures near ambient temperature.  
The aim of the present study was to evaluate the use of a coupled membrane process (CO) 
capable of concentrating pomegranate juice under very mild conditions. 
 
Theory and Experimental 
 
Pomegranate juice clarification 
Pomegranates were washed with water to reduce surface dirt and microbial flora. Then fruits 
were cut from the middle into two pieces, pressed with a laboratory type press to obtain raw 
pomegranate juice. Raw juice was sequentially preflocculated with 0.1 g/kg of gelatin and 0.5 
g/kg of bentonite at 50 °C for 1 h, considering the importance of protein interactions with the 
surface of the hydrophobic membrane. The juice was then ultrafiltered through 100 kDa cut-
off membrane. The UF experiments were carried out using a laboratory scale cross flow 
membrane filtration unit (Vivaflow 200, Sartorius AG, Goettingen, Germany) with 
polyethersulphone (PES) membrane modules having an effective membrane area of 200 cm2.  
 
Concentration by coupled operation of osmotic distillation and membrane distillation 
The clarified pomegranate juice with an initial concentration of 17 °Brix, was pumped in the 
tube side and the osmotic solution (CaCl2.H2O, 65% (w/w)) was circulated in the shell side of 
the membrane in a counter currentmode by using peristaltic pumps (Heidolph PD 5001, 
Germany). The recycle flow rate was 20 L/h on both sides. Both solutions were recirculated 
back to their respective reservoirs after passing through the contactor. The temperature 
difference between the feed (30 °C at the inlet) and the permeate side (10°C at the inlet) of the 
membrane was maintained constant at 10 ±1 °C using two heat exchangers (Lauda E100, 
Germany). The temperatures were checked at the inlets and at the outlets of the membrane 
module using type J thermocouples. 



The coupled operation of membrane distillation and osmotic distillation yielded a 
concentration of the juice (with an initial TSS of 17°Brix) up to 60-62°Brix.  
 
Concentration by thermal evaporation 
The clarified pomegranate juice with an initial concentration of 17°Brix was concentrated by 
thermal evaporation at a temperature of 70°C by using a rotary evaporator (Heidolph, 
Germany). 
 
Analytical measurements 
The performance of the membrane-based process to concentrate pomegranate juice was 
evaluated on the basis of the quality of the products (phenolic acids, HMF content and color 
characteristics). The results obtained with the new concentration technologies were compared 
with those obtained by traditional evaporation process. The performance of the coupled 
operation in terms of flux was also investigated. 
Concentrated samples were diluted to the same total soluble solids (TSS) concentration of the 
fresh juice (17 °Brix) before color analysis. Color measurements were performed using the 
L*a*b* color space (CIE LAB space) with Minolta Spectrophotometer CM3600d (Japan). 
Data were expressed in terms of L*, a*, and b* parameters.  
Phenolic compounds and HMF were determined by HPLC. The HPLC conditions and 
gradient are given elsewhere [2] 
 
Results and Discussion 
Fig 1. presents the time courses of water flux comparatively for three concentration 
procedures: [1] by MD (deionised water is used for stripping solution, temperature difference 
was 20°C), [2] by OD (hypertonic CaCl2 solution was used as stripping solution, 
concentration held at ambient temperature), [3] by CO (hypertonic CaCl2 solution was used as 
stripping solution, temperature difference was 20°C). The driving forces were added in 
coupled operation, which resulted in enhanced water flux during the operation, thus the 
coupled process is more effective.  
 
 

 
Fig.1. Concentration of clarified pomegranate juice by membrane distillation (MO), osmotic 
distillation (OD) and coupled operation of MD and OD (CO). Time course of permeate flux. 
(operating conditions: flow rate: 20 L/h; T = 30°C for MD; T = 20°C for OD; T = 30 °C for 
CO) 
 



Low temperatures achieved during CO preserved the color of the juice, which is on the 
contrary lost during thermal concentration. The colors of the juice was almost completely 
preserved, indicating the absence of Maillard reactions, as confirmed by subsequent HMF 
analysis.  
 

 
 

Fig.2. Changes in color values of pomegranate juices during concentrate production steps: RJ, 
raw juice; CJ, clarified juice; CO, coupled operation of OD and MD; TE, thermal evaporation 
 
A total of six phenolic acids (gallic acid, (+)-catechin, chlorogenic acid, p-coumaric acid, 
ferulic acid and ellagic acid) were identified in pomegranate juice. Clarification through 100 
kDa UF membranes did not induce any significant changes in phenolic acid concentrations of 
raw juice. The molecular weights of these compounds are too small. They can easily pass 
through the UF membranes with the MWCO of 100 kDa; thus their contents in ultrafiltered 
juices and non-ultrafiltered juices had no statistical differences. 
 
Furthermore, no significant differences (P > 0.05) were observed during subsequent 
concentration treatment of clarified pomegranate juice by CO and thermal evaporation 

confirming findings of previous studies [2]. 
 
Table 1. Phenolic acid contents of pomegranate juice produced by CO and TE following 
clarification by UF through 100 kDa MWCO membrane 
 
 RJ CJ CO TE 

Gallic acid 301.23±5.60 296.81±9.35 303.24±7.49 298.35±8.54 

(+)-catechin 45.04±2.50 42.97±3.72 44.12±5.47 46.15±4.63 

Chlorogenic acid 31.25±2.96 28.16±3.24 30.56±5.49 26.45±4.95 

p-coumaric acid 21.41±1.87 19.98±4.28 20.01±3.44 22.56±3.32 

Ferulic acid 110.05±9.12 112.25±4.54 109.23±6.21 106.98±8.84 

Ellagic acid 195.68±8.74 197.12±5.79 193.11±3.82 196.32±6.35 

 
A HMF concentration of 0.25±0.04 mg/L was detected following concentration through 
traditional evaporation process, where no HMF formation was observed in concentrates 
produced by CO. No significant differences observed in the phenolic acid content of 
pomegranate juices following either of the concentration techniques.  
 



Conclusions 
On the basis of the experimental results, coupled operation of OD and MD can be proposed as 
an alternative for concentration of pomegranate juice under very mild processing conditions 
in order to ensure the safety of the product as well as to preserve the natural quality of the 
product. Further experiments are required in order to verify the stability of pomegranate juice 
during storage under refrigerated conditions as well as to define the shelf-life of the product 
processed under optimized treatment conditions.  
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